The calcium-looping process for advancing in the development of both C02 capture and thermochemical energy storage systems. by Ortiz Domínguez, Carlos
1 
The Calcium-Looping process for advancing in the 
development of both CO2 capture and 
thermochemical energy storage systems  
Author 
Carlos Ortiz Domínguez 
Supervisors  
Prof. Ricardo Chacartegui Ramírez 
Prof. José Manuel Valverde Millán  
A Thesis submitted to the 
Universidad de Sevilla 
for the degree of 
DOCTOR OF PHILOSOPHY 
Programa de Doctorado de Ingeniería Energética, Química y Ambiental 
Escuela Técnica Superior de Ingeniería 
Universidad de Sevilla 
July 2018 
2 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
3 
 
Abstract 
 
The Calcium-Looping process is based on the multicycle calcination-carbonation of calcium 
carbonate, which is one of the most abundant materials in the Earth. The process shows promising 
results facing to solve two of the main challenges within the future energy scenario: CO2 capture 
from fossil fuel combustion processes and energy storage in renewable-based plants. This thesis 
is focused in the assessment of the Calcium-Looping allowing a better understanding of the 
process integration for both applications.   
Post-combustion CO2 capture based on Calcium-Looping process consist of reacting the CO2 
present in the flue gas exiting the fuel power plant with CaO particles according the carbonation 
reaction, which produces solid CaCO3 as product. CO2 capture efficiencies over 90% have been 
proved at MWth pilot-scale. After carbonation, solids are sent to a separated reactor where CaO is 
regenerated according the endothermic calcination reaction. The heat to carry out the reaction is 
provided by fuel oxy-fuel combustion to ensure an almost pure CO2 stream exiting the reactor, 
which after a purification process is ready to be stored or used in another process. The regenerated 
CaO is sent again to the carbonator reactor for a new CO2 capture cycle.  
On the other hand, by integrating the Calcium-Looping as thermochemical energy storage system 
in solar thermal power plants, the process starts performing the calcination reaction from 
concentrated solar power. CO2 and CaO streams produced are stored separately for later use. 
When energy is demanded, both components are brought together to the carbonator where the 
stored energy is released by the carbonation reaction. The carbonation is highly exothermic and 
therefore a proper integration of the heat released (i.e. for power production) is fundamental for 
the process efficiency.  
In spite that both applications are based on the same process, the specific operation conditions 
required leads to a different behaviour which suggest that the process must be analysed in detail 
according to each application.  This thesis is focused on the development of models and process 
integration schemes based on lab-scale results under specific conditions selected from the analysis 
of the potential industrial scale implementation. It involves a multidisciplinary approach 
combining chemical reactions and process engineering to advance in the response of the 
challenges posed.  
This document is structured as follow: the first section introduces the reader to the Calcium-
Looping applications, stressing the research opportunities that have motivated the present thesis. 
This leads to the formulation of the objectives of the work, which are addressed in the presentation 
and the discussion of the main results of the work. After the conclusions, new research lines to be 
faced in the near future are summarized.  
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Notation 
 
[𝐶𝑂2] average CO2 concentration, mol/m
3 𝑡𝐾 time of the kinetic controlled phase 
[𝐶𝑂2]𝑒𝑞 equilibrium concentration of CO2, 
mol/m3 
𝑇 Temperature, ºC 
𝐷∗𝑒𝑓𝑓 equivalent diffusion constant, m
3/ 
(mol ·s) 
𝑇𝑐𝑎𝑟𝑏 carbonator temperature, ºC 
𝐸 emissions ratio after CO2 capture, kg 
CO2/kWhe 
𝑇𝑐𝑎𝑙𝑐 calciner temperature, ºC 
𝐸1 
activation energy for chemical 
decomposition, kJ/mol 
𝑇𝑒𝑞 equilibrium temperature, ºC 
𝐸𝐶𝑂2 carbon capture efficiency  𝑉𝑀𝐶𝑎𝑂  molar volume, m3/mol 
𝐸𝑚𝑎𝑥   maximum capture efficiency 𝑊𝑠 solid inventory in the carbonator, kg 
𝐸𝑟𝑒𝑓 emissions ratio before CaL, kg 
CO2/kWhe 
𝑋 CaO conversion 
𝑓0 inlet molar fraction of CO2 𝑋𝑎𝑣𝑒 average conversion of the sorbent  
𝑓𝑎 volumetric fraction of CaO that reacts 
in the kinetic reaction regime 
𝑋𝑎𝑣𝑒,𝐾 average conversion of the sorbent in the kinetic 
phase 
𝑓𝑐𝑎𝑟𝑏 average carbonation level 𝑋𝑎𝑣𝑒,𝐷 average conversion of the sorbent in the 
diffusion phase 
𝑓𝑒 equilibrium molar fraction of CO2 𝑋𝑚𝑎𝑥,𝑎𝑣𝑒 Average maximum conversion of the sorbent  
𝐹𝐶𝑂2 mole flow rate of CO2 in flue gas 
entering the carbonator, kmol/h 
𝑋𝑁 maximum carbonation degree of CaO in the N 
cycle 
𝐹𝑂 mole flow rate of fresh makeup 
limestone, kmol/h 
𝑋𝑁𝐷 maximum carbonation degree of CaO in the N 
cycle in the diffusion phase 
𝐹𝑅 mole flow rate of CO2 in flue gas 
entering the carbonator, kmol/h 
𝑋𝑁𝐾 maximum carbonation degree of CaO in the N 
cycle in the kinetic phase 
𝐹𝑓𝑔 flue gas molar flow rate, kmol/s 𝑋𝑟 residual conversion capacity of a sorbent particle 
ℎ𝑖 Enthalpy, kJ/kmol 
𝑥𝐶𝑂2 CO2 Molar fraction exiting the plant 
𝑘𝑖 reaction rate constants 𝑥𝑂2 O2 Molar fraction exiting the plant 
𝑘𝑠 intrinsic kinetic constant m
4/ (mol ·s) 𝑦𝐶𝑂2,𝑖𝑛 CO2 molar fraction at carbonator inlet 
𝑚 ̇  mass flow rate, kg/s 𝑦𝐶𝑂2,𝑒𝑞 CO2 molar fraction at carbonation equilibrium 
𝑁 calcination–carbonation cycles 𝑊𝑠 solid inventory in the carbonator, kg 
𝑁𝐶𝑎 mol of Ca in the carbonator, mol ?̇?𝑛𝑒𝑡 average electrical power, MWe 
𝑃 Pressure, bar ?̇?𝑛𝑒𝑡,𝑛𝑖𝑔ℎ𝑡 net electrical power for the night mode, MWe 
𝑃𝑐𝑎𝑟𝑏 Carbonator pressure, bar ?̇?𝑛𝑒𝑡,𝑠𝑢𝑛 net electrical power for the sun mode, MWe 
𝑃𝑒𝑞 
CO2 partial pressure at equilibrium, 
bar 
?̇?𝑀−𝑇𝑈𝑅𝐵 power produced by the main CO2 turbine, MWe 
𝑃𝑅 pressure ratio  ?̇?𝑀−𝐶𝑂𝑀𝑃 
power consumed by the main CO2 compressor, 
MWe 
?̇?𝑖𝑛𝑝𝑢𝑡 solar power input ?̇?𝐻𝑃𝑆−𝑇𝑈𝑅𝐵 
power produced by the high-pressure CO2 
turbine, MWe 
𝑟 reaction rate, s-1 ?̇?𝐴𝑆𝑈 power consumption in the ASU, MW 
𝑟𝑎 rate of adsorption, s
-1 ?̇?𝑠𝑒𝑐  net power production in secondary steam cycle, 
MW 
𝑟2 chemical reaction rate, s
-1 ?̇?𝑐𝑜𝑚𝑝,𝐶𝑂2 power consumption in CO2 compression, MW 
𝑟𝑎𝑣𝑒,𝐷 average reaction rate in the diffusion 
regime, s-1 
?̇?𝑐𝑜𝑚𝑝,𝑓𝑔 power consumption in flue gas compression, 
MW 
𝑟𝑎𝑣𝑒,𝐾 average reaction rate in the kinetic 
regime, s-1 
?̇?𝑠ó𝑙𝑖𝑑  power consumption in solids transport, MW 
𝑆𝑎𝑣𝑒𝐾  average surface area available for 
reaction, m−1 
?̇?𝐻𝑃𝑆−𝐶𝑂𝑀𝑃 
power consumption of high pressure intercooled 
CO2 compressor for the storage system, MWe 
 
16 
 
?̇?𝑆𝑇 
power produced in the steam 
turbine cycle, MWe 
𝜌𝑔 density of gas phase, g/m3 
?̇?𝑃 
power consumed in the steam 
turbine cycle, MWe 
𝜂 overall net efficiency 
?̇?𝑃𝑆𝑂𝐿𝐶𝐴𝐿 
Power consumptions for solids 
transport in the calciner side, 
MWe 
𝜂𝑏𝑜𝑖𝑙𝑒𝑟 boiler efficiency  
?̇?𝑃𝑆𝑂𝐿𝐶𝐴𝑅 
Power consumptions for solids 
transport in the carbonator side, 
MWe 
𝜂𝐶𝐹𝑃𝑃 coal fire power plant efficiency 
?̇?𝐴𝑈𝑋𝑃𝑂𝑊𝐶𝐴 
auxiliary power consumptions in 
the calciner side, MWe 
𝜂𝑟𝑒𝑓 reference plant efficiency  
?̇?𝐴𝑈𝑋𝑃𝑂𝑊𝐶𝑅 
auxiliary power consumptions in 
the carbonator side, MWe 
𝜂𝑖𝑛𝑡 new global efficiency (CFPP-capture system) 
𝜙𝑁 particle fraction in the N cycle Δ𝐻𝑅(𝑇𝑟𝑒𝑎𝑐𝑡) 
reaction enthalpy at the reactor temperature, 
kJ/mol 
𝜏 average residence time in the 
carbonator, s 
Δ𝐻𝑅
0 standard reaction enthalpy kJ/mol 
𝜌𝐶𝑎𝑂 CaO density, g/m3 ∆𝑆2
0 carbonation entropy change, J/(mol·K) 
 
 
 
CaL Calcium-Looping SPECCA Energy consumption per kilogram of CO2 
avoided 
CSP Concentrating Solar Power CAPEX Capital Expenditures 
TCES Thermochemical Energy Storage PCC Post-Combustion Capture 
CFPP Coal fired power plants CCS CO2 Capture and Storage 
CFB Circulating Fluidized Bed TES Thermal Energy Storage 
PCM Phase Change Material 𝑆𝑀 Solar Multiple 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
17 
 
1. Introduction 
 
CaCO3 is the second most abundant material on Earth after water. The Calcium-Looping (CaL) 
process is based on the multicyclic calcination-carbonation of CaCO3 according Eq. (1). 
Calcination is a well-known reaction which is at the basis of the cement industry [1] while the 
CaL process has many other applications. As early as 1933, the use of CaO-based materials was 
patented for CO2 capture to enhance H2 production from methane reforming [2]. Later on, the 
CaL process began to be considered as a potential Thermochemical Energy Storage (TCES) 
system in the late 1970s [3–5]. More recently, the CaL process has been widely studied for post-
combustion CO2 Capture (PCC) in fossil power plants [6–8].  
𝐶𝑎𝐶𝑂3(𝑠) ⇄ 𝐶𝑎𝑂(𝑠) + 𝐶𝑂2           ∆𝐻𝑟
0 = 178
𝑘𝐽
𝑚𝑜𝑙
 (1) 
The CaL the process is fully aligned with some of the most important challenges in the energy 
scenario. Thus, the CaL process can be applied in both renewable and fossil-fuel based power 
plants as energy storage and CO2 capture systems, respectively. In the former case, a promising 
option is the integration of the CaL process in Concentrating Solar Power (CSP) plants to improve 
the dispatchability of the system. CSP plants, as well as other plants based on renewable 
resources, are characterized by a variable energy input depending on the non-continuous nature 
of the solar resource and, when the solar resource is available, variability of the weather 
conditions. By integrating the CaL process as TCES system, direct solar radiation is used to carry 
out the calcination reaction (endothermic), releasing CO2 and CaO as products that are stored 
separately. Storage conditions and time are flexible and could be accommodated to the energy 
demand [9]. When energy is needed, the stored products are brought together to carry out the 
carbonation reaction (exothermic), by which the stored energy is released. In comparison with 
currently commercial energy storage systems, such as solar molten salts, the CaL process presents 
several benefits such as its feasibility to work at significantly higher power cycle temperatures, a 
high energy storage density and the possibility to store energy in the medium-long term. 
 
Regarding CO2 capture, the CaL process is highlighted as one with higher potential for post-
combustion capture. The standard cycle for CO2 capture from flue gas streams uses lime (CaO), 
which can be derived from limestone calcination, to produce CaCO3 by carbonation at high 
temperature (~650ºC). Typical CaL conditions for CO2 capture involve carbonation at relatively 
low CO2 partial pressure (about 0.15 atm) and calcination at very high temperatures (around 
950ºC) under high CO2 partial pressure with short residence times at both stages. Once CO2 is 
captured in the carbonator and heat from the exothermic reaction is recovered, the almost CO2 
free flue gas is released into the atmosphere. Pilot plants (of size on the order of 1-2 MWth) have 
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recently demonstrated the achievement of CO2 capture efficiencies around 90% [10,11] whereas 
model simulations predict an efficiency penalty on power generation around 3-9% when scaling 
up the technology to a commercial level [12]. 
Because of the huge potential scope for the CaL process within the future energy system, in both 
renewable and non-renewable power plants, and in new or retrofitted facilities, a fast technology 
development with a relevant cost reduction is expected. Moreover, it must be highlighted the very 
favorable characteristics of the CaO precursors such as limestone or dolomite: low cost, wide 
availability and non-toxicity [13–15],  which are necessary conditions for the massive integration 
on a large scale of any CO2 capture or energy storage technology.  
 
1.1. Calcium-Looping process for post-combustion CO2 capture 
 
Finding competitive and sustainable solutions for capturing and sequestering the CO2 released 
from fossil fuel combustion processes is a key issue to mitigate global warming [16]. Despite the 
necessary increase in energy production share from renewable sources, power plants based on 
natural gas or coal currently generate most of the energy consumed in the world [17]. Currently, 
76.5% of the electricity generation in the world is produced by non-renewable sources [18]. It is 
expected that the commercial deployment of CO2 capture and storage (CCS) technologies plays 
a main role within the portfolio of urgent measures to limit global warming below 2°C from 
preindustrial levels [19,20]. On this decarbonization purpose, future fuel-based power plants must 
be near to CO2 emissions free. Coal fired power plants (CFPP) are prime candidates to be 
retrofitted with CCS. The main R&D challenge for the viability of CFPPs and other fossil fuel-
based facilities is to capture CO2 by means of feasible, sustainable and affordable technologies 
while, at the same time, the penalties of integrating these technologies on power production and 
efficiency are minimized. For a real deployment of CO2 capture technologies, it must be reduced 
both the energy consumption associated to the CO2 capture process and the CO2 capture system 
size. The former is directly related to the electricity production cost. Typical values reported on 
energy consumption per kilogram of CO2 avoided (SPECCA) are around 4 MJ/kg CO2 [21] using 
the already mature amines based technology. On the other hand, the CO2 capture system size 
affects to capital expenditures (CAPEX). 
Post-combustion capture (PCC) refers to CO2 removal from the flue gas of fossil fuel-based power 
plants, which can be accomplished by using chemical solvents, solid sorbents or electrochemical 
processes. Despite post-combustion capture processes are being widely investigated in the last 
years, Boundary Dam (100MWe) in Canada and Petra Nova (240MWe) in USA are currently the 
only commercial CFPP that applies CCS by using a chemical absorption process based on amines. 
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In chemical absorption, the solvent (typically an amine solution such as MEA) binds chemically 
with the CO2. Amine absorption and stripping consists of passing the post-combustion flue gas 
through an aqueous amine solvent, which absorbs CO2 by chemical reaction [22]. Then, the 
solvent loaded with CO2 (the “rich” solvent) is heated up above typically 120 ℃ in the regenerator 
reactor wherein the CO2-amine chemical reaction is reversed to release nearly pure CO2 and 
regenerate the amine. The so-called “lean” solvent is recycled back to the absorber to restart the 
process while the released relatively pure CO2 is compressed to a suitable pressure for an efficient 
transportation and storage [23]. After regeneration, the solvent is cooled to be reused [24]. Amine-
based PCC can efficiently remove around 90% of the CO2 emissions. 
 
A main issue of systems based on amine absorption is the large amount of heat required to 
regenerate the solvent [25–27]. This heat, which is usually obtained from the steam cycle, 
penalizes significantly (8-12%) the power plant efficiency. Moreover, the commercial expansion 
of amine-based systems for CO2 capture at large scale is hindered by amines toxicity [28], 
degradation [29] and equipment corrosion [30]. Thus, there is a need for developing novel large-
scale capture technologies with reduced energy penalty and capture cost, which should rely on 
environmentally friendly and abundantly available cheap materials. 
 
Another option for PCC is based on membrane separation, which uses the pressure difference 
between the flue gas and the removed CO2.  The membrane technology is generally useful to treat 
high-pressure gases [31,32] in spite of which a large number of researches have adapted it for 
post-combustion capture [33–35]. Regarding efficiency penalty associated to membranes use for 
PCC, it is estimated in the range of 4.9-8.5% [31]. Membrane separation is a promising solution 
to reduce the costs of PCC. However, the maximum pressure ratio attainable by feed compression 
and/or permeate vacuum is limited to approximately 10, due to cost and energy considerations 
[33].  
 
The development of dry CO2 capture processes based on cheap materials operating at relatively 
low temperatures, which would require relatively low energy for sorbent regeneration, is 
considered as a promising pathway to advance in the deployment of CO2 capture technologies 
[36,37]. Na2CO3 is the sorbent employed in the Dry Carbonate Process (DCP) early proposed in 
[38,39] and currently being demonstrated at the pilot-scale stage [40]. An important advantage of 
the DCP is that sorbent regeneration would be carried out at 100-200ºC and therefore the process 
could be efficiently assisted by medium temperature solar thermal power.  Another proposed 
technology for PCC is the use of electrochemical processes in Molten Carbonate fuel cells. Some 
studies show that electricity generation in the fuel cell partially compensates the penalty on the 
original cycle in wastewater treatment plants [41] and power plants [42–44]. 
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The CaL process is at the root of a promising 2nd generation technology for post-combustion CO2 
capture at coal fired power plants. The potential application of the CaL process is increasingly 
gaining momentum in the last years mainly due to the possibility of implementing it in already 
existing power plants and the relatively low penalty on plant performance as compared to other 
already mature capture technologies such as conventional amine-based capture systems (penalty 
around 8-12 %)  [7,13,45]. Figure 1 shows a conceptual scheme of the CaL process applied for 
post-combustion CO2 capture.  
The CaL process consists of the capture of CO2 in the post-combustion flue gas by carbonation 
in a high temperature fluidized bed reactor of CaO solids derived from the calcination of natural 
limestone (CaCO3). The process would be carried out in two interconnected circulating fluidized 
bed (CFB) reactors, both operated under atmospheric pressure at gas velocities of about 5 m/s 
[46,47] wherein gas-solid contact and heat/mass transfer are promoted.  Another CaO precursor 
could be natural dolomite. According to recent lab-scale studies [48], dolomite-derived CaO 
would exhibit a greater capture capacity than limestone-derived CaO at CaL conditions for CO2 
capture. On the other hand, several synthetic sorbents have been developed with enhanced capture 
behavior [49,50]. Nevertheless, the use of these  synthetic sorbents usually leads to an important 
increase of the cost of the system operation [12]. Taking into account that flue gases exiting from 
coal-fired power plants generally contain a mole fraction of CO2 in the range 10-15% [51,52], 
optimum carbonation temperatures are around 650°C in order to achieve significant efficiencies 
of CO2 capture (around 80-90%) in short residence times, typically on the order of minutes [53].  
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Figure 1: Conceptual scheme of the CaL process for post-combustion CO2 capture. Modified from 
[54]  
 
Once CO2 is captured in the carbonator and heat from the exothermic reaction is recovered, the 
decarbonized flue gas is vented into the atmosphere. The carbonated solids are calcined in a 
second fluidized bed reactor (calciner) at higher temperatures, which regenerates CaO for a new 
cycle and produces a highly concentrated CO2 stream ready for compression and sequestration. 
CaO is regenerated in the calciner by calcination under necessarily high CO2 partial pressure, 
which requires the use of rather high temperatures (> 930ºC) for efficient calcination in a short 
residence time [10,55–57].  
The endothermic calcination reaction and the drop of temperatures between the sorbent streams 
entering and leaving the calciner involves the need of providing a high-energy input to the 
calciner. The most feasible method to generate the heat required in the calciner and avoid CO2 
dilution at the same time is the burning of fuel by oxy-combustion [10,14,55–57]. Thus, 
calcination is carried out in an environment containing between 70% and 90% vol. concentration 
of CO2 at atmospheric pressure [55,58–61]. After calcination, CO2 is retrieved from the calciner 
for compression, transport and geological storage or other uses. Under these operating conditions, 
calcination temperatures above 930ºC are necessary to regenerate the sorbent in short residence 
times [62–64]. These conditions promote sintering of CaO which compromises the multicyclic 
CO2 capture capacity [65]. 
CaO deactivation is one of main issues to be addressed in the CaL process [66]. It is well-known 
that carbonation occurs in two consecutive phases. The first stage takes place on the free surface 
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of the solid through the nucleation and growth of a CaCO3 layer and it is governed by the kinetics 
of the reaction between CaO and CO2. The end of the fast stage takes place when a 40–60 nm 
thickness product layer is formed, which makes inaccessible a large fraction of CaO in the interior 
of the particles [67]. Then it takes places a second stage controlled by the solid-state diffusion 
𝐶𝑂3
2− and  𝑂2− ions through the product layer, which is a much slower process. TGA tests carried 
out under calcination at high CO2 partial pressure show that solid-state diffusion plays an 
important role in the total CaO conversion since capture in the fast reaction controlled regime is 
greatly reduced with the number of cycles [48,63]. By using limestone under typical CaL 
conditions for post-combustion CO2 capture, the multicyclic CaO conversion decays with the 
cycle number up to reach a residual value 0.07-0.08 for residence times of about 5 min [68,69]. 
CaO deactivation is partially compensated by the periodic introduction of a fresh limestone 
makeup in the calciner while the purged CaO is particularly well suited for cement production 
[70,71]. CaO deactivation is further enhanced by irreversible CaO sulphation and ashes due to in-
situ coal  oxy-combustion  [6,63,66,72].  To reduce the make-up flow, lab- scale tests suggest that 
a possibility to enhance the CO2 capture efficiency could be the recarbonation of the partially 
carbonated particles in another reactor before the calcination step by using the pure CO2 stream 
exiting the calciner [73,74]. 
Regarding the CFPP-CaL integration, several models have been proposed in the literature aimed 
at  predicting the efficiency penalty that arises from integrating the CaL technology in commercial 
power plants [75]. These models consider integration of CO2 capture into coal fired power plants 
(CFPP)  [6,14,76,77], lignite fired power plants (LFPP) [56],  natural gas combined cycle power 
plants (NGCC) [78] and integrated gasification combined cycle power plants (IGCC) [79–82]. 
Depending on the power plant type, most results show efficiency penalties in the range 3-9% [83], 
which is lower than in the MEA-based process. Minimizing energy penalties is a key point for 
the industrial competitiveness of the CaL process. A number of process schemes and 
configurations to enhance the energy integration have been proposed in the literature [83].   
 
CaL integration studies are generally built upon equilibrium models for the calciner reactor 
[6,76,84]. As regards the carbonator, previous works have considered equilibrium models [79,85], 
semi-predictive models using the Kunii-Levenspiel formulation for the fluidized bed 
hydrodynamics [6,64] or an average conversion model [84]. Several carbonator reactor models 
have been already proposed to predict the CO2 capture efficiency under CaL conditions for CO2 
capture [47,77,86,87]. These models have been inferred from thermogravimetric analysis (TGA) 
results in which calcination is usually carried out under low CO2 partial pressure, which does not 
conform to the expected operation conditions in the real system. Experimental results show that 
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the multicyclic capture capacity of limestone is strongly influenced by the conditions under which 
calcination is performed [58,88,89].  
 
There are several pilot-scale facilities testing the CaL process for post combustion CO2 capture. 
The larger plants are La Pereda (1.7 MWth) [10,90], Darmstadt (1 MWth) [11] and Hualien (1.9 
MWth) [91], with the rest of pilot plants in the range of 1-120 KWth [75]. Most of the reactors 
are based on Fluidized Bed technology, either Circulating or Bubbling Fluidized Bed.  
 
1.1.1. Challenges in the road to the deployment of CO2 capture technologies 
Each one of the above reviewed PCC technologies show specific advantages but also challenges 
to overcome at their different R&D development stages. Remarkably, PCC is considered as the 
most appropriate technique to be applied in the short-term for its relatively easy integration in 
existing fossil fuel power plants [26]. PCC integration penalizes power plant performance, and 
this hampers indirectly the global CO2 emissions reduction.   
Main drawbacks that hinder the deployment of the CaL process are the high cost of the full CCS 
chain and the high efficiency penalty imposed on the power plant. As discussed above, diverse 
alternatives have been analyzed for mitigating the efficiency penalty. A main inconvenient is that 
sorbent regeneration requires a large amount of heat at high temperatures (900–950°C), which 
must be properly recovered to increase the process efficiency. Improving heat integration in the 
CaL process to reduce energy requirements requires from the two main strategies: recovering 
energy in the CaL loop and modifying the CaL configuration to avoid (or reduce) oxyfuel 
combustion in the calciner [12].  
CaO deactivation is also an important issue, leading to a large amount of inert solids being 
recirculated through the plant well above the stochiometric needs. Moreover, there are 
engineering challenges related to circulating solids at high temperature.  
Further barriers are the financing of CO2 transport infrastructure, legal and regulatory frameworks 
and insurance for safe permanent CO2 storage or utilization [36]. 
 
A part of this introduction to CO2 capture was published in [92], where the author of the thesis 
was in charge of the review sections. The full manuscript including complete information about 
a number of CO2 capture technologies is presented in Annex 8.  
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1.1.2 Recently finished and on-going projects 
An intense R&D activity is being carried out to assess the feasibility of the CaL process for post-
combustion CO2 capture. Some of the recently finished and on-going relevant projects are:   
1. SCARLET: Scale-up of Calcium Carbonate Looping Technology for Efficient CO2 
Capture from Power and Industrial Plants (2014-2017) 
The SCARLET project1, funded by the European Union’s Horizon 2020 research and innovation 
programme and recently finished, aimed at validating the feasibility of the CaL technology in an 
upgraded 1 MWth pilot plant. Successful operation of the pilot plant and the optimization of the 
process parameters will provide essential information for scaling-up the process to a future 20 
MWth pilot plant. The project provided a techno-economic and environmental assessment of the 
CaL process potential for CO2 capture from power plants as well cement and steel production 
plants. Several works have been published within this project [11,93].  
2. CEMCAP: CO2 capture from cement production (2015-2018) 
CEMCAP is a project funded by the European Union’s Horizon 2020 addressing CO2 capture 
from cement production by integrating the CaL process. The primary objective of CEMCAP is to 
prepare the ground for large-scale implementation of CO2 capture in the cement industry
2. 
CEMCAP aims to leverage to Technology Reediness Level (TRL) 6 for cement plants with a 
targeted capture rate of 90% and develop techno-economic decision-basis for CO2 capture 
implementation in the cement industry.  
3. CLEANKER: Clean clinker production by Calcium Looping process (2017-2021) 
This project is funded by the European Union’s Horizon 2020 research and innovation 
programme. In the same line that CEMCAP project, CLEANKER project aims at demonstrating 
at TRL7 the CaL concept in a configuration highly integrated with the cement production process, 
making use of entrained flow reactors. The core activity of the project is the design, construction 
and operation of a CaL demonstration system in the cement plant operated by Buzzi Unicem sited 
in Vernasca (Piacenza, Italy)3.  
4. FLEXICAL: Development of flexible coal power plants with CO2 capture by 
Calcium Looping (2016-2019) 
FLEXICAL project, funded by the European Research Fund for Coal and Steel, aims to 
develop novel Calcium looping systems able to respond to a wide range of flue gas load 
                                                            
1 http://www.project-scarlet.eu 
2 https://www.sintef.no/projectweb/cemcap/ 
3 http://www.cleanker.eu/home-page-it 
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changes 4. For this, two process options are tested at pilot-scale: a highly load flexible plant 
concept and an energy storage using CaO/CaCO3 silos. A recent publication about this project 
can be found in [94].   
5. LEILAC: Low Emissions Intensity Lime & Cement (2016-2020) 
This project is funded by the European Union’s Horizon 2020 research and innovation 
programme. The LEILAC project is based on a technology called Direct Separation, which aims 
to enable the efficient capture of the unavoidable process emissions from lime and cement 
production5.  
 
1.2 Calcium-Looping as thermochemical energy storage process 
 
The commercial expansion of renewable energy technologies is an urgent need to limit global 
warming below 2.0°C by 2100 and pursue 1.5°C above pre-industrial levels as agreed at Paris 
COP21 Conference [20]. Among renewable energy technologies, Concentrated Solar Power 
(CSP) has a great potential for a full commercial expansion [95]. However, for renewable energies 
to achieve full autonomy from fossil fuels and to increase their feasibility, a main hurdle to 
overcome is their inherent variability in production. Thus, efficient and low cost energy storage 
stands as one of the main technological challenge for large deployment of renewable energies 
[96–98]. Moreover, large-scale energy storage is essential for a global system with high 
penetration of solar energy in order to increase the electric grid flexibility and to avoid risks 
derived from transient peaks [99]. Regarding the necessary dispatchability of renewable power 
facilities, CSP plants show several advantages over solar PV and wind due to the relatively low 
cost and feasible integration of thermal energy storage technologies in large-scale facilities 
compared to battery storage systems [100–102]. Efficient, cheap and non-toxic thermal energy 
storage (TES) is a key issue for Concentrating Solar Power (CSP) plants to provide a significant 
share of electricity generation.  
In recent years, a number of thermal storage technologies for medium to high temperature CSP 
systems have been developed based upon three main concepts: sensible thermal energy storage 
(TES), latent heat storage and thermochemical energy storage (TCES)  [103,104]. Sensible heat 
storage systems are the most mature technologies [105] and they involve the use of different 
materials with high heat capacity such as water [103], molten salts [106–109], mineral oils [110] 
or ceramic materials [111]. Commercial plants of considerable size (above 100 MWt) do already 
                                                            
4 https://www.flexical.eu/ 
5 https://www.project-leilac.eu/ 
26 
 
exist where heat is stored in molten salts and it is used overnight to generate electricity [112]. 
Another type of storage system  currently at pilot scale level is based on the use of phase change 
materials to use the latent heat for energy storage [113–116].  Phase change materials (PCM) 
allow attaining higher storage capacities compared to sensible heat storage [105,117].  
A third possibility consists of thermochemical energy storage (TCES), which is being 
increasingly investigated [105,118,119]. A large number of potential systems [105], experimental 
research under practical conditions [120] and TCES reactor designs [119] can be found in 
literature. TCES consists of using the heat obtained from an external source to drive an 
endothermic reaction. When energy is needed, the separately stored products of the reaction are 
brought together at the necessary conditions for the reverse exothermic reaction to occur, which 
releases the previously used heat for power production. The main advantages of TCES as 
compared to TES and PCMs are a relatively higher energy density as well as the possibility of 
storing energy in the long term or transport it without significant losses [9,105]. An extended 
review on long-term solar heat storage can be found in [9].  
 
1.2.1 Energy storage in concentrating solar power plants  
CSP technology concentrates solar irradiation to transform it in thermal energy. According to how 
the solar irradiation is concentrated, CSP systems can be divided into point focusing (tower 
systems) and line-concentrating (parabolic trough and Fresnel) systems. Solar tower facilities 
allow achieving very high solar concentration ratios which leads to a higher temperature (and 
efficiency) than parabolic trough facilities. Today, the installed CSP capacity throughout the 
world is  5 GWe, while approximately another 7 GW are under construction or planned to be 
commissioned from 2020 [121,122].  
Currently, over 40% of commercial CSP plants around the world incorporate TES systems while 
this percentage rises up to 83% for those planned and under development [121]. Energy storage 
systems are typically based on a two-tank TES system to use the sensible heat stored in molten 
salts, which allows CSP plants to operate up to 15 hours in the absence of solar radiation [121]. 
Figure 2 shows an overview on cost, storage capacity and type of CSP facilities. As can be seen, 
the highest capacity factor6 is around 0.55-0.65.  However, molten salts-based systems have 
several drawbacks that penalize the performance of CSP plants. On one hand, the maximum 
working temperature is limited to  560ºC to avoid salt degradation, which reduces the power cycle 
efficiency [106]. On the other, there is a minimum working temperature of  200ºC to avoid salt 
                                                            
6 Energy production in a year divided by the total energy than could be produced if the CSP plant works 
8760 h/year at nominal capacity.  
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solidification [123], which demands  a significant amount of energy to keep the molten salts from 
solidification when the plant is not under operation. Salt corrosiveness is also a serious issue that 
requires the use of expensive highly resistant materials for transport and storage  [124,125].  
Most of the commercial CSP tower plants currently under operation are based on Rankine cycle 
process [126]. Peak solar to electricity conversion efficiencies in these commercial CSP tower 
plants are around 25-30%, with an annual solar-to-electricity conversion efficiency lower than 
20% [127] and a power cycle efficiency usually lower than 38% [121].  
 
Figure 2: Installed costs and capacity factors of CSP projects. Reproduced with permission from 
[122] 
 
The global weighted average LCOE of CSP projects commissioned in 2017 was USD 0.22/kWh. 
However, a huge reduction of LCOE is expected in the coming years. Thus, future CSP projects 
in South Australia (to be commissioned from 2020) and Dubai (2022) will have a cost of USD 
0.06/kWh and USD 0.07/kWh respectively [122].  
 
1.2.2 Thermochemical energy storage in concentrating solar power plants 
In the last years, research on Thermochemical Energy Storage (TCES) systems as an alternative 
to molten salts has gained a considerable momentum [105]. TCES applied to CSP uses the heat 
available in the solar receiver to drive an endothermic reaction. When energy is needed, the by-
products of the reaction are brought together at the required conditions for the reverse exothermic 
reaction to occur, which releases the previously stored chemical energy for power production. 
Main advantages of TCES over TES and PCMs are the long term energy storage capacity [9] and 
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the high energy density potentially achievable [98]. Many TCES systems are being analyzed as 
candidates for energy storage in CSP plants [105]. Table 1 shows the main reactions for TCES, 
which are classified as: hydrogen systems, carbonate systems, hydroxide systems, REDOX 
system, ammonia system, organic systems, metal oxides and sulfur based cycles. A proper 
selection of the TCES system is critical. In this regard, a general criterion based on the 
thermodynamics and kinetics of the reaction and the physical properties of the components of the 
reaction was established by Wentworth et al. [128], which should be sought when selecting a 
chemical reaction for storing concentrated solar energy.  
Table 1: Main reactions for TCES 
Group Example Reference 
Hydrogen systems 
𝑀𝐻𝑛 + ∆𝐻𝑟 ↔ 𝑀 + (
𝑛
2
)𝐻2 
𝑀𝑔𝐻2 (𝑠) + ∆𝐻𝑟 ↔ 𝑀𝑔(𝑠) +𝐻2 (𝑔)   [129] 
Carbonate systems 
𝑀𝐶𝑂3 (𝑠) + ∆𝐻𝑟 ↔ 𝑀𝑂(𝑠) + 𝐶𝑂2 (𝑔)  
 
𝐶𝑎𝐶𝑂3 (𝑠) + ∆𝐻𝑟 ↔ 𝐶𝑎𝑂(𝑠) + 𝐶𝑂2 (𝑔) [3] 
𝑆𝑟𝐶𝑂3 (𝑠) + ∆𝐻𝑟 ↔ 𝑆𝑟𝑂(𝑠) + 𝐶𝑂2 (𝑔) [130,131] 
Hydroxide systems 
𝑀(𝑂𝐻)2 (𝑠) + ∆𝐻𝑟 ↔ 𝑀𝑂(𝑠) +𝐻2𝑂 (𝑔) 
 
𝑀𝑔(𝑂𝐻)2 (𝑠) + ∆𝐻𝑟 ↔ 𝑀𝑔𝑂(𝑠) + 𝐻2𝑂 (𝑔) [132] 
𝐶𝑎(𝑂𝐻)2 (𝑠) + ∆𝐻𝑟 ↔ 𝐶𝑎𝑂(𝑠) +𝐻2𝑂 (𝑔) [133] 
Redox systems 
𝑀𝑥𝑂𝑦 (𝑠) + ∆𝐻𝑟 ↔ 𝑥𝑀(𝑠) + (
𝑦
2
)𝑂2 (𝑔) 
 
2𝐵𝑎𝑂2 (𝑠) + ∆𝐻𝑟 ↔ 2𝐵𝑎𝑂(𝑠) + 𝑂2 (𝑔) [134] 
2𝐶𝑜3𝑂4 (𝑠) + ∆𝐻𝑟 ↔ 6𝐶𝑜𝑂(𝑠) + 𝑂2 (𝑔) [135] 
Ammonia systems 2𝑁𝐻3 (𝑔) + ∆𝐻𝑟 ↔ 𝑁2 (𝑔) + 3𝐻2 (𝑔) [136] 
Organic systems 𝐶𝐻4(𝑔) + 𝐻2𝑂(𝑙) + ∆𝐻𝑟 ↔ 𝐶𝑂(𝑔) + 3𝐻2 (𝑔) 
With a side reaction: 
𝐶𝑂(𝑔) + 𝐻2𝑂(𝑙) ↔ 𝐶𝑂2 (𝑔) + 𝐻2 (𝑔)  + ∆𝐻𝑟 
[137] 
𝐶𝐻4(𝑔) + 𝐶𝑂2 (𝑔) + ∆𝐻𝑟 ↔ 2𝐶𝑂(𝑔) + 2𝐻2 (𝑔) 
With a side reaction: 
𝐶𝑂2(𝑔) + 𝐻2(𝑔) + ∆𝐻𝑟 ↔ 𝐶𝑂(𝑔) + 𝐻2𝑂 (𝑔) 
[138] 
Sulfur systems 
𝐻2𝑆𝑂4(𝑔) + ∆𝐻𝑟 ↔ 𝑆𝑂2(𝑔) + 𝐻2𝑂 (𝑔) +
1
2
𝑂2 (𝑔) 
[139] 
 
1.2.3 Opportunities and challenges 
The CaL process is a promising thermochemical energy storage method to be used in concentrated 
solar power plants [3,140–143]. Figure 3 shows a conceptual scheme of the CaL process 
integration in a CSP plant as TCES system. The CaL process begins with the decomposition of 
CaCO3 in the calcination reactor (calciner) yielding CaO and CO2 as reaction byproducts. A high 
energy input is necessary to increase the input stream temperature up to the value required for the 
endothermic calcination reaction to occur at a sufficiently fast rate, which is essentially 
determined by the composition of the gas in the calcination environment [14,144].  Once sensible 
heat from the CaO and CO2 streams at the calciner outlet is recovered, these products are stored 
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at ambient temperature for their use afterwards as a function of demand. Storage of the products 
could be prolonged to weeks or even months as depending on storage conditions and energy 
demand [9]. In the power production mode, the reactants are circulated into a carbonator reactor, 
where the energy stored in chemical form is released through the reverse reaction (carbonation).   
 
Figure 3: CCP-CaL conceptual scheme. Adapted from [145]. 
 
The CSP-CaL integration, although already suggested as a concept in the late 1970s [3–5], has 
not been analyzed in detail until quite recently. Several solar calcination reactors have been 
proposed and tested [146–149]. Moreover, a number of studies have been reported regarding Ca-
based materials behavior for TCES [124,143,150]. In order to achieve an efficient and cost-
effective thermochemical storage process, an adequate selection of the reversible reaction is a key 
issue. In this section we analyze the potential of the CaL process for thermochemical energy 
storage by considering a series of chemical, physical and engineering aspects. Based on a 
particularization of the general criterion established by Wentworth et al. [128], which considers 
a series of chemical, physical and engineering aspects, the potential feasibility of the CaL process 
for TCES is analyzed below. 
First, the CaL process present the huge advantage of the low price, wide availability and 
harmlessness towards the environment of natural CaO precursors such as limestone or dolomite 
[13–15], which is crucial for a massive sustainable development of energy storage systems at 
large scale. Another of the most interesting advantages of the TCES systems is a high energy 
density which allows maximize storage capacity. As can be seen in Figure 4, the energy density 
of the CaO/CO2 system (around 3.2 GJ/m
3) is one of the largest among the TCES systems 
considered in literature. An alternative choice with larger energy density and based also on a 
calcination/carbonation reaction would be to use the SrO/CO2 system (see Figure 4) [131]. 
Nevertheless, the too high turning temperature of this system and the high cost of the sorbent 
precursor (SrCO3) (as compared to a price around $10/tonne or less for natural limestone) makes 
this alternative less attractive from a practical point of view in a first approach. 
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Figure 4: Energy density and turning temperature of various thermochemical energy storage 
systems. Adapted from [142]. 
 
Other works [132,151,152] give values for the energy density of the CaL system in the range of 
0.9-2 GJ/m3 by considering gas and solids vessels and/or that carbonation is not complete. From 
a practical point of view, it is interesting to address the size of the vessels needed for solids storage 
(i.e. considering the particles porosity and the packing density of solids), which is more closely 
connected with the capital costs of the energy storage system. To this end we propose Eq.(2) 
[153], which can be applied to gas-solid TCES systems with the structure 𝐴𝐵(𝑠) ⇄ A(s) + B(g) 
(for the CaL case: 𝐴𝐵 = 𝐶𝑎𝐶𝑂3; A=CaO; B=CO2): 
𝐸𝑑𝑒𝑛 [
𝐺𝐽
𝑚3
] =
 𝑋 ∙ (∆𝐻𝑅 + ∫ 𝑐𝑝,𝐵 𝑑𝑇
𝑇𝑟𝑒𝑎𝑐𝑡𝑜𝑟
𝑇𝐵,𝑣𝑒𝑠𝑠𝑒𝑙
+ ∫ 𝑐𝑝,𝐴𝐵𝑑𝑇
𝑇𝐴,𝑣𝑒𝑠𝑠𝑒𝑙
𝑇𝐴𝐵,𝑣𝑒𝑠𝑠𝑒𝑙
) + (1 − 𝑋) ∙ ∫ 𝑐𝑝,𝐴𝑑𝑇
𝑇𝐴,𝑣𝑒𝑠𝑠𝑒𝑙
𝑇𝐴𝐵,𝑣𝑒𝑠𝑠𝑒𝑙
(
𝑣𝐴𝐵
(1 − 𝜀𝐴𝐵)
+
𝑣𝐴
(1 − 𝜀𝐴)
)
1
∅
+ 𝑋 ∙ 𝑣𝐵
    (2) 
Where ∆𝐻𝑅 is the reaction enthalpy (GJ/kmol), 𝑐𝑝,𝑖 is the specific heat of the component 𝑖 
(MJ/kmol·K), 𝑇𝑟𝑒𝑎𝑐𝑡𝑜𝑟 is the decomposition reaction temperature (K),  𝑇𝑖,𝑣𝑒𝑠𝑠𝑒𝑙 is the storage 
temperature for of the component 𝑖 (K), 𝜈𝑖 is the specific volume (m
3/kmol) of the component 𝑖 
at storage conditions, 𝜀𝑖 is the internal porosity of the component 𝑖 and ∅ is the particle packing 
density, whose value is set to 0.6 as a typical value for the random loose packing fraction of 
irregularly shaped particles under gravity [154]. The CO2 tank volume is a critical factor 
depending on the gas temperature and pressure. As reference value for the CSP-CaL integration 
scheme, CO2 should be stored at high pressure (75 bar) and atmospheric temperature (25ºC) to 
guarantee supercritical conditions and therefore minimize vessel size. The solids vessels capacity 
is highly influenced by CaO conversion, since a high CaO reactivity reduces storage volume 
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needs. Thus, the volumetric energy density of the entire CaL system is mainly dependent on CO2 
storage conditions (pressure and temperature) and CaO conversion. According to CSP-CaL 
process simulations under typical conditions, the energy density of the entire system varies in a 
range of 0.39-0.9 GJ/m3 depending on CaO conversion [153], which is higher than energy storage 
density of a molten salt system by considering a two-tank configuration [155] with typical values 
of the temperature change (DT) in CSP plants [121]. 
Moreover, the CaL process presents the great advantage that reactants and products can be stored 
long term at ambient temperature in contrast with the need of keeping molten salts at temperatures 
above ~100-220°C to avoid solidification [123]. However, CaO is highly reactive with ambient 
H2O to produce calcium hydroxide (Ca(OH)2). This is an important issue to consider since the 
formation of Ca(OH)2 can modify the carbonation behavior [51,156].  On the other hand, it must 
be remarked that Ca(OH)2 presents a higher reactivity towards carbonation as compared to CaO. 
In fact, the introduction of an intermediate CaO hydroxylation reactor has been proposed to 
enhance the CaO reactivity in the CaL process for CO2 capture [51,157]. It is required to avoid 
any presence of CO2 in the CaO storage tank to avoid carbonation. 
In addition to high energy density, the CaL process applied as TCES has the advantage of a high 
reaction turning temperature (defined as the temperature for the reaction to be at equilibrium 
under a CO2 partial pressure of 1 bar) of T~895°C. Thus, carbonation for generating heat may 
occur fast in the range of 650-1000°C depending on the CO2 partial pressure [158]. This would 
allow a high efficient generation of electricity and it would overcome the current CSP temperature 
limitation of T~550-600°C mainly imposed by degradation of molten salts at higher temperatures 
[106,107,159]. Higher efficiencies could be achieved by increasing the maximum temperature 
allowed in the CSP plants [160]. 
The calcination reaction must be fast for the absorption of solar energy and CaO regeneration to 
be carried out rapidly. According to the chemical equilibrium [161],  calcination only occurs fast 
under a pure CO2 atmosphere at temperatures above T~950°C [65]. At these conditions, a high 
energy input is required to increase the input stream temperature up to the value required for the 
endothermic calcination reaction to be carried out at a sufficiently fast rate.  On the other hand, a 
feasible choice to carry out calcination for TCES would be to perform it in an environment of an 
easily separable gas from CO2, e.g. superheated steam. Calcination of MgCO3 under superheated 
steam is an already available technology [162] at the commercial level  (Catalytic Flash 
Calcination, CFC) while the LEILAC project7 aims to integrate CFC from CaCO3 for cement 
production with the important benefit that it occurs at a rather fast rate and releases pure CO2 
ready for compression and storage after condensation of H2O [105]. Moreover, calcination 
                                                            
7 https://www.project-leilac.eu/ 
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temperatures under superheated steam are considerably decreased down to ~700-750°C [163], 
which could be a further advantage for a quick integration of the CaL technology in CSP plants. 
Furthermore, the reactivity of CaO regenerated by calcination under superheated steam is notably 
enhanced [164], which would expectedly serve to boost the efficiency of the CSP-CaL integration.  
In addition, superheated steam for calcination in the solar reactor would be directly available from 
already possible  in-situ generation of superheated steam in solar receivers [165]. Nevertheless, a 
higher energy penalty is expected by carrying out the calcination under superheated steam because 
of the solar energy consumption to bring the water (after separation) up to the calcination 
conditions. Another possibility to reduce the calcination temperature is by reducing the CO2 
partial pressure introducing Helium in the calciner, which allows that calcination occurs at 725ºC 
[166] because of the high thermal conductivity and CO2 diffusivity in He. Nevertheless, 
Helium/CO2 separation brings a new challenge that must be further analyzed. Remarkably, the 
reduction of calcination temperature could highly reduce the reradiation losses in the solar 
receiver. 
While the particle receiver and high-temperature solids conveying represent a design challenge 
for the development of the CSP-CaL integration, many other equipment of the plant are currently 
widely developed on an industrial scale, mainly from the cement and lime industry [1,7,70]. This 
is the case of the cyclonic gas-solid heat exchangers [167], which could be used in the CSP-CaL 
integration to preheat the CaCO3 entering the calciner. Efficient gas-solid contact and heat/mass 
transfer in the calciner and carbonator reactors could be ensured by the use of circulating 
fluidized-beds (CFB), which are typically operated under the fast fluidization regime with gas 
velocities of the order of 5-10 m/s [46,168]. CFB reactors are characterized by their contrasted 
efficiency and durability and their suitability to the CaL process is already proven in CO2 capture 
pilot plants [10,11]. Separation of the calcination products prior to storage is feasible using 
commercially available devices such as gas coolers and cyclones to separate the solids from the 
CO2. The CO2 released in the calcination reaction must be compressed at high pressure to 
minimize the storage volume [169–171]. This brings about a remarkable loss of efficiency in the 
global power cycle. In this regard, the option of performing intercooling compression to minimize 
the energy penalty must be assessed. 
One of the main drawbacks of the CaL process is the progressive loss of activity towards 
carbonation in short residence times of the regenerated CaO as the number of cycles increases 
depending on the carbonation/calcination operating conditions [12,68,172]. Thus, only a fraction 
X of the total flow of CaO entering the carbonator reacts to produce CaCO3, while 1-X remains as 
unreacted CaO. The average CaO conversion X is thus a critical material property for the 
simulations. CaO conversion is highly dependent on the carbonation-calcination conditions as 
well as on the CaO precursor [173].  The CaL process applied to post-combustion CO2 capture, 
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where most of the CaL research has been focused on in recent years, involves carbonation under 
low CO2 partial pressure whereas calcination is carried out under high CO2 concentration at 
temperatures around 950ºC. On the other hand, the CO2 concentration in the gas stream entering 
the carbonator is imposed (15% v/v of CO2 in the flue gas from a coal fired power plant). These 
conditions lead to a severe drop of CaO conversion with the number of cycles, reaching a residual 
value of just around X=0.07-0.08 [48]. However, CaL conditions for TCES in CSP must not be 
necessarily the same as those employed for CO2 capture.  Since the concentration of CO2 entering 
the carbonator is not imposed, carbonation conditions can be chosen to minimize the negative 
impact of CaO deactivation while at the same time the thermoelectric efficiency is enhanced.  
 
1.2.4 Research lines and on-going projects 
Thermochemical energy storage, solar calcination and high-temperature solar receivers are 
gaining the attention of many research projects. As described above, the CSP-CaL process has a 
number of advantages which are fully aligned with the current research lines about CSP plants, 
namely: i) increasing the plant efficiency; ii) LCOE reduction; iii) increasing the dispatchability 
in CSP plants and iv) improving the sustainability and the environmental impact [174]. Several 
projects (recently finished or on-going) related with the CSP-CaL integration are:  
1. SOCRATCES: Solar calcium-looping integration for thermo-chemical energy 
storage (2018-2020) 
The SOCRATCES project, funded by the European Union’s Horizon 2020 research and 
innovation programme, aims at demonstrating the suitability of this integration by erecting a pilot-
scale plant that will reduce the core risks of scaling up the technology as well as allow further 
understanding of the process integration. The longer-term goal is enabling highly competitive and 
sustainable CSP plants. The SOCRATCES concept stems from laboratory results Technology 
Readiness Level (TRL) of 4 to test the concept in a relevant environment (TRL5). Main expected 
results are: i) prototype demonstration of capacity for energy storage; ii) successful carbonator 
design with possibility to scale-up and iii) successful calcination at prototype scale by means of 
flash calcination technology. 
2. Carbon Dioxide Shuttling Thermochemical Storage Using Strontium (2014-2015) 
The project was awarded within the ELEMENTS (Efficiently Leveraging Equilibrium 
Mechanisms for Engineering New Thermochemical Storage) program, supported by the SunShot 
Initiative (DOE). The project uses safe, and non-corrosive strontium-based carbonates and high 
temperatures from concentrated sunlight to break chemical bonds and store energy during the day 
time. The use of strontium carbonate allows the system to be charged via the reversible 
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decarbonation reaction at solar energy input temperatures of 1300°C, allowing discharge of the 
stored solar energy at very high temperatures of over 1000°C.  
The project explored sintering inhibitors. Relatively stable materials supported by Yttria-
Stabilized Zirconia (YSZ) or SrZO3 were identified as the leading candidates.  
3. Regenerative Carbonate-Based Thermochemical Energy Storage System for 
Concentrating Solar Power (2014-2016) 
Within the ELEMENTS program, the Regenerative Carbonate-Based Thermochemical Energy 
Storage System for Concentrating Solar Power project aims to develop a TCES for CSP based on 
reversible gas-solids reactions of carbonate and silicate sorbent-based at bench-scale.   
The modified calcium carbonate sorbents under investigation by SRI for solar TCES performed 
hundreds of cycles in simultaneous TGA/DSC equipment to measure both mass and heat change 
as the material undergoes repeatedly high temperature carbonation/decarbonation reactions. 
Results showed that the highly-refined and tailored reinforced CaO sorbent developed exhibits a 
very stable multicycle behavior with a stable sorbent capacity around 0.3, although maybe 
conditioned by the expense of a considerable increase of material costs and technical issues in the 
Ca-based synthetic material fabrication.  
4. Demonstration of High-Temperature Calcium-Based Thermochemical Storage 
System for use with Concentrating Solar Power Facilities (2014-2018) 
This project, funded by the APOLLO program (DOE), aims to demonstrate a novel high-
temperature calcium-based thermochemical storage system for use with CSP facilities, which is 
directly related to the CSP-CaL system described throughout the present thesis. The system uses 
a highly refined and tailored reinforced CaO sorbent undergoing a reversible carbonation reaction 
in a parallel-plate heat exchanger reactor. Main objectives of the project are [175]: i) to optimize 
the CaO sorbent composition and to demonstrate the required high capacity and negligible 
degradation over a large number of cycles at temperatures around 750ºC; ii) to design, build and 
test bench-scale heat exchanger reactor system to demonstrate the sorbent capacity; iii) to carry 
out a techno-economic evaluation to optimize heat exchanger reactor system and balance of plant 
design; iv) to build and validate heat exchanger reactor design multiphysics mathematical models 
and v) to design, build and demonstrate field scale systems (1MWh).  
5. CSP2: Concentrated solar power in particles (2011-2015) 
The CSP2 project, funded by the European Union’s Horizon 2020 research and innovation 
programme, proposes to use dense gas-particle suspensions (around 50% of solids) in tubes 
irradiated by CSP as HTF. The dense phase is composed of a granular solid that resists 
temperatures up to 750ºC, which overcomes the limit imposed by molten salts systems, with a 
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70-90 % efficiency. It was developed and operated successfully a pilot solar receiver with 100-
150 kW thermal capacity placed on the focus of the 1 MW solar furnace of the CNRS. The solar 
loop was tested for 8 hours, with a flow rate of about 0.7 to 1.8 tonnes per hour. The solar receiver 
consisted of 16 1m long vertical tubes in which the dense gas-particle suspension (DPS) flowed 
vertically upward. 
6. TCSPower: Thermochemical Energy Storage for CSP Plants (2011-2015) 
The overall objective of the TCSPower project, funded by the European Union’s Horizon 2020 
research and innovation programme, is to build a new, efficient, reliable and economic 
thermochemical energy storage (TCS) for concentrated solar power plants based on the 
decomposition of calcium hydroxide, which allows storing energy in a temperature range between 
450 and 550°C. For the higher temperatures CSP plants the redox reaction of manganese oxide is 
evaluated. A simulation tool for the design of TCS reactors with improved heat and mass transfer 
characteristics is used to identify suitable reactor concepts for the hydroxide and the redox 
reaction system. Both concepts are being experimentally evaluated at laboratory scale. 
Additionally, an up-scaling to 10kW will be realized for the more promising reaction system to 
evaluate the performance of a pilot-scale TCS reactor. 
7. SOLPART: High temperature Solar-Heated Reactors for Industrials Production of 
Reactive Particulates (2016-2019) 
This project is also funded by the European Union’s Horizon 2020 research and innovation 
programme. The main objective of the SOLPART project is to develop, at the pilot scale, a high 
temperature (950°C) 24h/day solar process suitable for supply totally or partially the thermal 
energy requirement for CaCO3 calcination by high temperature solar heat. The system will operate 
at 950°C and will include a 30 kWth solar reactor producing 30 kg/h CaO and a 16h hot CaO 
storage [176]. The project develops and merges three advanced technologies: high temperature 
solar reactor, transport of high-temperature solid materials and high temperature thermal storage.   
8. NEXT-CSP: High Temperature concentrated solar thermal power plan with 
particle receiver and direct thermal storage (2016-2020). 
This project is also funded by the European Union’s Horizon 2020 research and innovation 
programme. The project proposes a fluidized particle-in-tube concept. It aims to further develop 
the technology to make it rapidly cost-efficient and ready to be introduced in the market. A cost 
reduction by 38% is expected with respect to current CSP electricity cost. A 4-MWth tubular solar 
receiver able to heat particles up to 800°C will be constructed and tested. The rest of the loop, a 
two-tank particle heat storage and a particle-to-pressurized air heat exchanger coupled to a 1.2 
MWe gas turbine, will also be tested [177].  
36 
 
1.3 Motivation of the thesis and research opportunities  
 
The motivation of the thesis is to advance in the knowledge on the CaL process for both 
applications: post-combustion CO2 capture (PCC) and thermochemical energy storage (TCES). 
As discussed throughout the previous sections, the CaL process has potential advantages 
regarding the state-of-the-art of the technology, i.e. amines-based CO2 capture system and molten 
salt-based CSP plants, respectively.   
The CaL process is already widely studied for CO2 capture in fossil fuel power plants, as TCES 
system in renewable power plants and to enhance H2 production from methane reforming. Either 
one of these applications requires particular reaction conditions to which the sorbent performance 
(reaction kinetics and multicycle conversion) is extremely sensitive [12]. Therefore, specific 
models based on the conditions of any application are needed.  
 
For post-combustion CO2 capture, promising preliminary results have led to the proliferation of a 
large number of studies in recent years about the CaL integration in non-renewable power plants 
being remarkable the successful operation of 1-2 MW pilot plants for a large number of hours, 
such as La Pereda [10] or Darmstadt [93]. However, several challenges must be solved for a large-
scale deployment of the CaL technology. Nowadays, research is mainly focused on enhancing the 
CaO multicyclic activity, improving the reactors design, improving heat integration in the plant 
and reducing both CAPEX and OPEX to increase the process profitability. A proper 
understanding of the reaction mechanisms is a key point for designing the reactors, whose 
operating conditions (pressure, temperature, size, gas velocity, etc.) will determine the CO2 
capture efficiency. It requires specific accurate models. 
The multicyclic calcination/carbonation behavior of CaO used in models found in literature 
[47,77,86,87] has usually been inferred from thermogravimetric analysis (TGA) results in which 
calcination is often carried out under low CO2 partial pressure due to technical limitations related 
to insufficiently fast heating/cooling rates of conventional ovens.  Under these conditions, most 
of the carbonation reaction in short residence times occurs on the surface of the solids through a 
reaction controlled fast phase whereas the subsequent solid-state diffusion-controlled phase is 
comparatively negligible. Recent TGA studies demonstrate that carbonation on the surface of the 
particles in the reaction controlled fast phase is extraordinarily hampered when the solids are 
regenerated under high CO2 pressure in accordance to realistic conditions. On the other hand, 
carbonation in the subsequent solid-state diffusion phase gains a substantial relevance [173,178].  
The integration of CaL process as post-combustion CO2 capture system in CFPP would involve 
energy penalty ranges between 4 and 7% points over the reference plant efficiency, which is less 
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than using MEA-based systems. Nevertheless, CaO deactivation with the number of cycles 
remains as a shortcoming of the CaL system, which causes an energy consumption that could be 
reduced if CaO rapid deactivation is mitigated.  An important effect of CaO deactivation is that a 
larger equipment size is required because of the massive presence of non-reacting solids in the 
system. Improving the CaO multicycle conversion and process integration could reduce the 
equipment size and therefore the capital cost, which currently hinder the deployment of CO2 
capture technologies.  
Thus, further knowledge is needed to: 
a) Evaluate the CaL process efficiency under realistic conditions, similar to those that would 
be obtained when applying the CaL process in a power plant at a commercial scale. It 
includes the development of models for the reactions to estimate the capture efficiency 
taking into account the carbonation in the solid-state diffusion carbonation stage. Results 
from these novel models can affect considerably the optimal conditions that until now 
have been considered for the operation of the CaL process, namely, calcination and 
carbonation temperatures of 900ºC and 650ºC respectively with a particles residence time 
in both reactors of around 5 minutes.  
b) Develop new integration schemes. Thus, if the reactor design changes by considering 
more realistic conditions, the carbon capture process scheme should also vary to be 
adapted to the optimal operating conditions. Therefore, not only novel reactor models are 
needed but also new CFPP-Cal integration process schemes.  
c) Moreover, from the analysis of the penalties in the power plant performance when 
incorporating the CCS system, synergies between main CO2 capture technologies, 
namely, oxy-combustion, membranes and post-combustion (either CaL or amines) can 
be detected, which makes interesting the analysis of hybrid processes. This requires the 
study of each one of these processes to identify the optimum integration and operation 
conditions to improve the global process. To this end, lab-scale test and modelling are 
needed to identify the synergies and impact. 
 
Regarding the integration of the CaL process in CSP plants, Section 1.2 discusses the huge 
potential of the CaL process as TCES system. The number of Concentrating Solar Power (CSP) 
plants is notably increasing throughout the world in the last 10 years, reaching a total installed 
capacity worldwide 5 GWe [121]. However, for a massive deployment of CSP facilities several 
challenges need to be addressed. The CSP-CaL process is fully aligned with the priority research 
lines in CSP technology, namely, enhancing dispatchability, increasing plant efficiency and cost 
reduction  [174]. Dispatchability can be improved taking advantage of the high storage energy 
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density of the CaCO3/CaO system. Because the carbonation reaction occurs at temperatures as 
high as 890ºC in a pure CO2 atmosphere at ambient pressure (and even higher by increasing the 
reactor pressure) a higher temperature of heat introduced in the thermodynamic cycle and 
therefore a higher cycle efficiency than in molten salt-based plants can be achieved. Moreover, 
cost and sustainability of CSP plants can be enhanced due to low cost, wide availability and non-
toxicity of natural CaO precursors (i.e. limestone or dolomite). 
The interesting opportunities for the integration of the CaL process as TCES system require new 
knowledge focused on: 
d) Analysis of the feasibility of the process equipment and systems to be integrated at 
industrial scale. 
 
e) Reactors modelling under TCES realistic operation conditions. CaL process conditions 
for thermochemical energy storage are not identical to those in CO2 capture. Thus, 
optimum reactors temperature and pressure or atmosphere composition varies from one 
application to another and therefore kinetics, sorbent multicyclic conversion, and physical 
properties must be analyzed from specific lab-scale tests. 
   
f) Process schemes to optimize the energy integration. A large number of feasible schemes 
for integrating the CaL process in CSP plants are possible. This includes configurations 
considering low temperature tanks for long-term energy storage but also high temperature 
storage in configurations similar to commercial ones with daily storage. 
 
g) Power cycles integration assessment. The CaL process allows operating at higher 
temperatures than in current CSP plants. To take advantage of this, a proper selection and 
configuration of the power cycle must be addressed.  
 
h) Finally, it is remarkable that most of the current research on integrating the CaL process 
for both CO2 capture and TCES considers limestone as CaO precursor because of the 
important advantages of using this natural compound. However, the use of other materials 
with interesting characteristic should be analyzed. 
 
These research opportunities are addressed through the present thesis. The next section describes 
in detail specific objectives according to the research lines described above.  
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2. Objectives 
 
In the previous section the context, framework and opportunity for the development of this thesis 
has been presented. Following, the specific objectives addressed along the thesis are described.  
The present thesis aims to contribute to the CFPP-CaL integration research with the following 
objectives: 
1) Developing models based on lab-scale tests using realistic process conditions. From 
the analysis of full-scale plant operation, a set of operation conditions should be 
defined to be later reproduced at lab-scale. Results of lab-scale tests can be used in 
the development of a novel carbonator model which considers realistic CaO 
regeneration conditions. The new model would allow a more accurate evaluation and 
prediction of the carbonator performance, which is relevant for the development of 
process configurations and reactors design for the integration in real power plants. 
This objective intends to respond to the research opportunity (a) discussed in the 
previous section.  
2) Improving the process scheme to reduce the energy consumption in realistic CaL 
operation. CO2 capture efficiency and heat integration within the CFPP-CaL plant 
should be designed by considering the important role of the diffusion-controlled 
carbonation phase, which becomes relevant when CaO regeneration is carried out 
under high CO2 partial pressure as is the case in the CaL process for CO2 capture. 
This objective intends to respond to the research opportunity (b) discussed in the 
previous section. 
3) Evaluating the performance of several natural CaO precursors, such as limestone, 
dolomite, and steel slag. Even though there is a large number of synthetic sorbents 
that are being currently analyzed within the CaL process, the present thesis is focused 
on the study of sustainable, environmental-friendly, low cost and widely available 
precursors as required to make possible the CaL large scale deployment. 
Experimental results on their multicycle capture capacity behavior at realistic CaL 
conditions are needed to evaluate the feasibility of using these CaO precursors. 
Furthermore, the energy penalty that arises from the integration of the CaL process 
into a coal fired power plant using these CaO precursors should be addressed.  This 
objective intends to respond to the research opportunity (h) discussed in the previous 
section. 
4) Developing a new hybrid process based on the CaL technology which could improve 
state-of-the-art configurations. Hybrid processes, which take advantage of synergies 
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between different CO2 capture systems (such as CaL, oxy-combustion or membranes 
technology), could reduce the energy consumption and the equipment size associated 
to integrate CO2 capture in fossil-based power plants. This objective intends to 
respond to the research opportunity (c) discussed in the previous section. 
Regarding the development of the CaL process as TCES system, the present thesis aims to 
contribute to the CSP-CaL integration research through the following objectives: 
5) Developing models based on realistic operation and multicyclic behavior of CaO 
within TCES schemes. Thus, a specific carbonation model for TCES should consider 
optimal integration conditions of the CaL process within CSP facilities, such as 
reducing the receiver temperature and increasing, as much as possible, the 
carbonation temperature. Moreover, carbonation under high pressure is an interesting 
option to improve the power cycle efficiency in TCES schemes, which requires the 
analysis of how the carbonation (kinetics, sorbent deactivation, etc.) is affected by 
increasing the reactor pressure.  This objective intends to respond to the research 
opportunity (e) discussed in the previous section. 
6) Performing a critical assessment about the advantages and challenges of developing 
the CaL process for high temperature thermochemical energy storage. This objective 
intends to respond to the research opportunity (d) discussed in the previous section. 
7) Gaining knowledge about the possibilities of integrating the CaL process in both new 
and operating CSP plants. Power production from the stored energy by means of a 
Brayton CO2 closed cycle could improve both the reliability and the power plant 
efficiency regarding previously proposed schemes, which are based on air open 
schemes. This objective intends to respond to the research opportunity (d) discussed 
in the previous section. 
8) Exploring the integration with the TCES core system of alternative direct and indirect 
cycles (steam turbine, closed Brayton CO2 and indirect-supercritical CO2) for 
relevant CSP-CaL integration conditions. This objective intends to respond to the 
research opportunity (g) discussed in the previous section. 
9) Enhancing the CSP-CaL plant efficiency by improving heat integration. An 
interesting possibility of the CaL process is to store energy at ambient temperature 
for long term energy storage. However, due to the high temperatures in both the 
calciner and carbonator reactors, a low temperature storage involves a large streams 
temperature change along the entire cycle, which makes crucial an optimized heat 
integration to achieve an adequate system efficiency. This objective intends to 
respond to the research opportunity (f) discussed in the previous section. 
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10) Another possibility is to store the solids at high temperature. In this case the process 
scheme is simplified by requiring fewer heat exchangers due to a lower temperature 
difference between the reactors and storage. On the other hand, long term storage 
cannot be considered because of the temperature losses. However, the CSP-CaL 
system could be operated under a solar multiple (defined as the ratio of the solar 
thermal power to the power block design thermal input) in a similar way than in 
currently CSP plants. The development of specific schemes for this configuration 
could reach a compromise between the overall plant efficiency and heat integration 
complexity. This objective intends to respond to the research opportunity (f) 
discussed in the previous section. 
11) Assessing the technologies to be used within the CSP-CaL scheme, with special focus 
on solar receiver and solids management. This objective intends to respond to the 
research opportunity (d) discussed in the previous section. 
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3. Summary of main results and discussion 
 
Following the objectives presented in the previous section, an intense research activity has led to 
a number of results which are summarized and discussed below. These results have been 
published within a set of research papers that show the multidisciplinary work carried out within 
this thesis. The full manuscripts are included in the Annexes 1-10.   
 
3.1. Carbonation model for CO2 capture 
 
This section summarizes the main results obtained by the research activity according to the 
objective (1), Section 2. As a result of the research activity, in this thesis it is proposed a novel 
carbonator reactor model for CO2 capture based on lab-scale multicyclic CaO conversion results 
which consider realistic CaO operation conditions. These results were published in [179]. 
 
3.1.1 Carbonation model development 
 
As shown by the data originally reported in [180], the contribution of the diffusion-controlled 
phase to CaO conversion is quite relevant being of the same order than CaO conversion in the 
reaction controlled phase for 5 min overall carbonation periods. Moreover, an increase of the 
carbonation phase above 5 min would lead to higher conversion in the diffusive phase since 
carbonation in this stage grows roughly linearly with time until carbonation is completed. Thus, 
the average conversion of the CaO particles present in the reactor (𝑋𝑎𝑣𝑒) is given by the sum of 
conversion in the kinetic fast phase (𝑋𝑎𝑣𝑒,𝐾) plus conversion in the diffusive phase (𝑋𝑎𝑣𝑒,𝐷). 
Unlike other capture models found in the literature, which assume that carbonation reaches 
maximum conversion at a constant rate (proportional to the free surface available of CaO and the 
thickness of the CaCO3 layer formed) in a time after which the reaction rate drops to zero, the 
new model proposed in this thesis assumes that the time evolution of CaO conversion can be 
approximated by two lines of constant slope, one corresponding to the reaction controlled 
carbonation stage and another for the diffusive phase. According to experimental measurements, 
conversion would be increased linearly with time in the diffusion controlled stage [180].  
The flow rate of CaO solids entering the carbonator (𝐹𝑅) as well as the CaO present in the reactor 
bed (𝑁𝐶𝑎) react with the pure CO2 stream (flow rate 𝐹𝐶𝑂2) to produce CaCO3. Assuming perfectly 
mixed solids in the reactor, the average maximum conversion (𝑋𝑚𝑎𝑥,𝑎𝑣𝑒) can be calculated as the 
weighted sum of conversions after 𝑁 cycles: 
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𝑋𝑚𝑎𝑥,𝑎𝑣𝑒 = 𝑋𝑚𝑎𝑥,𝑎𝑣𝑒,𝐾 + 𝑋𝑚𝑎𝑥,𝑎𝑣𝑒,𝐷 =  ∑ 𝜙𝑁𝑋𝑁𝐾
𝑁=∞
𝑁=1
+ ∑ 𝜙𝑁𝑋𝑁𝐷
𝑁=∞
𝑁=1
 (3) 
 
where 𝜙𝑁 is the fraction of particles subjected to a given number of cycles N [66] and 𝑋𝑁𝐾 and 
𝑋𝑁𝐷 is the CaO conversion in cycle N in the kinetically and diffusion controlled stages 
respectively. 
The average reaction rate can be expressed as a function of the phase in which particles are 
reacting (Eq. 4): 
𝑟𝑎𝑣𝑒𝑖 =
{
 
 
 
 𝑟𝑎𝑣𝑒,𝐾 =
𝑋𝑚𝑎𝑥,𝑎𝑣𝑒,𝐾
𝑡𝐾  
 𝑠𝑖 𝑡 ≤ 𝑡𝐾
𝑟𝑎𝑣𝑒,𝐷 =
𝑋𝑚𝑎𝑥,𝑎𝑣𝑒,𝐷
𝑇0 − 𝑡𝑘  
 𝑠𝑖 𝑡𝐾 < 𝑡 ≤ 𝜏}
 
 
 
 
 (4) 
 
where 𝑟𝑁𝑖 is the reaction rate in the i-phase (either kinetic or diffusion), 𝑡𝐾 is the time of the kinetic 
phase, 𝜏 is the average residence time of the particles in the carbonator (𝜏 =
𝑁𝐶𝑎
𝐹𝑅
 ) and  
𝑋𝑚𝑎𝑥,𝑎𝑣𝑒,𝐷
𝑇0−𝑡𝑘 
  
is the rate of diffusive conversion that is derived from experimental data reported in [180]. 
 
The average conversion of the particles leaving the carbonator can be obtained from the sum of 
the average particle conversion reacting in the fast carbonation phase (𝑋𝑎𝑣𝑒,𝐾) and the average 
particle conversion reacting in the diffusive phase (𝑋𝑎𝑣𝑒,𝐷): 
𝑋𝑎𝑣𝑒 = 𝑋𝑎𝑣𝑒,𝐾 + 𝑋𝑎𝑣𝑒,𝐷 = 𝑓𝑎𝑋|≤𝑡𝐾 + (1 − 𝑓𝑎)𝑋|>𝑡𝐾   (5) 
𝑋|≤𝑡𝐾 =
∫ 𝑟𝑎𝑣𝑒,𝐾
𝑡𝐾
0
𝑡 (
1
𝜏) 𝑒
−
𝑡
𝜏 𝑑𝑡 
1 − 𝑒−
𝑡𝐾
𝜏
 (6) 
𝑋|>𝑡𝐾 = 𝑋𝑚𝑎𝑥,𝑎𝑣𝑒,𝐾 +
∫ 𝑟𝑎𝑣𝑒,𝐷
𝜏
𝑡𝐾
𝑡 (
1
𝜏) 𝑒
−
𝑡
𝜏 𝑑𝑡 
1 − 𝑒−
𝑡𝐾
𝜏
 (7) 
where  𝑓𝑎 is the fraction of particles reacting in the kinetic phase, which is given by [87]: 
𝑓𝑎 = (1 − 𝑒
−
𝑡𝐾
𝜏 )     (8) 
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Since conversion is typically low except for the first cycles, the kinetic expression proposed by 
Bhatia et al. [181] can be simplified by dismissing the dependence on conversion as done in [87]. 
Thus, it is possible to express the average reaction rate in each carbonation phase as: 
𝑟𝑎𝑣𝑒𝐾 = 𝑘𝑠𝑆𝑎𝑣𝑒𝐾 (𝐶𝐶𝑂2−𝐶𝐶𝑂2𝑒𝑞) (9) 
𝑟𝑎𝑣𝑒𝐷 = 𝐷
∗
𝑒𝑓𝑓 (𝐶𝐶𝑂2−𝐶𝐶𝑂2𝑒𝑞)   (10) 
Where 𝑆𝑎𝑣𝑒𝐾  is the average area surface for a particle reaction in the kinetic phase [182], 𝐷
∗
𝑒𝑓𝑓 
is an effective diffusion constant obtained by fitting experimental kinetics results and 𝐶𝐶𝑂2 and 
𝐶𝐶𝑂2𝑒𝑞 are the average and equilibrium CO2 concentration respectively.  
Assuming that the gas passes in plug flow through a bed of perfectly mixed solids, the carbon 
mass balance in the gas phase in a differential element of the carbonator reactor can be written as: 
𝐹𝐶𝑂2
𝑑𝐸𝐶𝑂2
𝑑𝑧
= 𝐴
𝜌𝐶𝑎𝑂
𝑉𝑀𝐶𝑎𝑂
(𝑓𝑎𝑟𝑎𝑣𝑒𝐾 + (1 − 𝑓𝑎)𝑟𝑎𝑣𝑒𝐷) 
(12) 
 
Integrating Eq. (12) along the carbonation reactor, it results 
𝑧 =
𝐹𝐶𝑂2 · 𝑀𝐶𝑎𝑂
𝑊𝑠 · 𝜌𝑔 · (𝑆𝑎𝑣𝑒𝐾 · 𝑓𝑎 · 𝑘𝑠 + 𝐷
∗
𝑒𝑓𝑓 · (1 − 𝑓𝑎)
ψ 
(13) 
 
where,  
ψ = [−
𝑓0
𝑓0𝑓𝑒 − 𝑓0
𝐸𝐶𝑂2 +
𝑓0(𝑓0 − 1)
(𝑓0𝑓𝑒 − 𝑓0)2
ln (
(𝑓0 − 𝑓𝑒) + (𝑓0𝑓𝑒 − 𝑓0)𝐸𝐶𝑂2
𝑓0 − 𝑓𝑒
 ) ] 
(14) 
 
and 𝑓𝑒 and 𝑓0 are the equilibrium and inlet molar fraction of CO2, respectively. 
Finally, the capture efficiency in the carbonator 𝐸𝐶𝑂2 can be calculated as: 
𝐸𝐶𝑂2 =
𝐹𝑅
𝐹𝐶𝑂2
𝑋𝑎𝑣𝑒 
(15) 
3.1.2 Model results and discussion  
A series of parametric calculations were carried out to determine the CO2 capture efficiency of 
the carbonator under different operating conditions to compare the proposed model and a similar 
model that dismissed the CO2 capture in the diffusion stage [87]. Figure 5 shows that, neglecting 
the CO2 capture capacity in the diffusion stage, the capture efficiency is not improved further after 
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a residence time of about 300 s since the fraction of active particles (considered as only those able 
to react in the fast phase) diminishes with time quickly. On the other hand, the capture efficiency 
is further improved by taking into account the enhanced conversion in the diffusive phase as 
shown by the results obtained from the model proposed. As can be seen in the right axis of Figure 
5, the capture efficiency in the diffusive phase (𝐸𝐶𝑂2,𝐷) represents most of the contribution to the 
total carbonation efficiency just after tens of seconds. Consequently, the capture efficiency 
continues to increase with the residence time and may reach a high value at residence times above 
500 s. 
 
Figure 5: -Left axis- Carbonation efficiency as a function of the residence time in the reactor. –Right 
axis- Ratio of CO2 capture efficiency by in the reaction controlled phase to carbonation efficiency in 
the diffusion controlled phase as a function of residence time [179].  
 
Figure 6 shows the effect on the capture efficiency (𝐸𝐶𝑂2) of increasing the residence time 
(horizontal bottom axis) by decreasing the flow rate of recirculated solids between the reactors 
(FR, horizontal top axis) while maintaining fixed a value for the solids inventory.  
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Figure 6: Carbonation efficiency as a function of the residence time in the carbonator. The blue line 
represents the CO2 capture efficiency according the reference model proposed in [87] while the orange 
line is obtained from the novel carbonator model [179]. 
As may be observed, by considering CaO conversion in the diffusive phase, the capture efficiency 
is notably increased by increasing the value of the average residence time of the particles (τ) while 
the solids recirculation flow rate is decreased (with a constant value of solids inventory in the 
carbonator). This plays a crucial role in the CaL process design, affecting not only to reactors 
design but also the stream flows along the plant. An additional benefit of reducing the 
recirculation flow rate can be that the solids activity would be extended for longer times since the 
frequency of calcinations is reduced, which would serve to minimize the makeup flow of fresh 
limestone needed. 
 
These results were published in [179]. The full manuscript including complete information 
about the proposed carbonation model for CO2 capture is presented in Annex 1.  
 
3.2. Carbonation model for TCES 
 
This section summarizes the main results of the work according to the specific objective (5), 
which is described in Section 2. In this regard, the analysis carried out in this thesis to model the 
carbonation reaction for its specific application as TCES system is discussed below. The novel 
carbonation kinetics model, which was developed by Professor Jose Manuel Valverde, is 
focused on the conditions that lead to an efficient energy integration of CSP-CaL plants for TCES. 
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A new analytic expression is proposed to estimate the carbonation reaction rate as a function of 
temperature and pressure. These results were published in [183]. 
3.2.1 Kinetics analysis and carbonator model  
The model considers an ideally plane surface of a perfectly crystalline CaO solid where 
carbonation takes places in a full CO2 atmosphere.  As usually observed in heterogeneous 
gas/solid reactions [184], carbonation consists of  two consecutive stages: i) CO2 molecules 
become physically adsorbed on the CaO surface, after which  ii) chemical reaction takes place 
producing CaCO3.  According to the pseudo-steady state hypothesis [185], the rate of increase of 
the fraction of active sites filled with CO2 by adsorption must balance the rate of decrease of filled 
active sites by chemical reaction in order not to have a net accumulation of reactive intermediates. 
Thus, the rates of adsorption 𝑟𝑎 and chemical reaction  𝑟2: 
𝑟𝑎 = 𝑘𝑎 𝜃 𝑃 − 𝑘𝑑  (1 − 𝜃) 
(16) 
𝑟2 = 𝑘2 (1 − 𝜃) − 𝑘1𝜃 
(17) 
Where 𝜃 is the fraction of active empty sites, P is the CO2 partial pressure and 𝑘𝑖 are the reaction 
rate constants. 
The microscopic reversibility principle, which has been successfully applied to the kinetics 
description of a number of reversible processes [186],  determines that for the overall reaction to 
reach equilibrium (𝜃 = 𝜃𝑒𝑞 , 𝑃 = 𝑃𝑒𝑞), the rate of any process in each elementary step must be 
equal to the rate of its reverse process (𝑟𝑎 = 𝑟2 = 0) [88]. Assuming, as in most gas–solid 
heterogeneous reactions [184], that the rate-limiting step is the chemical reaction stage (𝑘1, 𝑘2 ≪
𝑘𝑎𝑃, 𝑘𝑑) and rearranging, we arrive at: 
𝑟 ≈ 𝑎2 𝑒
−
𝐸2
𝑅𝑇 (
𝑃
𝑃𝑒𝑞
− 1)
(
 
 1
𝑃
𝑃𝑒𝑞
+ 𝑒
∆𝑆2
0
𝑅  𝑒−
∆𝐻2
0
𝑅𝑇
)
 
 
       
(18) 
where 𝐸2 is the carbonation activation energy, 𝑎2 is a preexponential factor and R the gas constant 
(𝑘2 = 𝑎2 𝑒
−𝐸2/𝑅𝑇). The Van't Hoff equation [184] has been used  for the equilibrium constant 
𝐾2 = 𝑘2/𝑘1 = 𝑒
−∆𝐺2
0/𝑅𝑇 being ∆𝐺2
0 = ∆𝐻2
0 − 𝑇 ∆𝑆2
0 the standard free energy change of 
carbonation. Equilibrium pressure (𝑃𝑒𝑞) is calculated according thermochemical data 
[161,187,188]. 
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As the reaction evolves, the carbonation rate is determined as a function of conversion degree X, 
and reaction temperature T and pressure P. Experimental results on the time evolution of 
conversion show the typical sigmoidal shape of autocatalytic processes and are well fitted 
by a Prout−Tompkins model function [189] modified by introducing as conversion limit  
the CaO conversion at the end of the reaction controlled phase:  
𝑑𝑋
𝑑𝑡
= 𝑋 (1 −
𝑋
𝑋𝑘
)  𝑟(𝑇, 𝑃)  ↔ 𝑋(𝑡) =
𝑋𝑘
1 + 𝑒−𝑟(𝑡−𝑡0)
 
(19) 
The new reaction kinetics expression shows a good agreement with experimental data and 
previous works [158]. As may be seen in Figure 7a, a rather good agreement can be found between 
experiments and theory by only adjusting the pre-factor 𝑎2  in Eq. 18 as a free parameter in the 
theoretical curve. In view of these results, and even though technical limitations prevented us 
from carrying out carbonation experiments at pressures greater than atmospheric, Eq. 18 can be 
used to estimate the reaction rate under CO2 at pressurized conditions. Table 2 summarizes the 
values used for the reaction enthalpies, entropies, and activation energies that will be employed 
for the theoretical reaction rate in the modelling analysis ahead.    
Table 2: CO2 partial pressure at equilibrium, reaction rate and values of enthalpy-entropy changes in 
the chemical decomposition and desorption stages, and activation energies [183]. 
 
∆𝐻𝑟
0 180 kJ/mol 𝐸2 20 kJ/mol 
∆𝐻1
0 160 kJ/mol ∆𝑆𝑟
0 0.16 kJ/(mol·K) 
∆𝐻𝑑
0 20 kJ/mol ∆𝑆1
0 0.068 kJ/(mol·K) 
𝐸𝑑 20 kJ/mol ∆𝑆𝑑
0 0.092 kJ/(mol·K) 
𝐸1 180 kJ/mol 𝑎2 1160 (1/s) 
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Figure 7: Reaction rate obtained from experimental tests (using different TG analyzers as indicated) 
and theoretically predicted (Eq. 10, with a2=1160 1/s) for carbonation under pure CO2 at atmospheric 
pressure as a function of the temperature [183]. 
 
Using the proposed model together with experimental thermogravimetric analysis results found 
in the literature [141,173,190], a carbonator model, which was previously employed to analyze 
the CaL process for CO2 capture [87],  has been adapted to analyze the carbonation behavior after 
a long number of cycles in the industrial process for its integration in CSP plants. 
As discussed above in the kinetics study, CaO conversion for a single particle in a certain 
residence time is dependent on carbonation temperature. Moreover, CaO conversion after several 
cycles decays to a residual value, which is also dependent on process conditions. By means of a 
mass balance, the maximum average conversion of the CaO particles in the carbonator can be 
expressed according Eq. (3). Unlike in the CO2 capture application, after calcination at 725ºC, 
most of the carbonation in short residence times on the regenerated CaO skeleton occurs in the 
fast stage due to the high CO2 concentration and carbonation temperature [190]. Thus, carbonation 
in the diffusion-controlled phase can be neglected in this case and therefore 𝑋𝑟 = 𝑋𝑘 . 
Accordingly, the present carbonator model assumes that carbonation occurs at a given rate until 
it reaches the maximum carbonation allowed in the fast carbonation stage, after which the 
particles remain inactive. Thus, only a fraction of particles, 𝑓𝑎 , are active in the carbonator with 
the capacity to react in the fast stage (Eq. 8). Considering a perfect mixing model, the average 
conversion of the particles leaving the carbonator (𝑋) can be calculated using the followed 
equations [87]: 
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𝑋 =
∫ 𝑟𝑎𝑣𝑒
𝑡𝐾
0
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−
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(20) 
𝑓𝑐𝑎𝑟𝑏 =
𝑋
𝑋𝑚𝑎𝑥,𝑎𝑣𝑒
 
(21) 
𝐸𝐶𝑂2 =
𝐹𝑅
𝐹𝐶𝑂2
𝑋 =
𝑁𝐶𝑎𝑓𝑎𝑟𝑎𝑣𝑒
𝐹𝐶𝑂2
 
(22) 
 
where 𝑓𝑐𝑎𝑟𝑏 is the average carbonation level in the carbonator and 𝑟𝑎𝑣𝑒 is the average reaction 
rate in the fast carbonation stage, which is calculated from the kinetics model theoretical 
prediction (Eq. 18).  
3.2.2 Modelling results 
The carbonator model allows us to carry out a sensitivity analysis to assess the effect of pressure, 
temperature and solids inventory in the carbonator on the average carbonation level (𝑓𝑐𝑎𝑟𝑏). As 
can be seen in Figure 8, the average carbonation level (𝑓𝑐𝑎𝑟𝑏) is enhanced by increasing the 
carbonator pressure due to faster reaction kinetics. After a few of seconds in the carbonator, most 
of the CaO reaches the maximum conversion due to the very fast kinetics achieved in these CaL 
conditions. This is basically because of the high amount of CO2 entering the carbonator (which 
exceeds the stoichiometric amount in order to use the effluent excess as heat carrier). 
According to the kinetics model, by increasing the carbonator temperature, the average 
carbonation level is slightly enhanced up to a temperature T(r max) is reached from which kinetics 
is penalized with the consequent curtailment of the average carbonation level. As shown in Figure 
8, this effect is mitigated when the carbonator pressure is increased, which is beneficial in practice 
since working at higher carbonator temperatures will promote the power cycle efficiency.  
These results were published in [183]. The full manuscript including complete information 
about the proposed carbonation model for TCES is presented in Annex 9.  
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Figure 8: Carbonator model results. Average carbonation level (fcarb) for several carbonation 
conditions (P, T). T(rmax) is the temperature at which the reaction rate reaches a maximum (Fig. 
3) [183]. 
 
3.3. CaL integration in Coal-Fired Power plants 
 
This section summarizes the main results of the work according to objectives (2-3) of the present 
thesis. A principal feature of the CaL process at CO2 capture conditions is that it produces a large 
amount of energy and therefore an optimized integration of the systems energy flows is essential 
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for the feasibility of the integration at the commercial level. The proposed integration model aims 
to analyze the process under realistic conditions for CO2 capture so the model proposed in Section 
3.1 is used to estimate the carbonation efficiency. This involves considering the important role of 
the diffusion-controlled carbonation phase, which becomes relevant when CaO regeneration is 
carried out under high CO2 partial pressure as it is the case with the CaL process for CO2 capture. 
These results were published in [191]. 
 
3.3.1 Integration scheme development 
A reference 505 MWe coal fired power plant (CFPP) is used in this work for analyzing the energy 
penalty arising from the CaL integration [51]. Combustion of 205 tonnes per hour of coal takes 
place in the steam boiler to generate 1,335.7 MWth with an 88.6% efficiency. For the steam cycle, 
a 42% thermal to electric steam turbine efficiency is assumed based on results reported for similar 
plants [77,192]. For the CaL-CFPP integration analysis, mass and energy balances in the process 
have been calculated by using the commercial software ASPEN PLUSTM. Figure 9 shows the 
schematic CFPP-CaL integration scheme. 
 
Figure 9: CFPP-CaL integration scheme [191]. 
 
The CaL process is started by calcination of the CaO precursor in the CFB calciner, where the 
heat necessary to increase the temperature of the solids to carry out the endothermic calcination 
reaction is provided by in-situ oxy-combustion of coal. For simulating the oxy-combustion of coal 
in the calciner reactor a model based on chemical and phase equilibrium through Gibbs’ free 
energy minimization methods is used. In the model, the energy penalty caused by The Air Unit 
Separation (ASU) is taken as 200 kWh per tonne of O2 produced according to results from 
previous reports [86,193] while the energy consumption derived from solids transportation has 
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been set at 20 MJ per tonne of solids [194]. A make-up flow of the CaO precursor is introduced 
into the calciner to compensate for sorbent deactivation.  
CO2 capture takes place in the CFB carbonator reactor. A solids stream (𝐹𝑅) composed by CaO 
enters the carbonator to react with the CO2 loaded flue gas stream (𝐹𝐶𝑂2 = 10,388 kmol/h) 
coming from CFPP main boiler. The operating carbonator temperature is set to 650°C and it works 
at atmospheric pressure. An inventory of solids in the carbonator bed (𝑊𝑠) of 200 tonnes of solids 
(400 kg/MWel) is considered as a typical value used in carbonator models [47,87,179]. Gas 
pressure loss across the carbonator reactor, which is operated in the continuous fluidized bed 
(CFB) regime, is calculated from the Kunii-Levenspiel (K-L) fluid dynamic model [195,196].  
The heat produced in the CaL cycle is used in a secondary superheated steam cycle for electricity 
generation. Steam operational parameters have been chosen from data of similar real power plants 
[197].  The steam boiler is modelled as: i) a preheater where the sensible heat from the flue gas 
stream is used; ii) an evaporator, which takes advantage of the energy released in the exothermic 
carbonation reaction and iii) a steam super-heater, which uses the sensible heat of the CO2 exiting 
the calciner. A possible strategy to minimize the global energy penalty is to exchange heat 
between the solids leaving the calciner and the solids entering it that must be heated up to the 
calcination temperature. Different systems have been proposed to this end such as a mixing valve 
[198] or a cyclonic preheater [199]. In order to simplify the model, a simple solid–solid heat 
exchanger is assumed with an approach temperature of 20 ºC. At the carbonator exit, the flue gas 
(after recovering 70-90% of CO2) is sent to a series of heat exchangers in order to recover sensible 
heat from the exhaust gases stream before being vented to the atmosphere. 
 
3.3.2 CFPP-CaL simulation results 
Parametric tests have been carried out in order to evaluate the CaL integration potential in a real 
power plant. Percentage of penalty points was calculated over the plant efficiency. As may be 
seen in Figure 10, the efficiency penalty is notably decreased as the solids residence time in the 
carbonator is increased. Moreover, the lower the flow rate of fresh limestone makeup the larger 
the reduction of efficiency penalty. Thus, it can be concluded that a lower flow of solids 
recirculation between the reactors would lead to a remarkable improvement of the integrated cycle 
efficiency. This is a relevant result to be highlighted that arises from the new carbonator model 
in which the importance of carbonation of the CaO solids in the diffusion controlled phase is 
considered. 
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Figure 10: Efficiency penalty for the integration of the CaL technology in a coal combustion power 
plant as a function of the solids residence time in the carbonator [191]. 
 
An interesting parameter to assess the tradeoff between the achieved CO2 capture efficiency and 
energy penalty is the specific energy consumption per kg of CO2 captured (SPECCA). Thus, 
SPECCA represents the additional fuel consumption (in MJ) necessary to avoid the emission of 
1 kg of CO2 into the atmosphere [56,200,201]. Most of the studies assessing SPECCA for 
conventional amine based capture systems lead to typical values of about 4 MJ/kg CO2 
[21,35,202].  Figure 11 shows the results of the values obtained for SPECCA in the proposed 
CFPP-CaL integration model to obtain a CO2 capture efficiency of 80% and 90%, respectively, 
as depending on the solids recirculation flow rate. As can be seen, for a given value of the solids 
recirculation flow rate (FR/F0 fixed), it is necessary to increase the amount of energy required to 
obtain a higher capture efficiency since the makeup flow rate of fresh limestone introduced into 
the system F0 must be increased. Furthermore, it is observed that a lower SPECCA is attained as 
the solids recirculation flow rate if decreased for a given capture efficiency. Thus, the additional 
energy consumption necessary to achieve a given capture efficiency is lowered as FR/F0 is 
diminished. 
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Figure 11: SPECCA value as a function of the ratio of solids recirculation flow rate to CO2 flow rate 
(FR/FCO2) to get a fixed CO2 capture efficiency (ECO2) value of 80% (left) and 90% (right) [191]. 
 
3.3.3 Comparison between natural CaO precursors  
Previous sections are based on limestone as CaO precursor. According to objective (3)   alternative 
Ca-based precursors have been studied. Although there is a large number of synthetic sorbents 
being currently analyzed within the CaL process, the present thesis is focused on the study of 
environmental-friendly, low cost and widely available precursors because of the importance of 
these factors for the CaL large scale deployment. Thus, this section summarizes results achieved 
by comparing limestone, dolomite and steel slag as CaO precursors over the CFPP-CaL scheme 
summarized in the previous section. These results were published in [203]. 
Dolomite (MgCa(CO3)2) is also a cheap and abundant natural CaO precursor, which upon 
calcination under the presence of CO2 is decomposed into MgO and CaO by a two stages process 
[48,204,205]. The use of dolomite in the CaL process for CO2 capture would allow reducing the 
calcination temperature to about 900ºC to attain full calcination of the makeup flow in short 
residence times [48]. Moreover, the presence of inert MgO grains in the dolomitic lime hinders 
aggregation and thus sintering of the CaO grains, which mitigates the drop of CO2 capture 
capacity with the number for cycles [48,206]. 
In the same line, the use of steel slag as alternative CaO precursor in the CaL process is also 
gaining the attention of researchers [207,208]. Steel slag is produced in large amounts by the 
metallurgical industry, remaining an important part as final waste without valorization. By a 
previous treatment with acetic acid, calcium acetate as CaO precursor is obtained [209]. Results 
from TGA tests show that decomposition of calcium acetate occurs mainly in three steps [209–
211]: i) an initial dehydration, which occurs from ambient temperature to approximately 250ºC; 
ii) calcium acetate decomposition from 300ºC to 450ºC to release acetone and CaCO3 and iii) 
calcination of CaCO3 from 620ºC to 700ºC.  According to TGA results [209], the CaO-based 
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sorbent derived from steel slag presents a low deactivation rate at realistic CaL conditions, which 
would expectedly improve the CO2 capture efficiency of the process. A comparison of capture 
capacity (CC) in both fast and diffusive-controlled carbonation stages between limestone, 
dolomite and steel slag is shown in Figure 12.  
 
Figure 12: Total CO2 capture capacity, capture capacity in the fast reaction controlled phase (FRP) 
and solid-sate diffusion controlled phase (SDP) as a function of the cycle number for limestone, 
dolomite and steel slag [63] [48] [209]. Reproduced from [203]. 
As can be seen in Figure 12 in the case of limestone derived CaO, the contribution of the diffusion 
controlled phase to the overall CO2 capture capacity in each cycle is similar to the capture capacity 
in the fast reaction controlled phase (for 5 min overall carbonation periods). Carbonation in the 
SDP becomes even more relevant for dolomite and steel slag, which suggests that the capture 
performance may be further improved if the solids residence time in the carbonator is prolonged 
beyond a few minutes. SPECCA results plotted in Figure 13 show that increasing the solids 
residence time leads to a decrease of energy consumption for all the CaO precursors.  
 
Figure 13: SPECCA values as a function of solids residence time in the carbonator for different CaO 
precursors [203]. 
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As shown in Figure 13, under the simulated conditions, a SPECCA as low as 2.2 MJ/Kg CO2 is 
obtained for dolomite at carbonation residence times of 10 minutes (corresponding to a solids 
recirculation flow rate of 𝐹𝑅 = 40,500 kmol/h) as compared to 2.6 MJ/Kg CO2 for limestone.
These results were published in [191,203]. The full manuscripts including further information 
about the CFPP-CaL integration modelling are presented in Annexes 2 and 4.  
3.4. The novel Oxy-CaL process for CO2 capture 
This section summarizes the main results of the work according to objective (4) of the present 
thesis. Thus, a novel CO2 capture system (Oxy-CaL) is proposed from the integration of partial 
oxy-combustion and the CaL process based on the multicycle carbonation/calcination of 
limestone derived CaO. Basically, Oxy-CaL consists of carrying out a partial oxy-combustion 
process to produce a flue gas with a CO2 concentration in the range 30-60% vol, which is then 
sent to the CaL capture process. The new process development is supported by experimental 
results from TGA analysis on the multicycle conversion of limestone derived CaO under realistic 
calcination conditions (high temperature and high CO2 concentration). These TGA results are 
used in the Oxy-CaL integration model to calculate the CO2 capture efficiency from process 
simulations. The energy penalty arising from the diverse CO2 capture technologies considered 
(total oxy-combustion, CaL and Oxy-CaL) is analyzed and compared with those of other CO2 
capture systems. These results were published in [54]. 
3.4.1 Thermogravimetric analysis 
TGA tests were carried out by Dra. Mónica Benítez and Dr. Antonio Perejón, recognized 
specialists in TGA techniques, within a fruitful collaboration among our working groups [54]. In 
these TGA tests, the CO2 concentration in the carbonation environment was varied in the range 
15-60% vol to address the effect of an excess of CO2 in the carbonator over the typical vol% in
the flue gas at typical combustion conditions (~15%). Moreover, the carbonation temperature was 
varied in the range 625-680ºC, which affects critically the carbonation kinetics in the solid-state 
diffusion-controlled stage as will be seen. Figure 14 shows the different sorbent behaviors in both 
configurations. As may be seen, carbonation in the fast phase is markedly enhanced as the CO2 
concentration is increased, whereas, on the contrary, diffusion-controlled carbonation is markedly 
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hindered. Thus, carbonation in the diffusion-controlled stage loses relevancy as the CO2 vol% is 
increased.  
 
Figure 14: Time evolution of the sorbent mass % during the carbonation and calcination stages in the 
a) 1st cycle (N=1) and b) 20th cycle (N=20) for limestone tested under CaL (15% vol CO2 
carbonation) and Oxy-CaL (30%, 45%, 60% vol CO2 carbonation) conditions. I indicates the 
carbonation stage, II the transition stage and III the calcination stage. Mass gain in the two phases of 
carbonation (fast reaction-controlled phase FRP and solid-state diffusion controlled phase SDP) are 
indicated [54]. 
 
Figure 15a shows the thermograms corresponding to the 1st cycle obtained from TGA tests 
performed at different carbonation temperatures (625, 650 and 680ºC) under CaL conditions (15% 
vol CO2 carbonation). As may be observed, a variation of just about 25ºC around the typical 
carbonation temperature used in pilot-scale plants (~650ºC) has a significant effect on the CO2 
uptake in the diffusion-controlled stage, which notably affects the overall capture capacity. Thus, 
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carbonation in this phase is enhanced with temperature while a decrease of the carbonation 
temperature yields a rapid decay of the carbonation rate in this solid-state diffusion-controlled 
stage. A similar behavior has been observed for the samples tested under Oxy-CaL conditions 
(Figure 15b). 
 
Figure 15: Time evolution of the sorbent mass % during the 1st cycle (N=1) for limestone under (a) 
CaL (15% vol CO2 carbonation) and (b) Oxy-CaL 45 (45% vol CO2 carbonation) conditions for 
different carbonation temperatures (625ºC, 650ºC and 680ºC) as indicated [54]. 
 
3.4.2 The Oxy-CaL process 
Figure 16 shows a schematic representation of the process, which has been simulated for several 
values of the CO2 vol % in the flue gas effluent from partial oxy-combustion. Partial oxy-
combustion is carried out to obtain a CO2 vol% in the range of 45% in the flue gas at the boiler 
exit. To this end, a mixture of air and O2 is used in the boiler for combustion. As in the case of 
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total oxy-combustion, recirculation of the flue gas serves to control the flame temperature in the 
boiler, whose value is kept the same for all the simulations. Since the amount of pure O2 for partial 
oxy-combustion is substantially decreased (99.3 kg/s to achieve a 45% vol CO2 concentration 
instead of 138 kg/s for total oxy-combustion), power consumption in the ASU is notably reduced. 
Furthermore, the CPU unit for CO2 purification is not needed since this step is carried out after 
the CaL process. Altogether, the energy penalty for partial oxy-combustion is significantly 
reduced to 3.40% in the Oxy-CaL 45 system (9.05% for total oxy-combustion).   
After partial oxy-combustion, the CO2 rich flue gas is sent to the carbonator reactor to follow up 
with the CaL process. The CO2 capture efficiency in the CaL process will be analyses by means 
of the carbonator model described in Section 3.1. Figure 17 shows the evolution of the CO2 
capture efficiency (𝐸𝐶𝑂2) as the solids recirculation flow rate between reactors is decreased or, 
equivalently, the solids residence time in the carbonator (𝜏 = 𝑁𝐶𝑎/𝐹𝑅) is increased. As may be 
seen, a significantly higher capture efficiency is achieved by increasing the CO2 concentration in 
the carbonator in the Oxy-CaL systems. Note the differences on the maximum capture efficiency 
(𝐸𝑚𝑎𝑥 = (𝑦𝐶𝑂2,𝑖𝑛−𝑦𝑒𝑞)/𝑦𝐶𝑂2,𝑖𝑛))  for the different systems (obtained for very short residence 
times) as a consequence of the variation of the CO2 vol % in the carbonator. 
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Figure 16: General Oxy-CaL-45 (45% vol CO2 concentration in the flue gas by partial oxy-
combustion) integration scheme [54]. 
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Figure 17: CO2 capture efficiency as a function of the residence time in the carbonator, which is varied 
by changing the 𝐹𝑅/𝐹𝐶𝑂2 ratio. Calculations are made for fixed values of the solids inventory 𝑊𝑠 =
400 𝑡𝑜𝑛 and  𝐹0/𝐹𝐶𝑂2 = 0.05. A carbonation temperature of 650ºC is assumed. [54]. 
 
As shown in Figure 17, the capture efficiency is decreased as the solids residence time in the 
carbonator is prolonged albeit at a minor rate for the CaL process in comparison with the Oxy-
CaL systems. This is due to the relatively higher conversion in the solid-state diffusion controlled 
phase for the CaL process (as seen above from the TGA tests).  Thus, the Oxy-CaL-45 system 
has a CO2 capture efficiency of 97.6% in the base case as compared to 82.7% in the base case of 
the CaL system. Despite the need of additional coal and O2 for oxy-combustion in the calciner, 
the increase in CO2 capture efficiency obtained by increasing the CO2 concentration in the flue 
gas leads to a reduction of energy consumption in the CaL cycle. Thus, a SPECCA value of 2.37 
MJ/kg CO2 is obtained for the Oxy-CaL-45 system, which is 28% below the SPECCA obtained 
for the conventional CaL system. Nevertheless, the SPECCA for the complete Oxy-CaL process 
is 3.62 MJ/kg CO2, which is 10% higher than in the CaL base case. On the other hand, the Oxy-
CaL system allows for a reduction by 11% of energy consumption in comparison with the total 
oxy-combustion case as shown in Table 3.  
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Table 3: Main inputs and results for the base case of diverse CO2 capture systems [54]. 
 
parameter Reference 
CFFP 
 (air 
combustion) 
 Case a Case b Case c 
oxy-
combustion 
 
CaL Oxy-
CaL 30  
Oxy-
CaL 45 
Oxy-
CaL 60 
CFPP ?̇?𝑐𝑜𝑎𝑙 (𝑘𝑔/𝑠)  42.20 55.05 42.20 46.10 47.50 48.15 
?̇?𝑎𝑖𝑟  (𝑘𝑔/𝑠)  475 - 475 208.90 100.20 43.54 
?̇?𝑂2 (𝑘𝑔/𝑠)  - 136.91 - 68.85 96.35 110.503 
𝑣𝐶𝑂2 0.15 0.89 0.15 0.30 0.45 0.60 
𝜂𝐶𝐹𝑃𝑃 0.3777 0.2872 0.3777 0.3517 0.3437 0.3374 
𝑛𝑒𝑡 𝑤𝑜𝑟𝑘 (𝑀𝑊) 490.47 488.80 490.47 498.30 502.30 499.75 
𝑃𝑒𝑛𝑎𝑙𝑡𝑦 - 9.05% - 2.60% 3.40% 4.03% 
𝑆𝑃𝐸𝐶𝐶𝐴 (MJ
/kgCO2)  
- 4.06 - 0.94 1.25 1.50 
CaL 𝑇𝑐𝑎𝑙𝑐 (º𝐶) - - 950 950 950 950 
𝑇𝑐𝑎𝑟𝑏 (º𝐶) - - 650 650 650 650 
𝐸𝐶𝑂2 - 
 
0.827 0.950 0.976 0.981 
?̇?𝑐𝑜𝑎𝑙 (𝑘𝑔/𝑠)  - - 18.48 22.34 23.40 23.84 
?̇?𝑂2 (𝑘𝑔/𝑠)  - - 48.00 58.41 61.00 62.49 
?̇?𝑠𝑒𝑐  (𝑀𝑊) - - 75.80 113.90 126.46 130.88 
𝜂𝑖𝑛𝑡 - - 0.3030 0.2909 0.2882 0.2853 
𝑃𝑒𝑛𝑎𝑙𝑡𝑦 - - 7.47% 6.08% 5.55% 5.21% 
𝑆𝑃𝐸𝐶𝐶𝐴 (MJ
/kgCO2)  
- - 3.28 2.63 2.37 2.29 
Total ?̇?𝑐𝑜𝑎𝑙,𝑡𝑜𝑡𝑎𝑙 - - 60.68 68.44 70.90 71.99 
𝑃𝑒𝑛𝑎𝑙𝑡𝑦𝑡𝑜𝑡𝑎𝑙 - 9.05% 7.47% 8.68% 8.95% 9.24% 
𝑆𝑃𝐸𝐶𝐶𝐴𝑡𝑜𝑡𝑎𝑙  
(MJ/kgCO2)  
- 4.06 3.28 3.56 3.62 3.79 
 
Figure 18 shows data on SPECCA and solids inventory for the CaL and Oxy-CaL (carbonator 
temperatures of 625ºC, 650ºC and 680ºC) systems for a fixed capture efficiency (𝐸𝐶𝑂2= 90%. As 
may be seen, for operation under short residence times (2 min), the Oxy-CaL systems (especially 
Oxy-CaL-30 and 45) lead to a considerable reduction of the solids inventory (from 400 tons for 
the CaL-650 system to 286 tons for Oxy-CaL-45-650) and therefore to a reduction of the CaL 
system size whereas the SPECCA is only slightly increased (from 3.59 MJ/kg for the CaL-650 
system to 3.7 MJ/kg for the Oxy-CaL-45-650). Regarding the effect of the carbonator temperature 
on the CaL and Oxy-Cal systems for a given solids residence time of 2 min, there is not a clear 
evidence on the optimum system choice (lower SPECCA).  
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Figure 18: SPECCA and solids inventory for the CaL and Oxy-CaL systems operating under short (2 
min) solids residence times. The effect of changing the carbonator temperature (between 625ºC to 
680ºC) is also shown. Capture efficiency is fixed to 90% [54]. 
 
Results show that the Oxy-CaL system is a promising hybrid concept to be applicable in new 
power plants, allowing for a substantial reduction of energy penalty as compared to total oxy-fuel 
combustion. Moreover, the Oxy-CaL system leads to a high CO2 capture efficiency in comparison 
with the CaL process, which would serve to reduce significantly the carbonator reactor size. 
 
These results were published in [54]. The full manuscript including further information about 
the Oxy-CaL process is presented in Annex 7. 
 
3.4.3 The mOxy-CaL process 
 
This section proposes a modification over the Oxy-CaL system by integrating membrane 
separation technology. In the so-called mOxy-CaL process, an oxygen-enriched air stream, which 
is obtained from air separation by using polymeric membranes, is needed to carry out the partial 
oxy-combustion. The flue gas exiting the partial oxy-combustion system presents a CO2 
concentration of 30% v/v (higher than 15% v/v typical in coal power plants). After that, the flue 
gas it is passed to the CaL process where the CO2 reacts with CaO solids according the 
carbonation reaction. 
Cryogenic distillation for air separation is the most extended technology worldwide and the only 
one that is currently developed for high purity O2 production (>99%) at large scale [212]. 
However, cryogenic distillation has a high energy consumption that penalizes the O2 production 
and consequently partial oxy-combustion [213]. However, by considering that a lower O2 purity 
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(~20-40% v/v) is sufficient in the case of partial oxy-combustion, air separation can be carried 
out by means of membranes, which highly reduce the energy consumption associated with the 
oxy-combustion. In fact, membranes are economically suitable for O2 purities in the range 25-
50% [214].  
Membranes are used in a huge amount of industrial applications among which we find air 
separation [215]. Polymeric membranes are today the most developed membranes for gas 
separation although other possibilities are gaining attention in the last years such as ion transport 
membranes. Polymeric membranes are generally non-porous and separate gases from the 
solution-diffusion transport mechanism by applying a transmembrane partial pressure difference. 
In a typical membrane-based gas separation process the feed gas is put into contact with the 
membrane surface under a certain pressure, which is the driving force of the process. The most 
permeable gas crosses the membrane and leaves the system as permeate stream (at lower pressure 
that the feed gas), whereas the remaining gas exits at high pressure as the retentate stream without 
crossing the membrane. Membranes for gas separation are usually analysed in terms of 
permeability and selectivity, which highly influence the efficiency and cost of a membrane-based 
gas separation process. As pointed out by [216], in polymeric membranes there is usually a trade-
off between permeability and selectivity.  The O2/N2 separation factor for the best commercially 
available polymer membranes is 6–8 [217]. In the same work, data can be found for permeability 
and selectivity of many polymeric membranes.  
 
The pressure ratio (PR) between the upstream and downstream membrane sides is a key operating 
parameter in the separation process. In order to reach a O2 purity 40% it would be enough a 
pressure ratio across the membrane of 0.1 by using a single-stage process for a membrane 
selectivity 3 [214]. Nevertheless, it is remarkable that the higher pressure ratio the higher 
permeability of polymeric membranes [216]. Thus, in order to increase the permeability and 
therefore reduce the membrane area needed, a higher PR must be imposed. The energy 
consumption associated to a separation process can be calculated from the adiabatic compression 
work of a perfect gas, which gives a realistic estimation of energy consumption [218]. The 
pressure ratio can be imposed either by increasing pressure on the upstream side (i.e. compressing 
the gas entering the membrane system) or by creating vacuum on the downstream side, which is 
the selected technique in the present work. Since a vacuum strategy is considered, the pressure 
must be increased again in the permeate (OEA) before entering the boiler. Thus, energy 
consumption (𝐸𝑠𝑒𝑝) can be calculated as [219]:  
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𝐸𝑠𝑒𝑝 = 𝑚𝑝
𝛾𝑅𝑇
𝛾 − 1
[((
𝑃𝑖𝑛
𝑃𝑝
)
𝛾−1
𝛾
− 1) + ((
𝑃𝑏
𝑃𝑝
)
𝛾−1
𝛾
− 1)] (23) 
 
where 𝑚𝑝 is the mass of gas permeating though the membrane, 𝛾 is the adiabatic expansion factor 
of the gas, 𝑇 is the temperature of the system and 𝑃𝑖𝑛, 𝑃𝑝 and 𝑃𝑏 are the pressures at the upstream 
side, downstream side and boiler inlet, respectively.   
 
Membrane separation is simulated within the whole mOxy-CaL process from the energy 
consumption as given by Eq (1). Thus, by considering a gas pressure at the permeate side of 0.235 
bar (similarly to previous works such as [220]), the energy requirement for separation is 90 
kwh/tonne O2. A stage cut, defined as the ratio of permeate flowrate to feed flowrate of 0.1 is 
assumed [221].  
 
The mOxy-CaL process has been modelled by means of ASPEN PLUSTM with the same 
assumptions than in the Oxy-CaL simulation case presented in the previous section. Table 4 shows 
the main results.  
Table 4: Main inputs and results for the mOxy-CaL30 process  
Coal-Fired Power Plant CaL 
Parameter Value Parameter Value 
?̇?𝑐𝑜𝑎𝑙  (𝑘𝑔/𝑠)  46.1 𝐹𝑅/𝐹𝐶𝑂2 15 
?̇?𝑎𝑖𝑟  (𝑘𝑔/𝑠)  0 𝐹0/𝐹𝐶𝑂2 0.05 
?̇?𝑂2(𝑥𝑂2 = 0.95) (𝑘𝑔/𝑠)  0 𝜏 (𝑚𝑖𝑛) 2.79 
?̇?𝑂𝐸𝐴(𝑥𝑂2 = 0.38) (𝑘𝑔/𝑠) 281.02 𝑇𝑐𝑎𝑙𝑐  (º𝐶) 950 
𝛾𝑓𝑔 0.63 𝑇𝑐𝑎𝑟𝑏  (º𝐶) 650 
𝐹𝑓𝑔 (𝑘𝑚𝑜𝑙/𝑠) 10.25 𝐸𝐶𝑂2 0.950 
𝐹𝐶𝑂2 (𝑘𝑚𝑜𝑙/𝑠) 2.84 ?̇?𝑠𝑒𝑐  (𝑀𝑊) 118.14 
𝑣𝐶𝑂2 0.3 ?̇?𝑠𝑜𝑙𝑖𝑑𝑠 (𝑀𝑊) 49.73 
𝑣𝑂2 0.025 ?̇?𝐴𝑆𝑈 (𝑀𝑊) 42.13 
𝜂𝑏𝑜𝑖𝑙𝑒𝑟 0.89 ?̇?𝑐𝑜𝑚𝑝,𝐶𝑂2 (𝑀𝑊) 70.94 
𝜂𝐶𝐹𝑃𝑃 0.362 ?̇?𝑐𝑜𝑚𝑝,𝐹𝐺  (𝑀𝑊) 7.37 
𝑛𝑒𝑡 𝑤𝑜𝑟𝑘 (𝑀𝑊) 513.59 𝜂𝑖𝑛𝑡 0.301 
𝑃𝑒𝑛𝑎𝑙𝑡𝑦 1.63% 𝑃𝑒𝑛𝑎𝑙𝑡𝑦 6.12% 
𝑆𝑃𝐸𝐶𝐶𝐴 (MJ/kg CO2)  0.55 𝑆𝑃𝐸𝐶𝐶𝐴 (MJ/kg CO2) 2.49 
𝑃𝑒𝑛𝑎𝑙𝑡𝑦𝑡𝑜𝑡𝑎𝑙  7.75% 
𝑆𝑃𝐸𝐶𝐶𝐴𝑡𝑜𝑡𝑎𝑙  (MJ/kg CO2) 3.05 
 
As can be seen in Table 4, a notable reduction of energy consumption for CO2 capture is achieved 
by means of the mOxy-CaL (3.05 MJ/kg CO2) process in comparison with the Oxy-CaL system 
(3.56 MJ/kg CO2 achieved in the previous section). This energy reduction is directly attributable 
to the membrane separation, which saves power to produce O2 enriched air as compared with 
cryogenic distillation.  
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3.5. Calcium-Looping integration in concentrating power plants 
 
This section summarizes the main results of the thesis according to objectives (5,7,9). 
Concentrated Solar Power (CSP) should play a leading role within the new energy landscape as 
it lends itself to potentially cheap storage of energy in the form of heat [9,95]. Thus, efficient and 
affordable thermal energy storage systems must be developed in order to decouple production and 
demand [97,98], which would allow a deep penetration of solar energy power generation into the 
grid. Among the possibilities explored for TCES in CSP tower plants at large scale, one of the 
most promising systems is the CaL process. These results were published in [145,222]. 
3.5.1 CSP-CaL plant description 
 
Process integration is fundamental for the introduction of the CaL process within the solar power 
plant. Despite that the CaL process was considered as solar energy storage systems in the late 
1970s [3,128] and solar calcination has been tested since the 80s [4,5], process integration 
schemes have not been proposed until a few years ago.   
In our scheme, solar energy is used to carry out the calcination at high temperature to achieve 
sufficiently fast calcination under a pure CO2 atmosphere.  According to equilibrium conditions 
[161] and reaction kinetics, high temperatures are necessary when operating under high CO2 
partial pressure (above 900°C) for sufficiently fast calcination to achieve completion in short 
residence times [10,11,223]. A number of solar calciner prototypes have been already developed 
based on fluidized beds [5,147], rotary kilns [224,225] and cyclone atmospheric reactors [226]. 
A potentially cheap and simple option consists of falling particle receivers [227]. Further 
assessment of solar calciners is shown in Section 3.8.1. Since the CSP-CaL integration scheme 
proposed in this thesis relies on a closed CO2 cycle, a pure CO2 stream must be retrieved as output 
from the calciner. Two options are feasible to this end: i) performing calcination under a 100% 
CO2 atmosphere or ii) under an easily separable gas from CO2. The first choice would make it 
necessary to operate the calciner under low absolute pressure in order to reduce the calcination 
temperature and to avoid hampering the reactivity of the regenerated CaO due to excessive 
sintering as observed when calcination is carried out under high CO2 partial pressure for CO2 
capture [88]. 
Among CSP power technologies, solar tower systems are the most appropriate for CaCO3 
calcination because of the required temperature. Thus, the total solar energy entering into the 
system is used to heat the reactants and to drive the endothermic chemical reaction, which serves 
to store the solar energy as both sensible and chemical and form.  The CaO and CO2 streams 
released within the calcination are stored separately. Products can be stored at ambient 
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temperature, which is an important advantage of the CSP-CaL integration over current state of 
the art sensible heat storage using molten salts, whose temperature must be kept above ~200°C to 
avoid solidification [123]. In order to use reasonably sized CO2 storage volumes a minimum 
pressure of 75 bar is needed to store CO2 storage under supercritical conditions (considering 
storage at ambient temperature) [222]. The high compression ratio from calciner to storage 
conditions (1:75) requires the use of intercooling compression to minimize the efficiency penalty. 
Note that compression-expansion process of CO2 before and after than storage resembles a 
Compressed Air Energy Storage (CAES) system [228] and therefore the process incorporates 
energy storage not just in chemical form but also as sensible heat and mechanical energy. When 
power is needed, both calcination products are brought together to another reactor (carbonator) 
where energy is released through carbonation. Pressurized carbonation is desirable for the power-
cycle direct integration and allows carbonation at high temperatures and at a fast rate  [229].  
The energy discharge phase takes place in the carbonator, which is a pressurized fluidized bed 
reactor wherein carbonation takes place under pure CO2 at the highest possible temperature in 
order to achieve a high thermal to electric efficiency. According to thermodynamic equilibrium, 
carbonation can be carried out at high temperature (>850ºC) under a pure CO2 atmosphere at 
ambient pressure [161]. This would allow a highly efficient generation of electricity thus 
overcoming temperature limits (T~550-600°C) in currently commercial CSP plants with thermal 
storage in molten salts. Solids exiting the carbonator are passed through another heat exchanger 
network to preheat the CaO and CO2 streams entering the carbonator. In order to achieve a higher 
integration efficiency an optimized heat exchanger network is necessary.   
 
Solids conveying can be carried out by means of the mature pneumatic technology that guarantees 
rapid transport of granular solids, routing flexibility, as well as the possibility of streams splitting, 
and it is suitable to successfully convey high temperature materials. Other possibilities for solids 
conveying are discussed in Section 3.8.3. 
 
Plant performance is determined as an average over a 24 hours period. An average daytime period 
∆𝑡𝑠𝑢𝑛 is considered during which the solar thermal power entering the calciner is constant. 
Different operations in “sun” and “night” modes were considered. A Solar Multiple (SM) equal 
to 3 was assumed, which means that, when solar energy is available, the CO2 mass flow entering 
the carbonator side is 1/3 the amount produced in the calciner whereas the 2/3 remaining are sent 
to a CO2 storage vessel which is discharged during the “night” mode operation (estimated as 2/3 
of the day). Therefore, the plant efficiency is determined as a weighted average of the 
performances in “sun” and “night” modes by means of Eq. 24: 
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𝜂 =
∫ ?̇?𝑛𝑒𝑡  𝑑𝑡 24ℎ
∫ ?̇?𝑖𝑛𝑝𝑢𝑡  𝑑𝑡24ℎ
=
?̇?𝑛𝑒𝑡,𝑠𝑢𝑛 ∆𝑡𝑠𝑢𝑛 + ?̇?𝑛𝑒𝑡,𝑛𝑖𝑔ℎ𝑡  (24 − ∆𝑡𝑠𝑢𝑛)
?̇?𝑖𝑛𝑝𝑢𝑡  ∆𝑡𝑠𝑢𝑛
 (24) 
Where ?̇?𝑛𝑒𝑡,𝑠𝑢𝑛 and ?̇?𝑛𝑒𝑡,𝑛𝑖𝑔ℎ𝑡 are the net power produced in “sun” and “night” modes, 
respectively and ?̇?𝑖𝑛𝑝𝑢𝑡 is the net solar power entering the calciner.  
3.5.2 Process scheme: base case 
 
Regarding the integration of the power cycle in the carbonator zone, previous works have 
proposed the use of an air stream as heat transfer fluid in an open Brayton cycle (Figure 19) [194]. 
According to this scheme, the CO2 stream entering the carbonator is wrongly assumed to react 
completely with the CaO solids to produce CaCO3. Thus, it is assumed that a pure air stream can 
exit the carbonator to enter the gas turbine for power production in an open Brayton cycle. The 
outflowing air from the turbine passes through a heat exchanger network, releasing sensible heat 
further used to preheat the solids directed into the carbonator.  
 
Figure 19: Air/CO2 open cycle integration in the carbonator zone. Originally proposed by 
Edwards et al. [194]. Reproduced from [145] 
 
However, reaction equilibrium poses a fundamental limitation to this scheme since the reaction 
will reach equilibrium and carbonation will stop as soon as the CO2 partial pressure in the 
carbonator reactor is decreased to the equilibrium partial pressure as depending on the carbonator 
temperature. Thus, the effluent gas from the carbonator to be sent to exhaust cannot be free of 
CO2. For example, when a 50% v/v CO2 stream is introduced into a carbonator at atmospheric 
pressure (P=1 bar) and T=800ºC, the minimum CO2 concentration in the gas stream exiting the 
carbonator is around 21% [161].  
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A possible solution to avoid the inconveniences of an open Brayton cycle is to use a closed CO2 
Brayton cycle [222]. In this configuration, solids in the carbonator (CaO) are fluidized by a pure 
CO2 gas flow with a molar rate well above the stoichiometric value. The CO2 fraction not 
participating in the reaction is employed to remove heat from the carbonation and is delivered to 
a gas turbine for the power cycle. This section shows the global integration model and process 
design to transform an air-open power cycle into a closed-CO2 power cycle as a first step for 
improving the CSP-CaL integration. Figure 20 shows a first possible approach for the proposed 
integration. As can be seen, solids entering the calciner are preheated using the sensible heat 
released by the hot streams leaving this reactor in a gas-solid heat exchanger (HXB in Figure 20) 
and in a solid-solid heat exchanger (HXA). The CO2 power cycle is a closed and regenerative 
cycle in which the heat removed by the reactants in the carbonator is recovered in a solid-gas heat 
exchanger (HXF).  The additional CO2 storage vessel (CO2 inventory storage) is included in the 
scheme as an inventory control strategy for the gas turbine. On the other hand, the residual heat 
from the solids at the carbonator output is extracted to pre-heat the CO2 stream entering the 
carbonator by means of another gas-solid heat exchanger (HXE). As shown in Figure 20, part of 
the power needed in the compression stage of the Brayton cycle is provided by the expansion of 
the pressurized CO2 coming from the storage vessel [222]. 
CaO
CO2
  CaCO3
CO2
                               CaCO3
CaO
CO2 Turbine
C
T
Solids (CaCO3 + 
inactive CaO)
CaO
CO2
HXA
HXB HXE
HXF
Cooler
CO2
storage
pCO2 storage
CO2
inventory
storage
C T
Inventory
Pressurized
Fluidized
Bed
CARBONATOR
Tcarb
pcarbSolar 
receiver
-
CALCINER
CaO
storage
CaCO3
(+inactive 
CaO)
storage
s7
s3
c1
s5
s4
s6
s8
c2g1
g2
g3
s1s2
c3
c4
g4
g5
g6 g7
g8
g9
g10
g11
g12
 
Figure 20: Base case for the CO2 closed Brayton cycle integration in the CSP-CaL plant. Further 
information about the stream data can be found in [145]. 
The CSP-CaL base case was simulated by using the main parameters showed in Table 5. Further 
information about the simulation is available in Annex 5.   
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Table 5: Main parameters used for simulating the scheme proposed in Figure 20 [145] 
Net absorbed solar flux in 
calciner 
100 MW Approach temperature CO2 cooler 10 °C 
Thermal dispersions in 
carbonator 
10% Intercoolings in CO2 storage 
compression 
5 
Calciner temperature 900 ºC Intercoolings in CO2 cycle 
compression 
4 
Ambient temperature 20 ºC CO2 storage temperature 25 ºC 
Average CaO conversion  0.20 CO2 storage pressure 75 bar 
Carbonator temperature (T) 875 ºC Solid phase conveying energy 
consumption 
20 
MJ/ton 
Carbonator pressure (P) 6 bar Daylight hours  12h 
Turbine outlet pressure (TIT) 0.2 bar Solar Multiple 2 
Approach temperature solid-
solid HX 
20 °C Isentropic efficiencies 
(compression/expansion) 
0.89 
Approach temperature solid-
gas HX 
15 °C   
 
Figure 21 shows a contour plot of the system efficiency as a function of both carbonator pressure 
and turbine outlet pressure, which serves to infer the optimum pressure choice. 
 
Figure 21: Efficiency as a function of carbonator and turbine outlet pressure. Dashed white lines 
indicate iso-efficiency cycle values [145]. 
 
As shown in Figure 21, maximum efficiency occurs at pressure ratios around 40-50. However, it 
is important to note that for pressure ratios over 30 the efficiency does not change considerably. 
From pressure ratios of 30 up to 70, efficiency increases less than 0.5%. Since such high values 
of pressure ratios are difficult to achieve in practice, a pressure ratio of 30 represents a good trade-
off. Moreover, higher efficiency can be achieved by decreasing the turbine outlet pressure.  
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3.5.3 Improving the CSP-CaL heat integration 
 
From the base case (Figure 20), a CO2 regenerator (HXG) is incorporated in the heat exchanger 
train in order to heat up a fraction of the gas stream entering the HXE exchanger (and then in the 
carbonator) using the sensible heat of a portion of the CO2 turbine output flow. The two CO2 
streams, which are separately heated through heat exchangers HXF and HXG, are rejoined to 
evolve in the closed loop power-cycle. By regulating the CO2 split ratios (i.e. the fractions of the 
CO2 stream respectively sent to HXG and HXF), the internal overall heat exchange can be 
optimized by means of a pinch-analysis [230] of the carbonator side. The pinch-analysis were 
mainly carried out by Alessandro Alovisio and Professor Ricardo Chacartegui  [145,222] with 
the collaboration of the author of the present thesis. Full information about the pinch analysis 
developed is available in annex 5.  
As result of the pinch-analysis, the energy-optimized process scheme is shown in Figure 22. 
Remarkably, this energy-optimized scheme is realized by considering low-temperature energy 
storage conditions. Temperature in the storage vessels highly conditions the configuration of the 
process scheme and the efficiency of it. Due to the high temperatures in both calciner and 
carbonator reactors, a low temperature storage involves a large streams temperature change along 
the entire cycle which makes crucial an optimized heat integration to achieve an adequate system 
efficiency. Another possibility, which is investigated throughout the Section 3.7, is to storage the 
solids at high temperature. In this case the process scheme is simplified by requiring fewer heat 
exchangers due to a lower temperature difference between the reactors and the storage. 
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Figure 22: Plant diagram of the energy-optimized integration layout for the CSP-CaL plant with 
low-temperature storage. Full information about the stream data is given in [145]. 
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According to the pinch analysis results, the proposed final plant configuration is equipped with a 
solid-solid heat exchanger (HXA), four gas-solid heat exchangers (HXB, HXF, HXE, HXI) and 
with a gas-gas regenerator (HXG). The CO2 stream from storage (produced in the calciner side 
operation) and the CO2 stream coming from the power loop are mixed, flowing through a heat 
exchangers train (HXG and HXI) which optimize heat recovery at low temperature. On the other 
hand, the CO2 stream flowing out from the turbine is divided into two sub-streams through HXF 
and HXG to preheat the CaO stream and a fraction of CO2 entering the carbonator, respectively. 
In HXE, the high-temperature sensible heat from the CaCO3 stream is used in the final stage of 
CO2 stream preheating above the pinch, which serves to maximize the gas temperature at the 
carbonator inlet and therefore the cycle performance. Table 6 shows a comparison of the main 
data according to an energy balance for each configuration. At a fixed CaO conversion of 0.2, the 
global net efficiency increases of about 5% with respect to the base case. 
Table 6: Energy balance of for the two CSP-CaL configurations [145]. 
  Parameter Layout 1   
(Figure 20) 
Layout 2 
(Figure 22) 
  Solar thermal power (MWth) -
12h- 
100 100 
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(M
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th
) 
HXA 120.0 120.0 
HXB 23.2 23.2 
HXF 26.8 46.0 
HXG - 78.6 
HXI - 53.7 
HXE 70.4 15.5 
Auxiliary cooler 3.9 6.9 
P
o
w
er
 o
u
tl
et
 
(M
W
e)
 
compressor calciner (storage)  7.0 7.0 
compressor carbonator (power 
cycle) 
16.7 14.0 
Solids conveying (average) 1.8 1.8 
P
o
w
er
 
in
le
t 
(M
W
e)
 
turbine (storage) 1.2 2.2 
main turbine (power cycle) 38.6 37.3 
  Global net efficiency  0.356 0.403 
 
The high overall efficiencies achieved indicate a potential interest for the integration of the CaL 
process in Concentrating Solar Power Plants, although major technological challenges related to 
the design of the solar receiver and of the high temperature solid handling devices will need to be 
faced. 
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These results were published in [145,222]. The full manuscripts including further information 
about the CSP-CaL integration modelling are presented in Annex 3 and 5. 
 
 
3.6. Indirect integration of power cycles 
 
This section summarizes the main results of the work according to objective (8) of the present 
thesis. Previous results are based on the integration of a CO2 closed Brayton cycle with direct 
integration in which the heat transfer fluid used in the carbonator is sent directly into a gas turbine. 
Main results of the analyses carried out for several power cycle configurations with the main goal 
of increasing the performance of the overall system integration are summarized below. Possible 
integration schemes are proposed in which power production is carried out indirectly, by means 
of a steam reheat Rankine cycle or a supercritical carbon dioxide Brayton cycle. These results 
were published in [231]. 
First, the indirect integration of a reheat Rankine cycle is considered, which is the typical power 
cycle in commercial CSP tower plants [165]. In this configuration, the preheat water of the 
Rankine cycle is heated by the exhaust CO2 stream from the carbonator in a heat recovery steam 
generator (HRSG) until super-heated status is reached. Maximum efficiency (around 35.5%) was 
obtained at 875ºC operating under atmospheric pressure. From a sensitivity analysis it was shown 
that the global integration efficiency is enhanced up to 37.5% by increasing the live steam and 
the reheat temperature. An indirect integration of a recompression supercritical CO2 (sCO2) 
Brayton cycle was also proposed, which led to a global efficiency close to 32% that was limited 
by the large amount of non-used energy linked to the cooling process before the compression 
stage. The analysis showed that hot and cold sides in the regenerator are strongly unbalanced, 
what allows predicting a certain improvement after optimization. Moreover, the low global 
efficiency value achieved is a consequence of the moderated turbomachinery efficiency values 
assumed since this technology is yet under development. 
The integration of a Combined Cycle (CC) in the CSP-CaL process was also analyzed in  [231]. 
The CC is considered by a hybrid direct-indirect power cycle integration with the CSP-CaL 
system (Figure 23). The CO2 stream exiting the carbonator is expanded in a gas turbine as a 
previous step for transferring heat to steam cycle through a HRSG. Results showed that the 
highest performance is obtained by decreasing the outlet turbine pressure up to reach a maximum 
value of 40.4% for operation under an inlet/outlet turbine pressure ratio of 3.6/1. 
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Figure 23: CSP-CaL- CC integration scheme and main simulation results [231] 
As a summary, the Combined Cycle yields the higher efficiency, although smaller than in the case 
of CO2 closed Brayton direct integration. Nevertheless, additional considerations regarding costs 
must be addressed to further assess the applicability of these power cycle integrations in the CSP-
CaL. Moreover, new configurations in which the CO2 entering the carbonator is reduced (the 
minimum amount would be the stochiometric) could improve the CSP-CaL plant efficiency, 
which is proposed as future work. 
 
These results were published in [231]. The full manuscript including further details about the 
simulation us presented in Annex 6. 
 
3.7. New process schemes with high temperature solids storage 
 
This section summarizes the main results of the work according to objective (10) of the present 
thesis through main results from novel CSP-CaL schemes simulations. These new configurations 
are based on storing the solids at high temperature. In this case the process scheme is simplified 
by requiring fewer heat exchangers due to a lower temperature difference between the reactors 
and the storage. On the other hand, seasonal storage cannot be considered because of the 
temperature losses. However, the CSP-CaL plant could be operated under a solar multiple 
(defined as the ratio of the solar thermal power to the power block design thermal input) similar 
than in currently CSP plants (SM~2-3) [232], and taking into account the higher energy storage 
density of CaL system in comparison with molten salts [153], a high-temperature CaL storage 
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system could allow storing energy during several days, instead of up to 16 hours as in molten 
salts-based CSP plants [121]. These results were published in [153]. 
A simpler heat integration allows to use novel integration schemes with a design similar to state-
of-the-art equipment. Starting from a simplified base case each modified layout seeks to increase 
the overall plant efficiency at the expense of introducing an additional degree of complexity and 
therefore a higher investment cost. Figure 24 shows the simplest configuration proposed for the 
CSP-CaL integration with high-temperature solids storage. CO2 produced in the calcination is 
sent to a heat recovery steam generator (HRSG) in order to use its sensible heat for power 
production by means of a simple superheated steam Rankine cycle. The cooled CO2 stream (g3) 
is then compressed up to 3 bar in the main CO2 compressor (M-COMP) and is split in two streams. 
A fraction of the CO2 (1/3 of total) is sent directly to the carbonator (g7a), whereas the rest (g4) 
is further compressed up to 75 bar (HPS-COMP) and stored (CO2 storage) for its use during the 
“night” operation mode. The CaO produced in the calciner (c1) is directly stored in the high 
temperature CaO storage vessel. Solids are stored at ambient pressure and therefore lock hoppers 
are needed for decoupling the pressure of the atmospheric solar receiver and of the storage vessel 
from the pressurized carbonator.  
On the carbonator side, electric power is produced by means of a CO2 closed Brayton cycle 
wherein a heat exchanger HXG is used as recuperator. For this base case, CO2 is expanded from 
carbonator pressure to atmospheric pressure in the turbine with a pressure ratio of 3 (PR). 
Carbonation has been modelled in the base case by considering a residual value of CaO 
conversion X=0.15. As can be seen in Figure 24 only gas-gas heat exchangers (HRSG, HXG) and 
coolers are considered in this base case, which simplifies the plant as compared to previously 
proposed CSP-CaL integrations in Section 3.5. This new configuration is therefore advantageous 
from the point of view of plant engineering, construction and operation. Simulation results shows 
an overall plant efficiency of 32.1%. Modelling assumptions, stream data and energy balance 
results are available in Annex 10, where the detailed study is presented. 
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Figure 24: Base case for the CSP-CaL integration with high-temperature solids storage [153]. 
 
Once analyzed the base case (Figure 24), more complex high-temperature storage CSP-CaL 
schemes are considered, which are summarized below:  
- Case 2: Addition of solid-gas heat exchangers 
Compared to the base configuration, case 2 incorporates the use of solid-gas heat exchangers on 
both the calciner and carbonator sides. In this way, it is possible to make a more profitable use of 
the high temperature heat stored in the streams exiting the reactors, which leads to an improved 
thermal integration. Solids heating could be performed in a suspension preheater where gas and 
solids are sequentially contacted in risers and separated by cyclones as usually performed in raw 
meal preheaters of cement plants [1]. Regarding energy balance, an overall plant efficiency of 
34.7% has been obtained, i.e. 2.6% points higher than the base case efficiency. 
- Case 3: Introduction of solid-gas heat exchangers and intercooled compression 
Compared with the previous scheme, case 3 contemplates the use of an intercooled main CO2 
compressor, which allows reducing the consumption for CO2 compression and achieving a higher 
cycle efficiency thanks to the presence of the regenerator. The low-pressure intercooled 
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compressor is used to compress around 140 kg/s of CO2 from atmospheric pressure to the 
carbonator pressure. In this case, two intercoolers are assumed with an intercooled temperature 
of 40ºC, leading to compressor outlet temperatures of 73°C from each stage. This leads to a 
reduction of the CO2 stream temperature at the compressor outlet (g8) compared to case 2 (73ºC 
instead 143ºC). By using a 2 intercooled-stages main compressor (M-comp), electric consumption 
is reduced by 6.8% and 8.8% in the “sun” and “night” modes, respectively, which implies an 
overall plant efficiency increase of 3.4%. 
- Case 4: Carbonator at ambient pressure 
Case 4 allows operating the carbonator at ambient pressure. As a benefit, high temperature lock 
hoppers for solids pressurization would not be necessary. On the other hand, hermetic machines 
and heat exchangers to avoid air in-leakages as well as larger turbomachines (to handle the higher 
volume flow rate), larger carbonator and larger heat exchangers (to compensate the decrease of 
heat transfer coefficient with gas density) must be employed. Moreover, it is expected to achieve 
a lower reaction rate in the carbonator, which is favored by high CO2 pressure [158]. Simulations 
results show that there are no big differences in terms of efficiency between cases 3 and 4. 
Therefore, the most advantageous configuration between pressurized and atmospheric pressure 
carbonator must be chosen based on techno-economic considerations depending on the technical 
challenge and cost of a high temperature lock hopper system or the sealed components for a 
specific facility. 
The reader is referred to Annex 10 for further information on the analysis of each CSP-CaL 
scheme proposed in this section. 
Figure 25 shows the resulting overall plant efficiency as a function of the pressure ratio for the 
different cases and assuming a different number of intercooling stages in the main CO2 
compressor (for cases 3 and 4 only). As can be seen, cases 3 and 4 clearly show a higher efficiency 
than cases 1 and 2, particularly for higher pressure ratios. This illustrates the benefits of using the 
multi-stage intercooled compression combined with the gas cycle regenerator HXG.  
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Figure 25: Sensitivity analysis on pressure ratio (PR) for the proposed high-temperature storage 
schemes.  
 
Considering case 3, a sensitivity analysis is carried out to assess how the overall efficiency is 
affected by the average CaO value. Figure 26 shows the global CSP-CaL efficiency as a function 
of CaO conversion (X) and Turbine Inlet Temperature (TIT). The different trends followed by 
the overall efficiency with X in the cases of TIT=850ºC and 950ºC may be explained by an 
analysis of the CaO temperature entering the carbonator from the calciner at 900ºC. In the case 
of TIT=950ºC, a part of the energy released in the carbonator must be used to bring the solids up 
to the carbonator temperature, being this effect more important when X is reduced. In the case of 
TIT=850ºC, it is not necessary to heat up the solids since these come from the calciner at higher 
temperature, and therefore the loss of efficiency by reducing CaO conversion is mitigated.  
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Figure 26: Overall plant efficiency as a function of CaO conversion (X) for two different Turbine 
Temperature Inlet (TIT). Note that no storage is considered: SM=1 [153]. 
 
Figure 26 shows also efficiency results obtained by including or not auxiliaries’ consumption. 
About increasing CaO conversion, energy consumption linked to solids conveying is decreased, 
which serves to enhance the overall net efficiency. These trends are also appreciated when the 
overall average daily performance is considered. 
 
These results were published in [153]. The full manuscript including further information 
about the schemes simulations are presented in Annex 10. 
 
3.8. CSP-CaL integration: technology assessment 
 
This section summarizes the main results of the work according to objectives (6, 11) of the present 
thesis. Technology is assessed for the CSP-CaL plant, which includes information about both 
industrial and prototype-scale components to be integrated within the CSP-CaL scheme. The 
analysis is focused on the technologies with the greatest risks of scaling up within the CSP-CaL 
scheme, such as: solar calciner, heat exchangers, material conveying and solid-gas separation. 
3.8.1 Solar calcination 
 
The global efficiency of a CSP plant is highly dependent on the receiver performance and 
therefore a proper selection, configuration and sizing of the solar calciner is critical to achieve 
high overall efficiencies in the CSP-CaL process. Even though first calciner designs and 
prototypes were assessed as early as 1980 [4,5] solar particle receiver technology is yet under 
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development. In recent years, research on solar particle receivers has been notably intensified to 
increase both efficiency and dispatchability in CSP plants. Heat transfer losses is a critical issue 
for the solar receiver design, especially when high temperatures in the receiver are considered as 
would be the case of solar calcination under CO2. Radiation losses are mainly dependent on the 
receiver temperature although they may be mitigated by a proper design [233]. Conduction losses 
can be reduced by improving thermal insulation. Thus, increasing the solar absorptance, 
decreasing the thermal emittance and/or reducing conduction/convective heat losses can yield an 
important enhancement of thermal efficiency in the receiver [125].  
In general, solar particle receivers can be classified by the way particles are irradiated by solar 
energy, either in a direct or indirect configuration, using in the second case tubes or other receptors 
to convey and heat the particles. Selection of the solar particle receiver to carry out the calcination 
of CaCO3 particles is dependent on a multitude of factors, mainly related to how the reaction is 
produced (kinetics, temperature, atmosphere composition, particle size) but also dependent on 
solar receiver characteristics (thermal emittance, solar absorptance, etc.) and physical properties 
of CaCO3 and CaO particles entering the solar calciner relevant to solar. Thus, CaCO3 has a poor 
solar absorptance [4] and therefore indirect heating in tubes may be more suitable as absorptance 
is not a determinant factor in this case [125]. 
Important factors that must be faced for the development of solar particle receivers are: i) enough 
residence time of the particles to reach the target temperature and allow for reaction completion; 
ii) adequate particle size; iii) proper management of elevated gas flow-rates used for particles 
transport (specially in fluidized beds); iv) possible deposition of particles in the optical window 
causing damage; v) continue operation preferable for scaling-up; vi) minimization of high thermal 
gradients and non-homogeneous conversion; and vi) particles attrition and agglomeration. 
Particles residence time and mass flow are crucial parameters when designing the receiver for 
solar calcination. In the CSP-CaL integration, solar radiation is used to heat the particles up to 
calcination temperature. The residence time to achieve full calcination must be long enough for 
full calcination to be achieved. The temperature at which the particles enter the solar receiver is 
dependent on the CSP-CaL scheme. Since carbonation does not occur completely, typically a 
mixture of CaCO3 and CaO solids enters the solar calciner.  
3.8.1.1. Falling particle receivers 
Falling particle receivers are based on direct heating of solid particles that are falling while 
irradiated by a beam of concentrated solar energy flux. According to [125], the most interesting 
features of falling particle receivers are: i) unlimited maximum solar irradiance (>2000 kW/m2); 
ii) maximum temperature >1000ºC; iii) thermal efficiency between 50-90% and iv) estimated cost 
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of about 125$/kWt, which could be lower than molten salt receivers [125,234]. On the other hand, 
particle attrition is a critical issue that can be promoted in falling particle receivers.  
Figure 27 shows a conceptual scheme of the falling particle receiver system where a curtain of 
particles (produced by a slot at the base of a hopper) is being irradiated within a cavity receiver. 
This technology seems to be scalable to 10-100 MWe power tower systems [125]. 
 
Figure 27: Falling particle receiver system. Reproduced from [235]. 
 
A number of previous works have analyzed the main characteristics of falling particle solar 
receivers  [125]. Siegel et al. developed a 2MWt on-sun test of a falling particle receiver, which 
is useful for validating computational models. The performance model indicated that an 80 W/cm2 
average flux will be required to achieve 900°C given an inlet temperature of 600°C [236]. When 
the particle mass flow is increased the output temperature is decreased albeit thermal efficiency 
is improved. A possibility to increase the particles residence time is to recirculate the hot particles 
into the curtain [235,237]. Another possible strategy to raise the particles outlet temperature is to 
hinder the flow of falling particles by using chevron-like meshes. Ho et al. [238] studied the 
performance of a 1 MWth high-temperature falling particle receiver in an on-sun test with 
continuous recirculation. Ceramic particles were used in the test were and peak particle 
temperatures reached over 700 °C. They observed significant differences between the temperature 
in the center of the receiver and along the sides due to a non-uniform irradiance distribution. At 
an average irradiance of 211 kW/m2, the particles temperature increase was 57.1 °C per meter of 
drop length, and the thermal efficiency was ~65% [238].  
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3.8.1.2. Centrifugal particle receivers 
 
The rotary kiln is a well-known technology for calcination in the cement industry. Since 1895 it 
has been the central part of all modern clinker producing installations [1]. The rotary kiln consists 
of a steel tube with a length to diameter ratio of in the range 10-38:1. Some characteristics of 
conventional rotary kilns are a maximum working temperature up to 2000ºC and scalability (> 
200m long) able to produce around 3600 tonnes/day [1]. Usually, rotary kilns are coupled with 
particles preheaters where the gas effluent from the calciner at 1000ºC preheats the solids entering 
the kiln up to 700-800ºC. This would be interesting for the CSP-CaL integration. Nevertheless, 
for its use as solar receiver, the rotary kiln must be properly adapted to be heated at high-
temperature by concentrated solar irradiation. 
Main advantages of rotary kilns for solar calcination are [149]: i) adjustable residence time of 
particles by controlling the tube rotational speed and tilting angle; ii) high temperatures achievable 
in the cavity; iii) solids conversion in continuous mode and in a controlled atmosphere; iv) the 
rotating tube enables uniform radial heating of the tube; vi) good heat transfer thanks to the direct 
contact of the rotating bed of particles with the hot tube walls; vii) possible operation in co-current 
or counter- current flow, allowing solids preheating by the exhaust gas.  
A calciner based on a solar rotary kiln technology was proposed in 1980 by Flamant, Badie et al. 
[4,5]. The reactor is almost horizontal, with an inclination of 5º to facilitate particles transport. 
Both works highlighted the relevance of the radiative properties of the solar reactor. A thermal 
efficiency of 0.1-0.3 was achieved with a maximum calcination degree of 0.6 by using a 2 kWt 
solar furnace reactor with a total absorptance of about 0.9-1 due to the cavity effect. Excellent 
transfer coefficients between the bed and the internal wall were reported. Meier et al. developed 
two 10 kWth solar reactors to study calcination, one directly irradiated [224] and one indirectly 
irradiated [225]. For directly and indirectly heated solar reactors, maximum conversion 
efficiencies of 20% and 38%, respectively, were achieved for solar flux inputs of 2000 kW/m2. 
The typical reactor efficiency achieved from several tests reached 13% while the maximum 
efficiency reached 20% [224]. Main reactor energy losses were due to re-radiation (16.5%), 
conduction (9.5%), and sensible heat of products (10%), whereas the remaining losses (50.5%) 
were mainly due to convection heat losses and un-recovered calcined powder. It is expected that 
a further improved reactor design incorporating a recovering thermal energy system, and reduced 
heat losses by convection and conduction would lead to efficiencies up to 83% [224]. The 
indirectly heated reactor proposed by Meier at al. [225]  consists of a tilted cylindrical steel drum 
with ceramic insulation (Figure 28). The indirectly heated reactor design seems especially 
interesting for the CSP-CaL integration since CO2 losses are avoided. In this case, an adequate 
gas conveying system is needed to ensure a proper gas circulation along the receiver. Typical 
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reactor overall efficiency varies between 25.2 and 34.8% depending on the rotational speed (8–
18 rpm), mass flow rate (2–8 kg/h), and particle size (2–3 mm) [225]. 
 
Figure 28: Schematics of the indirect heating multitube rotary kiln. Reproduced from [225]. 
 
Main reactor energy losses are caused by re-radiation (13.6%), conduction (20.5%), and sensible 
heat of products (20.2%), whereas the remaining losses (14.2%) were mainly due to loss of 
material and convection heat losses. In this case, an improved reactor design incorporating a 
recovering thermal energy system, and a reduced heat loss by convection and conduction would 
raise efficiencies up to 70%. 
3.8.1.3. Fluidized bed receiver and comparison 
 
Fluidized Bed Reactors (FBRs) present higher thermal inertia than rotary kilns. Therefore 
continuous operation is improved in the former as the thermal regime can be maintained in the 
case of short fluctuations of solar radiation [4]. Both rotary kilns and FBRs have the potential for 
rapid deployment since the technologies on which they are based are already mature in the cement 
industry and FB-boiler manufacturing, respectively.  
Flamant, Badie et al. [4,5] proposed a FBR to carry out the CaCO3 decomposition. The total 
absorptance of the fluidized bed depends both on particle’s emittance and bed characteristics 
(porosity, particles size, fluidization regime) [4]. Salatino et al. [239] analysed the thermal 
performance of a bubbling fluidized bed of sand particles to store energy from CSP in sensible 
form. To evaluate the hydrodynamics of the process a near-2D fluidized bed prototype was 
constructed [240]. The use of compartmented dense gas fluidized beds was proposed by Chirone 
et al. [241] (Figure 29). The compartments are: i) the receiver, located around the cavity through 
which concentrating solar rays enter by means of a Beam-Down technology; ii) the heat 
exchanger section, where the sensible heat of solids is released to a steam cycle; and iii) storage. 
Dynamic simulation results showed an overall thermal efficiency (defined as the ratio of the 
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power transferred to the steam cycle to the incident radiative power) up to 71%. This study was 
the base for the construction of a 100kWt solar FBR prototype within the SOLTESS project [241].  
 
Figure 29: Conceptual scheme of a compartmented dense gas fluidized beds. Reproduced from 
[241]. 
 
Since temperatures achievable in this pilot-scale plant were around 900ºC, it could be suitable to 
attain calcination of limestone, which could be used instead of sand thus storing energy both in 
sensible and thermochemical form as proposed in [242]. 
Finally, a comparison between the main receiver technologies applicable to CSP-CaL 
integration is shown in Table 7. 
Table 7: Receiver technology comparison. 
  Particle receiver technology 
  Falling particle receiver Rotary kiln FBR 
C
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Benefits  -High solar irradiance 
- High thermal efficiency  
- Highly tested in the last years 
(MWth scale) 
-Tmax >1000ºC 
- Good scalability 
- Geometry similar than solar 
tower 
- Improved continuous 
operation mode 
- co-current or counter- current 
flow 
-Core technology for calcination 
in cement industry 
-Tmax >1000ºC 
-Well-known preheaters coupling 
-adjustable residence time of 
particles 
- Improved continuous operation 
mode 
-good heat transfers 
- co-current or counter- current 
flow 
 
- high thermal inertia 
improving the thermal regimen 
under short variations of solar 
radiation 
- Well-known technology at 
industry 
- high transfer coefficients 
- Direct and indirect heating 
configuration 
 
 
Challenges - Window integration 
-Increasing the residence time 
(especially problematic for 
particles >200um) 
- Particle attrition 
 
- Scalability must be addressed 
because the focalized solar 
heating  
- Window integration 
-Thermal losses in rotary kiln 
mainly occurs by conduction 
improve thermal insulation 
-total absorptance of the 
fluidized bed depends both of 
particle’s emittance and bed 
configuration 
- Beam-down technology 
development 
- Energy consumption for 
fluidization 
-Gas-solid separation 
Restrictions - Low solar absorptance of 
CaCO3 particles for direct 
irradiation 
- Direct heating is not possible 
because avoiding CO2 losses 
- Horizontal design which makes 
difficult is integration in solar 
tower at large scale.  
- Geometry incompatibilities 
with solar towers 
Tested for 
calcination 
No [4,5] [224] [225] [243] [4,5] 
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3.8.2 Heat exchangers 
An optimized heat integration is crucial for achieving high efficiencies in the CSP-CaL scheme 
due to the high temperature difference between the calciner, storage vessels and carbonator. 
Because of the system characteristics, a gas-gas heat exchanger as regenerator would be needed 
by considering a CO2 close-loop for power production [145]. Thus, CO2 exiting the turbine is 
used to preheat the CO2 stream entering the carbonator. The higher temperature of CO2 arriving 
at the carbonator the higher amount of carbonation energy used for power production, with the 
consequent increase in plant efficiency. On the other hand, the CO2 exiting the calciner at high 
temperature (>900ºC) must be cooled previously to be compressed and stored if storage at ambient 
temperature is the option chosen. To take advantage of the hot CO2 stream a gas-gas heat 
exchanger could be used as heat recovery steam generator (HRGS) within a secondary steam 
cycle, which could produce enough power to carry out CO2 compression [153]. Another 
possibility is to use solid-gas heat exchangers to release energy from the hot CO2 stream to preheat 
the CaCO3 particles entering the calciner [222]. Similarly, solid-gas preheaters allow increasing 
the CO2 temperature entering the carbonator -from the storage in which CO2 is at low temperature- 
using heat from the CaCO3 particles exiting the fluidized bed reactor after carbonation. Finally, 
solid-solid heat exchangers would further improve heat integration. 
Gas–solid heat exchange can be carried out in either the open or closed configuration. Direct 
contact within an open configuration is a well-known technology [1]. Solids heating could be 
performed in a suspension preheater where gas and solids enter into contact sequentially in risers 
and are separated by cyclones, as commonly used in cement plants for raw material preheating 
[167]. In suspension preheaters raw particles are maintained in suspension by the hot gas from 
the calciner.  
Figure 30 shows a schematic of the suspension preheater. Suspension preheaters usually have 
between four and six cyclone stages, which are arranged one above the other in a 50 –120 m 
height tower [1]. The exhaust gases from the calciner flow through the cyclone stages from bottom 
to top. Particles are added to the exhaust gas before the uppermost cyclone stage. They are 
separated from the gas in the cyclones and re-join it before the next cyclone stage [1]. By using 
this solid-gas heat exchanger, a same exit temperature of the gas and solids streams are achieved 
from a co-flow arrangement with a considerably high contact surface. Due to high level of 
maturity of this technology, it seems an optimum option to carry out both the CaCO3 particles 
preheating in the calciner side and particles cooling in the carbonator side.  
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Figure 30: Suspension preheater; b) Grate preheater. Reproduced from [87,113] 
 
The grate preheater is another well-known technique in the cement industry (Figure 30: -b). 
Particles are fed onto a horizontal grate which travels through a closed tunnel.  A fan draws the 
exhaust gas from the calciner into the top of the preheater. The temperature of the gas could be 
reduced from >1000ºC to 150ºC while solids would be heated up to 700-800ºC [1]. Another 
possible solid-gas direct heat exchanger was proposed by Shimizu et al. [244]. This heat 
exchanger is an axial flow cyclone in which a quasi-counter-flow heat exchange is realized to 
achieve an effective recovery of the heat carried by particles. By using this design an outlet gas 
temperature much higher than the particle outlet temperature could be attained. Fluidized-bed 
designs are also a possibility to perform the solid-gas heating with high heat transfer coefficients 
(up to ~600 W/m2-K) but with higher parasitic power consumption and heat loss associated to 
particles fluidization [245]. 
In the case of the CSP-CaL integration in which CaO particles are preheated before entering the 
carbonator with the CO2 exhaust stream [145,194], an indirect gas-solid heat exchanger is needed 
in the carbonator side to avoid direct contact between CaO and CO2, which could lead to partial 
carbonation with the consequent reduction in the carbonation heat transfer to the power cycle. 
Indirect solid gas heat exchange could be performed by using multiple heat transfer plates 
conveniently spaced to allow the flow of material to be heated inside [246]. Another high-
temperature solid-gas heat exchanger was proposed by Al-Ansary et al. [247] in which particles 
circulate on the shell side through tubes arrangements while the CO2 passes inside the tubes. 
Moving packed-bed heat exchangers implementing shell-and-tube and finned shell-and-tube 
designs were investigated by Ho et al. [245].  Tests showed that the particle-side heat transfer 
(a) (b) 
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coefficient could reach values up to ~100 W/m2-K. Regarding the solid-solid heat exchanger, a 
possible system would use two solid-gas indirect heat exchangers with one intermediate heat-
transfer fluid recirculated within the bulk of both solids. Because of the high temperature needs, 
liquid-metals could be used as fluid transfer to this end. 
3.8.3 Solids conveying and gas separation 
 
Available technologies to transport high temperature particles up-down the receiver include: mine 
hoist, bucket elevator, pocket elevator, screw conveyor, OLDS elevator, pneumatic conveyors, 
conveyor belts, cleated conveyor belts, metallic belted conveyors, masses elevators, bucket 
wheels, linear induction motor powered elevators, and electromagnetic field conveyors [235]. De 
la Verne [248] analyzed a basic skip at the end of a wire rope which showed an overall efficiency 
of 0.748. The OLDS elevator employs a circular casing rotating around a stationary screw or helix 
with a small parasitic power consumption [235]. 
The type of solar receiver technology determines the method employed for solid conveyance. 
Some commercial technology applicable to the CSP-CaL integration are: 
- OLDs elevator, which efficiency of is around 8% [235]. 
 
- Conventional Bucket lift. A commercial design for a bucket lift with 120 m transport 
height at ~2.4x105 kg/hour (260 tons/hour) and 200°C with a 171 kWe motor results in 
a 50% efficiency [235]. 
 
- Mine hoist with an insulated container (skip). Mine hoist consists of a skip at the end of 
a wire rope which is wrapped around a large motor-powered drum. The material is loaded 
into the skip at the bottom of a shaft, the skip is raised, and the material is discharged at 
the top. Mine hoist efficiency is largely determined by the weight of material hoisted and 
the speed at which it is hoisted. De la Vergne [248] shows an overall lift efficiency of 
0.748 for two skips hoisting in balance on a single drum. 
 
- Pocket elevator. This system consists of a series of specially shaped containers (pockets) 
that travel along a loop of steel cable between two pulleys. The solids fall into the pockets 
at the bottom pulley and is discharged at the top pulley when the pocket is inverted [235]. 
Pocket elevators are reported to handle materials up to 500 °C and 930 °C. 
 
- Belt conveyors. Belt conveyors are cost effective only when there is a relatively high 
production rate and the transport distance is significant [248]. Many types of feeders exist 
for belt conveyors, but the most popular is the vibrating feeder.  It is not recommended 
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to use belt conveyors to transport dry concentrate. In this case the recommended option 
is using screw conveyors. 
 
- Screw conveyors. This technology has  been considered as suitable for Calcium-Looping 
applications [249]. In a commercial-scale, with large volumes of solids circulating 
through the calciner side, the solid loads will vary due to changes in the solar irradiation 
making the screw conveyors mechanically inefficient [75]. Screw conveyors were used 
in the Carina European project [93,250] to fed CaCO3 into the calciner. The flow rate of 
solids through the calciner was properly controlled by using the screw conveyors but the 
temperature range is a challenge for this system [250]. 
Since CO2 and CaO are stored separately, solid-gas separation after calcination is fundamental 
within the CSP-CaL integration. The same occurs in the power production side, where CO2 
exiting the carbonator and headed to the turbine has to be free of particles.  
The most common method to separate particles from a gas stream is by means of cyclones, which 
are based on centrifugal separation. Thus, particles are forced out against the outer wall and then 
eliminated through an aperture at the bottom of the unit. Cyclones allow a high separation 
efficiency (95-100%), they are robust and allow operating under high-temperature with low 
energy requirement. However, the use of cyclones for small size particles [14], typically lower 
than 20 µm, is limited. A post-cyclone was proposed by Ray et al. [69] to improve the efficiency 
when working with fines. The post cyclone consists of a cylindrical annular shell located on top 
of the vortex finder. Both experiments and simulations indicate a 50% decrease in emission of <5 
µm size particles. 
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4. Discussion 
 
After the summary and discussion of main results achieved along the present thesis, this section 
further discusses about the fulfillment of the objectives set out in Section 2.  
 
4.1. Calcium-Looping for CO2 capture 
 
The multicycle CaO behavior, and therefore the calcination and carbonation reactions, are highly 
dependent on the process conditions, mainly temperature, pressure, particle size and atmosphere 
composition in the reactors. Carbonator models formulated until now for simulating post-
combustion CO2 capture are based on lab-scale multicyclic CaO conversion results carried out by 
regenerating CaO under low CO2 partial pressure. From the analysis of realistic lab-scale results, 
the novel carbonator model proposed in this thesis incorporates in the calculation of the capture 
efficiency the conversion in the diffusion-controlled stage of carbonation, which was found as 
relevant according TGA tests at realistic operation conditions. In this way, objective 1 proposed 
at the beginning of the thesis is tackled, allowing a more accurate evaluation and prediction of 
carbonator’s performance. Simulations show that the capture efficiency is improved by increasing 
the residence time in the carbonator, which is a novel find. Thus, for typical inventories of solids 
in the carbonator used in previous models, the molar flow rate of CaO recirculated can be 
substantially decreased while a high capture efficiency is obtained. This reduces energy penalty 
in the operation of power plants since the amount of heat required for calcination would be 
lowered and the energy necessary for material transport would be also reduced.  
 
Taking into account the important effect of solids residence time in the carbonator on the CO2 
capture efficiency, a novel CFPP-CaL process scheme has been developed. This satisfies 
objective 2 proposed to adapt the integration schemes to the conditions that improve the process 
performance considering industrial scale operation. Simulations over the proposed CFPP-CaL 
scheme show that the integration energy penalty is significantly reduced as the solids residence 
time is increased within the practical operation range of a few minutes, reaching values as low as 
4 and 7% points over the reference plant efficiency. By optimizing the heat exchangers network 
in the CaL scheme and integrating heat with the retrofitted plant, the large size associated to the 
secondary power cycle would be significantly reduced. The size of the CaL system is one of the 
main reasons hindering it for post-combustion CO2 capture. The large amount of heat required in 
the calciner entails the production of a large amount of energy in the secondary power cycle, 
which results in a CaL system of size on the same order than the actual reference power plant 
(without the CaL cycle) as obtained in previous works, thus hampering investments prospective.  
90 
 
As alternative to limestone, other cheap and abundant CaO precursors such as dolomite or steel 
slag show an improved performance characterized by less CaO deactivation with the number of 
cycles than limestone. Despite that the use of either dolomite or steel slag causes a higher energy 
consumption derived from the solid inert transport, the capture efficiency is also improved for 
these sorbents, which leads to a further reduction of energy consumption per kg of CO2 avoided. 
The high capture capacity of dolomite and steel slag is mainly due to enhanced carbonation in the 
diffusion-controlled carbonation (SDP) stage, thus it would be advantageous to increase the 
particles residence time in the carbonator when using these materials. As the carbonation time lag 
is increased the benefit of using dolomite and steel slag is further promoted due to the higher rate 
of carbonation in the SDP for the sorbents derived from these precursors as compared to 
limestone. As the solids residence time in the carbonator is increased the number of solids 
circulating between reactors is reduced, which mitigates also the amount of additional heat 
required in the calciner due to the presence of inert solids. By using other natural CaO precursor, 
such as dolomite instead of limestone, could lead to a decrease of energy consumption around 
15% for carbonation residence times of about 10 minutes due to the higher conversion in the 
diffusion-controlled stage in the case of dolomite. These results have been obtained from the 
research line corresponding to objective 3 of the thesis. 
The new Oxy-CaL process has been proposed as an interesting hybrid system for CO2 capture. 
Synergies between oxy-combustion, CaL and membrane systems would lead to several 
advantages in comparison with these processes separately. According to objective 4 of this thesis, 
the basic idea behind Oxy-CaL is to exploit the enhancement of CO2 capture capacity in the CaL 
process as the CO2 concentration in the carbonation environment is increased (as seen from TGA 
tests) whereas the energy penalty for partial oxy-combustion to increase the CO2 concentration in 
the flue gas is notably reduced as compared to total oxy-combustion.  
A higher CO2 capture efficiency is achieved by means of the Oxy-CaL hybrid system while the 
specific energy consumption per kg of CO2 avoided (SPECCA) is kept below 4 MJ/kg, which is 
a typical value usually reported for oxy-combustion or amine-based CO2 capture systems. The 
higher CO2 capture efficiency using Oxy-CaL allows to reduce the fresh limestone makeup flow, 
which leads to a reduction of energy consumption when operating under solids residence times 
below 7 minutes. In spite that SPECCA in the CaL process could be somewhat smaller than for 
the Oxy-CaL system when operating under prolonged solids residence times, the latter shows 
potentially important benefits regarding plant operation flexibility. Substantially smaller amounts 
of solids inventory are needed in the Oxy-CaL system, which would allow a more efficient 
response to load changes in coal fired power plants. In addition, TGA results show that the 
variation with the temperature of the CO2 capture capacity in the diffusion-controlled stage plays 
a relatively minor role on the overall capture capacity under Oxy-CaL conditions as compared to 
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CaL conditions. This means that by applying the Oxy-CaL process a more stable CO2 capture 
could be achieved because of the lower sensitivity to eventual temperature changes or thermal 
gradients as a consequence of irregular heat transfers.  
By integrating a membrane system in the so-called mOxy-CaL process, energy consumption for 
CO2 capture can be further reduced down to 3 MJ/kg CO2, which is an outstanding value and 
shows the high interest of the hybrid CCS technology. Currently commercial polymeric 
membranes could be employed to achieve the desired O2 concentration range for partial oxy-
combustion. The main barrier for the deployment of the mOxy-Cal process is the need to treat 
large gas flow rates for producing the power of a typical-size coal power plant, which requires 
highly permeable membranes. Further techno-economic analysis needs to be done to establish the 
profitability of both the Oxy-CaL and mOxy-CaL technologies.   
 
4.2. Calcium-Looping for TCES in CSP plants 
 
As shown through this thesis, the CaL process is a promising option to integrate thermochemical 
energy storage in solar plants. A number of advantages and challenges discussed in section 1.3.3 
are linked to objective 6. CaL conditions to achieve high overall efficiency for TCES and 
electricity generation in CSP plants are not the same than in CFPP integration for CO2 capture. In 
the CSP-CaL integration, the carbonation atmosphere is not conditioned by the flue gas 
composition (as occurs in the post combustion CO2 capture application) and therefore carbonation 
conditions can be selected to maximize the process efficiency. Thus, carbonation would be carried 
out at high CO2 partial pressure and high temperature (above 850ºC) to increase the maximum 
temperature at power cycle inlet and therefore the thermal to electric efficiency. On the other 
hand, calcination could be performed at both relatively low temperature (~700ºC) using a gas 
easily separable from CO2 or under CO2 pure atmosphere, which requires calciner temperatures 
around 950ºC. The diverse CaL conditions used for PCC and TCES lead also to different 
multicycle CaO performances and reaction kinetics characteristics. The development of a novel 
specific carbonator model for TCES application addresses objective 5 in section 2.  
As expected from the novel carbonation model described in Section 3.2, the carbonation behavior 
is different when integrating the CaL process in CSP plants as thermochemical energy storage 
system compared to post-combustion capture. The carbonation study carried out by considering 
calcination under helium shows that the carbonation stage controlled by diffusion is negligible 
and therefore the carbonator model in this case can be simplified. The kinetics model is supported 
by TGA tests performed under these specific conditions. A new expression to estimate the 
carbonation conversion rate as a function of the carbonator pressure and temperature has been 
derived and integrated within the carbonator model. Accordingly, the carbonation rate is enhanced 
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with the carbonator temperature up to reach a maximum, from which a further increase of 
temperature is detrimental as the thermodynamic equilibrium temperature is approached. On the 
other hand, an increase in the carbonator pressure promotes significantly the conversion rate and 
therefore the average carbonation level in short residence times. Thus, an increase of the 
carbonator pressure yields an improved performance not only from a reaction kinetics perspective 
but also because a higher carbonator pressure allows for a higher carbonator temperature, which 
enhances the power cycle efficiency when stored energy is released.  
 
The CSP-CaL integration schemes have been optimized energetically for low-temperature storage 
(and therefore allowing long term storage). The enhancement of heat recovery derived from the 
pinch analysis yields a relevant increase of the cycle performance, which is improved as CaO 
conversion is increased. Results show that for a ratio of carbonator pressure to outlet turbine 
pressure of 3.2 bars, and a carbonator temperature of 875 ºC, plant efficiencies above 45% may 
be reached by directly integrating the carbonator and the power cycle through using CO2 as heat 
carrier fluid. These results are part of the work developed in this thesis to cover objectives 7-9. 
The main parameters to improve the proposed cycle are similar to other power cycles, namely, 
turbine inlet temperature, pressure ratio in the Brayton turbine, boiler/reactor/heat exchangers 
efficiency or pressure losses taking into account the particularities linked to 
calcination/carbonation chemical equilibrium, i.e. considering equilibrium limits concerning 
partial pressure/concentration or solids reactivity. A number of power cycles and integration 
possibilities have been analyzed in this thesis to address objective 8. Compared to the air Brayton 
open cycle proposed elsewhere, the CO2 Brayton cycle avoids the potential emission of CO2, 
which is a necessary requirement for the development of these systems. In regards to direct-
indirect cycle integrations, simulation results show that higher performance is achieved for direct 
integration. Nevertheless, enhancing the energy integration in an indirect way of highly efficient 
power cycles could make this possibility interesting, especially in the case of integrating 
combined cycle technology, in which the CO2 mass flow entering the carbonator can be 
optimized.  
By considering high-temperature solids storage as proposed in objective 10, the process scheme 
complexity can be significantly reduced. This leads to disregarding long term storage, which is 
just a design criterion. Then, the CSP-CaL could works with similar Solar Multiple than in 
currently commercial CSP plants (SM 2.5-3). The storage number of hours could be increased by 
taking into account the higher energy density of CaL in comparison with molten salts. In this 
regard, by using the new expression developed in this thesis for the energy density, which takes 
into account the size of the infrastructure (including all vessels and the packing density of solids), 
lower values of energy density are achieved. Thus, for the simulated cases, the energy storage 
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density, mainly dependent on CO2 pressure, CO2 temperature and CaO conversion, it varies 
between 0.2-0.9 GJ/m3. 
The simplest scheme simulated, which considers high-temperature storage and just the 
regenerator as heat exchanger in the carbonator side presents an overall efficiency of 32%. By 
adding gas-solid heat exchangers on both the calciner and carbonator sides the overall plant 
efficiency reaches a 34.7%. Furthermore, if a 2-intercooled stage compression is used in the low-
pressure compressor (which is the equipment with greater energy consumption in the plant) 
efficiency is enhanced up to 38.1%. The optimum configuration for a specific plant will depend 
on techno-economic considerations. Results from sensitivity analysis on pressure ratio (PR) in 
the Brayton cycle shows that, similarly to the case of low-temperature storage configuration, the 
highest efficiency is achieved for PR values around 3-4.5 in all cases. The overall efficiency is 
also enhanced as CaO conversion is increased (reaching values about 43% at X=0.4), mainly 
because of the significant reduction of auxiliaries power consumption. One of the main power 
consumption process within the CSP-CaL integration is related to the high-pressure compressor 
needed to reduce the CO2 volume storage size, which has an efficiency penalty over the process 
around 1.8% points. Note that a part of the energy used for compressing CO2 is stored similarly 
than in CAES systems.  
Several mature technologies already available at commercial scale can be applied in the CSP-CaL 
integration. A review of the state of the art of the process has been carried out as according to 
objective 11. Major technological challenges found are related to the design of the solar 
receiver/calciner and to the high-temperature solids pressurization and depressurization system.  
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5. Conclusions and future work 
 
The present thesis is based on a multidisciplinary approach that combines reaction kinetics theory, 
reactors modelling and process scheme development in order to advance in the knowledge of the 
applying the CaL process to both CO2 capture and TCES systems. Thanks to the fruitful 
collaboration between different research groups the CaL process has been analyzed from the 
behavior of materials at the local scale to industrial process equipment.  
This thesis is composed of two main research areas, such as reactions-reactor modelling and 
engineering process development, which are developed simultaneously in the analysis of each the 
challenges and objectives identified for the development of this thesis. They have been developed 
to each one of the applications of the CaL process under study, namely, post-combustion CO2 
capture and thermochemical storage of solar energy. Thus, from the analysis of up-scale process 
conditions, lab-scale test has been performance to assess the system within a down-scale process, 
which in turn provides the basis for processes simulation in a bottom – up approach for large scale 
application in an iterative process of improving design conditions.  
The results obtained along the present thesis show not only the importance of simulating the 
process by considering industrial realistic conditions but also the need for accurate data under real 
conditions at the lab-scale. As shown throughout the section 3, changes in temperature, 
atmosphere composition and pressure in the reactors lead to important differences in the 
multicyclic CaO conversion which must be properly estimated before moving on to the next 
stages of scaling the technology. 
From the research opportunities discussed and the establishment of objectives, the main 
contributions of the present thesis over the current state-of-the-art process are summarized below: 
- Detailed assessment of process development as well as advantages and challenges for the 
possible application of the CaL process within the future energy scenario.  
- Novel carbonator model from realistic lab-scale conditions for post-combustion CO2 
capture, which allows evaluate the CaO conversion in the diffusive-controlled 
carbonation stage. 
- Novel carbonator model from realistic lab-scale conditions to be applied within 
thermochemical energy storage assessment in CSP plants.  
- Adapted novel high-performance process schemes for each specific application, namely: 
i) post-combustion CO2 capture using several CaO precursors and ii) thermochemical 
storage of solar energy by considering low and high temperature in solids vessels, which 
allows flexibility when facing the process design.   
95 
 
- Novel hybrid CO2 capture concept with the aim to reduce the energy penalty related to 
the integration process.  
 
5.1. On-going and future work 
 
The promising results achieved during the development of the thesis, together with the 
participation in related research projects, ensure the continuity of the studies here set along the 
next years. It enables the development of new research lines that have been left out of the scope 
of this thesis. In this way, related work to be developed in the near future following this research 
line will try to answer the following issues: 
- Solar particle receiver design and assessment. It will involve the analysis of receiver 
geometry and specific operation conditions from CFD and ray-tracing modeling.  
- Off-design models of concentrating solar power plant with TCES based on CaL process. 
This work will include the analysis of the solar field and the receiver based on the sun 
position to calculate the hourly optical efficiency. Moreover, other equipment of the plant 
such as turbomachinery, heat exchangers and storage vessels behavior will be analyzed 
in an hourly-basis simulation, which will allow a deeper analysis of the CSP-CaL 
integration.  
- Economic assessment for the integration of CaL process in CSP plants. Once the solar 
receiver, the storage vessels and the solar field necessary for the CSP-CaL integration are 
known in greater detail, an economic assessment will allow evaluating the integration 
profitability with an adequate level of detail at the current Technology Readiness Level 
(TRL 5).  
- Novel process schemes for the CSP-CaL integration will be developed, with special focus 
on the indirect-integration of a combined power cycle. A new configuration in which the 
CO2 entering the carbonator will be optimized could improve the CSP-CaL integrations 
efficiency. 
- Validation of models at prototype scale. Our coordination in the SOCRATCES8 H2020 
project will require the development of a number of task related to a CSP-CaL prototype 
construction. The prototype will allow to study different phenomena in components (solar 
receiver, reactors, heat exchangers, pipes) and granular media managing. It will allow to 
adjust models for scaling up studies and the identification of new challenges. 
 
                                                            
8 https://socratces.eu/  
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 A new carbonator model is proposed taking into account realistic CaL conditions.
 Carbonation in the diffusion stage is considered to predict the capture efﬁciency.
 High capture efﬁciency may be achieved by operating with high particles residence time.
 New model allows accurate modelling for extended residence’s time.
 Results are in good agreement with data from pilot-scale tests.a r t i c l e i n f o
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The Ca-Looping (CaL) process is considered as a promising technology for CO2 post-combustion capture
in power generation plants yielding a minor penalty on plant performance as compared with other cap-
ture technologies such as conventional amine-based capture systems. This manuscript presents a new
carbonator reactor model based on lab-scale multicyclic CaO conversion results, which take into account
realistic CaO regeneration conditions that necessarily involve calcination under high CO2 partial pressure
and high temperature. Under these conditions, CaO conversion in the diffusion controlled stage is a rel-
evant contribution to the carbonation degree during typical residence times. The main novelty of the
model proposed in the present work is the consideration of the capture efﬁciency in the diffusion con-
trolled phase of carbonation. It is demonstrated that increasing the residence time by a few minutes in
the carbonator yields a signiﬁcant improvement of the capture efﬁciency. Model predictions are shown
to agree with experimental results retrieved from pilot-scale tests. The new model allows a more accu-
rate evaluation and prediction of carbonator’s performance over a wider range of residence times. The
results obtained may be relevant for the optimization of CaL operation parameters to be used in real
power plants.
 2015 Elsevier Ltd. All rights reserved.1. Introduction commercial development, the Ca-Looping (CaL) process is high-Taking into account the current energy system and its expected
evolution, capture and permanent geological storage of CO2 from
fossil fuel power plants is considered as a necessary technology
to be developed at commercial scale in the short term for mitiga-
tion of global warming. The IPCC [1] has evaluated existing and
emerging technologies of CO2 capture and storage (CCS) and con-
cludes that, in most scenarios, CCS should contribute by a 15–
55% to the cumulative global mitigation effort until 2100.
Amongst the CO2 capture technologies potentially foreseeable forlighted as one with good prospects for post-combustion capture,
mainly due to the possibility of being implemented in already
existing power plants and the minor penalty on plant performance
as compared to other capture technologies such as conventional
amine-based capture systems [2,3]. A further advantage of the
CaL technology is the low price, wide availability and harmlessness
towards the environment of the sorbent precursor raw material,
namely natural limestone [2,4,5].
The CaL technology for CO2 post-combustion capture is based
on the reversible chemical reaction of carbonation–calcination of
CaO. The basic cycle involves CO2 capture from the ﬂue gas stream
of a power plant using lime (CaO) derived from calcination of nat-
ural limestone:
Nomenclature
A carbonator section, m2
CCO2 average CO2 concentration, mol/m
3
CCO2;eq equilibrium concentration of CO2, mol/m
3
Deff intrinsic diffusion constant, m
3/(mol s)
Deff equivalent diffusion constant, m
3/(mol s)
ECO2 carbon capture efﬁciency
ECO2;eq maximum carbon capture efﬁciency
ECO2;D carbon capture efﬁciency in the diffusion regime
ECO2;K carbon capture efﬁciency in the kinetic regime
f 0 inlet molar fraction of CO2
f a volumetric fraction of CaO that reacts in the kinetic
reaction regime
f e equilibrium molar fraction of CO2
F0 mole ﬂow of fresh makeup limestone, mol/s
FCO2 mole ﬂow of CO2 in ﬂue gas entering the carbonator
FCO2;cal mole ﬂow of CO2 originating in the calciner, mol/s
FP mole ﬂow of solids purge in the calciner, mol/s
FR mole ﬂow of CaO coming from the calciner, mol/s
h thickness of the product layer of a sorbent particle, nm
ks intrinsic kinetic constant m4/(mol s)
T0 time of TGA multicyclic test, s
MCaO molar mass of CaCO3, g/mol
mCO2 volume ﬂow rate per MW of a typical power plant of
CO2 in ﬂue gas entering the carbonator, m3/s
N calcination–carbonation cycles
NCa mol of Ca in the carbonator, mol
P pressure (bar)
rave;D average reaction rate in the diffusion regime, s1
rave;K average reaction rate in the kinetic regime, s1
rN;D particle reaction rate in the diffusion regime, s1
rN;K particle reaction rate in the kinetic regime, s1
Save;K average reaction available surface, m1
SN reaction available surface in the N cycle, m2/m3
T temperature (C)
t time, s
tK characteristic time at which kinetic phase end, s
tmax Particle residence time in carbonator, s
Vgas volume ﬂow rate per MW of a typical power plant in
ﬂue gas entering the carbonator, m3/s
VM;CaCO3 molar volume, m
3/mol
Ws solid inventory in the carbonator per MW of a typical
power plant, kg
Ws;c solid inventory in the calciner per MW of a typical
power plant, kg
X carbonation degree of a CaO particle
Xave average conversion of the sorbent
Xave;D average conversion of the sorbent in the diffusion phase
Xave;K average conversion of the sorbent in the kinetic phase
Xmax;ave maximum average carbonation degree of CaO in the so-
lid population
Xmax;ave;D maximum average carbonation degree of CaO in the so-
lid population in the diffusion phase
Xmax;ave;K maximum average carbonation degree of CaO in the so-
lid population in the kinetic phase
XN maximum carbonation degree of CaO in the N cycle
XND maximum carbonation degree of CaO in the N cycle in
the diffusion phase
XNK maximum carbonation degree of CaO in the N cycle in
the kinetic phase
Xr residual conversion capacity of a sorbent particle
j deactivation constant of a sorbent particle
rN particle fraction in the N cycle
qCaO CaO density, g/m3
qg density of gas phase, g/m3
s average residence time in the carbonator, s
sa active space time of the carbonator, s
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Flue gases from coal-ﬁred power plants generally contain a
mole fraction of CO2 in the range of 10–15% [6,7], whereas typical
residence times in the carbonator reactor would be on the order of
minutes. Taking into account these constraints, optimum carbona-
tion temperatures are around 650 C for a quick enough reaction
kinetics and low value of the equilibrium CO2 concentration in
order to achieve signiﬁcant efﬁciencies of CO2 capture (around
80–90%) [8]. Efﬁcient gas–solid contact and heat/mass transfer
would be ensured by the use of circulating ﬂuidized-bed reactors
(CBF). CFBs are typically operated at atmospheric pressure under
the fast ﬂuidization regime, with gas velocities of the order of
5–10 m/s [9,10]. The partially carbonated particles are driven into
a second ﬂuidized bed reactor (calciner), where CaO is regenerated
by calcination under high temperatures and necessarily high CO2
concentration [11–14].
Once CO2 is captured in the carbonator and heat from the
exothermic reaction is recovered, the ﬂue gas almost free of CO2
is released into the atmosphere. After a residence time in the car-
bonator of a few minutes, the carbonated solids are circulated into
the calciner. Coal is burned into the calciner reactor using pure O2
(oxy-combustion) to increase the temperature up to the value
required for the endothermic calcination reaction to occur fast
and avoid CO2 dilution at the same time. Thus, CO2 is retrieved
from the calciner for compression, transport and geological storage
or other uses. The regenerated sorbent produced in the calciner is
returned to the carbonator for a new cycle.In order to predict the efﬁciency of CO2 capture by integrating
the CaL technology on existing power plants, a number of models
have being proposed in the literature [15–18]. Besides, several
pilot-medium scale plants (up to 1.7 MWth) demonstrate a high
CO2 capture efﬁciency, which raises hopes on a successful
scale-up of the technology [13,14,19–21]. Interestingly, the CaL
technology is also suitable to be integrated with biomass combus-
tion as shown in a pilot-scale plant (300 kWth), which would allow
producing power with negative CO2 emissions [20].
The multicyclic calcination/carbonation behavior of CaO used in
current carbonator models has been inferred from thermogravi-
metric analysis (TGA) results in which calcination is usually carried
out under low CO2 partial pressure mainly due to technical difﬁcul-
ties. Under these conditions, most of the carbonation reaction in
short residence times occurs on the surface of the CaO particles
through a kinetically controlled fast phase whereas the subsequent
solid-state diffusion controlled phase is comparatively negligible
as will be seen in detail below. The present manuscript proposes
a new carbonator model that does consider the relevant effect of
realistic calcination conditions, necessarily involving calcination
under high CO2 pressure, on the multicyclic CaO conversion behav-
ior. In order to stress the relevant role of calcination conditions on
the sorbent performance, the next section is devoted to brieﬂy
review recent TGA results that will be employed in the formulation
of the new carbonator model. We follow up with the development
of the carbonator model. Finally, capture efﬁciency results from the
new model are compared with predictions by models reported in
the literature and pilot-scale results.
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multicyclic CO2 capture behavior of limestone
Results of TGA tests show that the multicyclic CO2 capture
capacity of limestone derived CaO is strongly inﬂuenced by the
conditions under which calcination is performed [22–24]. The
most feasible method in practice to generate the heat required in
the calciner while at the same time avoiding CO2 dilution is to burn
coal by oxy-combustion [4,11–14]. Thus, calcination is carried out
in an environment containing between 70% and 90% vol. concen-
tration of CO2 at atmospheric pressure [11,23,25–27]. Calcination
kinetics becomes extremely slow under high CO2 partial pressures
nearby equilibrium (T  870–900 C) [22]. This makes necessary to
increase the temperature over 930 C to rise the CO2 partial equi-
librium pressure well above the CO2 partial pressure in the calciner
and yield sufﬁciently fast reaction kinetics in short residence times
[14,21,28].
2.1. Sorbent deactivation
The combination of high temperature and high concentration of
CO2 during calcination enhances the progressive deactivation of
the sorbent as the number of cycles builds up due to enhanced sin-
tering [29–32]. Enhanced sintering of CaO has a strongly negative
effect on the active surface of the solids available for the gas–solid
reaction in the kinetically driven fast phase. Grasa and Abanades
[33] proposed to ﬁt the observed evolution of CaO conversion XN
(ratio of mass of CaO converted to CaCO3 to mass of CaO initial)
with the number of cycles by means of the Eq. (2):
XN ¼ 11
1Xr þ jN
þ Xr ð2Þ
where j = 0.52 and Xr = 0.075 are the deactivation constant and the
residual conversion, respectively. This equation is however based
on results from multicyclic calcination/carbonation TGA tests in
which the sorbent is regenerated by calcination under low CO2 par-
tial pressure. Thus, conversion after 1st calcination (X1) is close to
unity. This high value of conversion is due to the relatively high
porosity of the CaO particles derived by short-time calcination
under low CO2 partial pressure. Despite that Eq. (2) cannot reﬂect
the effect of calcination under high CO2 pressure as would be the
case in the CaL technology, it has been routinely used in theoretical
studies as representative of the sorbent behavior in order to model
the carbonator reactor [15–18].Fig. 1. Time evolution of sorbent weight% during precalcination and subsequent carbon
Different calcination conditions are indicated. Reproduced from data reported in [35].In more recent TGA studies [34,35], a modiﬁed equation was
proposed using data obtained from multicyclic calcination/carbon-
ation tests under more realistic calcination conditions involving
high CO2 partial pressure (70% v/v CO2, 30% air) at temperatures
of 950 C as well as fast transitions between the calcination and
carbonation stages. The modiﬁed equation proposed is:
XN
X1
¼ Xr
X1
þ 1
jðN  1Þ þ ð1 XrX1Þ
1
0
@
1
A ð3Þ
where j = 0.776 and Xr = 0.077 and X1 = 0.48 is CaO conversion
after 1st calcination. Carbonation/calcination conditions in these
tests where 650 C/5 min for carbonation under 15% CO2 and
950 C/5 min for calcination under 70% CO2.
Eq. (3) looks similar to Eq. (2), but with the main difference that
it takes into account the smaller value of conversion in the ﬁrst
cycle after calcination under high CO2 partial pressure. Besides,
the deactivation constant is higher as compared to that derived
from tests carried out calcining under low CO2 partial pressure.
In the real process, a makeup ﬂow of fresh limestone must be con-
tinuously fed into the calciner in order to compensate for sorbent
deactivation. Limestone is therefore ﬁrst calcined in the stationary
state under high CO2 partial pressure at the same conditions that
the partially carbonated solids are calcined for CaO regeneration.
Thus, the use of Eq. (3) for modelling the carbonator reactor might
help simulating more realistic CaL conditions.
2.2. Fast and slow carbonation stages
Two well differentiated stages can be observed during carbona-
tion of CaO solid particles [30,36–38]. The ﬁrst stage takes place on
the free surface of the solid through the nucleation and growth of
CaCO3 and is governed by the kinetics of the reaction between CaO
and CO2. The end of the fast stage takes place when a 40–60 nm
thickness product layer is formed, which makes inaccessible a
large fraction of CaO in the interior of the particles for fast kineti-
cally controlled carbonation [39]. Once the CaO free surface
directly available for fast carbonation has been covered the reac-
tion continues in a second stage which is controlled by the
solid-state diffusion of CO32 and O2 ions through the product
layer, which is a much slower process [40,41].
TGA results show that the solid-state diffusion controlled car-
bonation is greatly enhanced when CaO is regenerated under high
CO2 partial pressure as compared to calcination under low CO2
concentration [26,42,43]. Fig. 1 shows the time evolution ofation/calcination cycles. Carbonation at 650 C for 5 min (15% CO2/85% air vol/vol).
Fig. 3. CaO conversion in the kinetically controlled carbonation stage (XNK) and in
the diffusion controlled stage (XND) as a function of the cycle number. Pre-
calcination and calcinations conditions: CO2 vol% = 70%, t = 5 min, T = 950 C.
Carbonation conditions: CO2 vol% = 15%, t = 5 min, T = 650 C. The inset shows the
time evolution of sorbent wt% in the ﬁrst 3 cycles. Obtained from data originally
reported in [42].
Table 1
Fitting parameters for sorbent deactivation curves of conversion in the kinetic and
diffusion controlled stages (Fig. 3).
Carbonation stage Kinetic Diffusion
Time 0.3 min 5 min
Deactivation constant jK = 0.676 jD = 0.871
Residual conversion XrK = 0.0296 XrD = 0.0408
1st cycle conversion X1;K = 0.0218 X1;D = 0.263
C. Ortiz et al. / Fuel 160 (2015) 328–338 331sorbent weight during the ﬁrst calcination/carbonation cycles of
two TGA tests in which calcination was carried out either under
high CO2 partial pressure or air. The results demonstrate that car-
bonation in the fast initial phase is extraordinarily hindered when
the sorbent is regenerated under high CO2 concentration. Even
though the reaction rate is similar for the two tests, the maximum
carbonation conversion in the fast phase is signiﬁcantly hampered
for the sorbent regenerated under high CO2 partial pressure essen-
tially due to severe sintering and drastic reduction of the surface
area [22]. On the other hand, carbonation in the diffusion con-
trolled phase is notably enhanced when calcination is carried out
under high CO2 concentration especially in the ﬁrst cycles.
A close examination of TGA test results reported in the litera-
ture for CaO derived from other precursors such as steel slag
(Fig. 2a) and results obtained from pilot scale tests (Fig. 2b) reveals
also that in those cases the relatively slower solid-state diffusion
controlled phase contributes substantially to carbonation for resi-
dence times of a few minutes.
Fig. 3 shows the multicyclic evolution of CaO conversion in the
kinetically controlled (XNK) and diffusion controlled (XND) carbona-
tion stages derived from TGA tests reported in [35] in which calci-
nation was carried out under high CO2 partial pressure. Both XNK
and XND can be pretty well ﬁtted by Eq. (3) using the parameters
given in Table 1.
As can be seen in Fig. 3, the contribution of the diffusion con-
trolled phase to CaO conversion is quite relevant being of the same
order than CaO conversion in the kinetically controlled phase for
5 min overall carbonation periods. Moreover, an increase of the
carbonation phase above 5 min would lead to higher conversion
in the diffusive phase since carbonation in this stage grows roughly
linearly with time until carbonation is completed [42]. Thus, it
seems clear that a carbonator model should consider carbonation
in the diffusion stage in order to predict realistic values of efﬁ-
ciency and to draw useful conclusions on the optimum operating
parameters in a commercial plant. This is the main goal of the pre-
sent manuscript.
3. Carbonator model approach
3.1. Kinetic model
As mentioned in the introduction, in order to predict the CO2
capture efﬁciency of the CaL technology, many authors [15–18]
propose to simplify the CaO conversion behavior by assuming thatFig. 2. (a) Time evolution conversion of steel slag during the ﬁrst, 5th, 10th, 15th, and 20
(Xave) vs. time and reaction constant (ksB), derivation for sample removed from the CFB carit reaches a maximum value, XN, at a constant rate (proportional to
the free surface available of CaO and the thickness of the CaCO3
layer formed) in a time tlim, after which the reaction rate drops
to zero (solid lines in Fig. 4a). This simplifying assumption would
be reasonable if calcination was performed under low CO2 partial
pressure. However, as pointed out above, the diffusive carbonationth cycles (reproduced from [48] with permission). (b) Average CO2 carrying capacity
bonator during operation in pilot-scale test (reproduced from [28] with permission).
Fig. 4. CaO conversion as a function of time for different cycles showing in (a) the theoretical approximation proposed elsewhere for the kinetic model (solid lines) to describe
the progress of the carbonation reaction with time (reproduced from [18] with permission). Data points are experimental results from TGA tests in which calcination was
carried under low CO2 concentration. In (b) the kinetic model curves proposed in the present article (solid lines) are shown superposed to experimental data from TGA tests
reported in [49] in which calcination was carried out under high CO2 concentration (dotted lines). Note the different scales in (a) an (b) for the CaO conversion degree.
Fig. 5. Rate of kinetic and diffusive carbonation (rND, rNK respectively) as a function
of number of cycles from experimental data reported in [42] obtained by means of
TGA tests. The solid lines are best ﬁt curves using Eq. (3) yielding residual values of
the kinetic and diffusion rates of 0.096 and 0.0082, respectively and deactivation
constants of the kinetic and diffusion rates of 0.315 and 0.917, respectively.
332 C. Ortiz et al. / Fuel 160 (2015) 328–338phase plays a relevant role for calcination under high CO2 partial
pressure whereas the kinetically controlled carbonation stage is
severely hampered. Using the multicyclic TGA results reported in
[34,35,42], we develop below a modiﬁed carbonator model built
upon the model proposed by Alonso et al. [18]. The main novelty
of our model is that carbonation in the diffusion controlled phase
will be considered to predict the carbonation efﬁciency.
Fig. 4(a) shows experimental results from TGA tests in which
calcinations were carried out under low CO2 partial pressure. The
solid lines are the kinetic curves assumed in the carbonator model
described in [18]. As can be seen, the diffusion controlled stage is
negligible in the ﬁrst cycles although as the number of cycles is
increased the diffusive conversion becomes more important (see
results for cycle N = 20 in Fig. 4(a)). As seen in Fig. 4(a) the time
for the kinetic stage (tk) decreases with the number of cycles as
conversion in the diffusive phase is enhanced, which is however
dismissed in the theoretical model (solid lines). Fig. 4(b) illustrates
the kinetic curves proposed in our work as representative of the
experimental curves reported in [42] in which calcinations were
carried out under high CO2 partial pressure. It is assumed that
the time evolution of CaO conversion can be approximated by
two straight lines of constant slope, one corresponding to the
kinetically controlled carbonation stage and another one for the
diffusive carbonation stage. In this way, the new kinetic model
has into account the relevant role of the diffusion controlled phase.
According to experimental measurements, conversion would be
increased roughly linearly with time during the ﬁrst minutes in
the diffusion controlled stage against the widely accepted concep-
tion that once the fast kinetically controlled phase is completed,
additional carbonation by solid-state diffusion is negligible. Thus,
it may be anticipated that an important parameter inﬂuencing
the carbonation efﬁciency would be the residence time of the
solids in the carbonator.
According to the kinetic model proposed in this work (solid
lines in Fig. 4(b)), the reaction rate can be expressed as a function
of residence time in the carbonator by the following expression:
rN i ¼
rNK ¼ XNKtK for t 6 tK
rND ¼ XNDT0tk for tK < t 6 tmax
( )
ð4Þ
where rN_i is the reaction rate in the i-phase (either kinetic or diffu-
sion), tK is the time the kinetic phase takes, tmax is the residencetime of the particles in the carbonator, and XND/(T0  tK) is the rate
of diffusive conversion that will be derived from experimental
results.
Using experimental data reported in [42], the reaction rates in
the kinetic phase (rNk) and diffusive phase (rND) can be adjusted
as a function of the number of cycles N using Eq. (3) as shown in
Fig. 5.
According to Bhatia and Perlmutter [38], the rate of CaO conver-
sion in the kinetically controlled fast phase at atmospheric pres-
sure, can be expressed by a ﬁrst-order kinetic law:
dX
dt
¼ rNK ¼ ksSNð1 XÞ
2
3ðCCO2  CCO2eqÞ ð5Þ
where CCO2 and CCO2eq are the actual and equilibrium CO2 concentra-
tions, respectively, and ks is the kinetic constant. SN is the CaO speci-
ﬁc area available for reaction after N cycles, which is proportional to
the particle conversion degree. As can be seen in Fig. 5, the reaction
C. Ortiz et al. / Fuel 160 (2015) 328–338 333rate in the kinetic phase (rNk) decays with the number of cycles due
to the effect of sintering that leads to a decrease of the available sur-
face SN).
By integrating Eq. (5) and ﬁtting it to the experimental data
reported in [42], we obtain a value of the kinetic constant
ks = 6.7  1010 m4/(mol s), which is similar to the value reported
by other authors [38,44] also for natural limestone but under dif-
ferent operating conditions as regards calcination. This suggests
that the kinetics of carbonation in the fast phase is essentially
determined by the CaO surface area and does not depend on the
calcination conditions. The essential effect of calcination under
CO2 would be thus to enhance sintering, which greatly reduces
the available surface area for carbonation and therefore the dura-
tion of the kinetic phase.
The rate of conversion in the diffusion controlled phase can be
expressed using an effective diffusion constant Deff [40]:
dX
dt
¼ rND ¼ Deff ðCCO2  CCO2eqÞ
2
3 ð1 XÞ
1
3  23 ðZ þ ð1 ZÞð1 XÞÞ
1
3
ð6Þ
where Z is the ratio of the molar volume of CaCO3 and CaO. Eq. (6)
can be adjusted to the experimental data (Fig. 5) to obtain a value
for the diffusion constant. As seen from the experimental results
(Fig. 5) the rate of carbonation in the diffusive stage remains after
2–3 cycles approximately constant with the number of cycles. In
[42], some of the TGA tests presented were made by prolonging
the carbonation stage up to 30 min showing that the rate of carbon-
ation in the diffusion controlled phase did not change appreciably
over this time interval. Thus, we may neglect as a ﬁrst approxima-
tion the dependence of the diffusive reaction rate on conversion and
use the simpliﬁed expression:
rND  Deff ðCCO2  CCO2eqÞ ð7Þ
where Deff is an effective diffusion constant. By using
rND  0:01 min1 (Fig. 5) a value of Deff = 6.5  105 m3/(mol s) is
obtained.3.2. Capture model
In Fig. 6 we show the global scheme for the CaL system with the
deﬁnition of main parameters used for deﬁning and evaluating CO2
capture.FCO2 (1-ECO2)
carbonator
T=650ºC 
Ws 
FR
FCO2
FR Xa
Fig. 6. Scheme of the CaL post-cThe average conversion of the CaO particles present in the reac-
tor (Xave) is given by the sum of conversion in the kinetic fast phase
(Xave,k) and conversion in the diffusive phase (Xave,D):
Xave ¼ Xave;K þ Xave;D ð8Þ
For a given continuous supply of fresh limestone into the cal-
ciner and a given solids purge, the fraction of particles subjected
to a given number of cycles N is given by [30]:
rN ¼ F0F
N1
R
ðF0 þ FRÞN
ð9Þ
The average maximum conversion (Xmax,ave) can be calculated as
the weighted sum of conversions after N cycles:
Xmax;ave ¼
XN¼1
N¼1
rNXN ð10Þ
Xmax;ave ¼ Xmax;ave;K þ Xmax;ave;D ¼
XN¼1
N¼1
rNXNK þ
XN¼1
N¼1
rNXND ð11Þ
The average reaction rate depends on the phase the particles are
reacting as:
rave i ¼
rave;K ¼ Xmax;ave;KtK si t 6 tK
rave;D ¼ Xmax;ave;DT0tk si tK < t 6 s
8<
:
9=
; ð12Þ
where s is the average residence time of the particles in the
carbonator:
s ¼ NCa
FR
¼ Ws
56FR
ð13Þ
The average conversion of the particles leaving the carbonator
can be obtained from the sum of the average particle conversion
reacting in the fast carbonation phase (Xave;K) and the average par-
ticle conversion reacting in the diffusive phase (Xave;D):
Xave ¼ Xave;K þ Xave;D ¼ f aXj6tK þ ð1 f aÞXj>tK ð14Þ
Xj6tK ¼
R tK
0 rave;K t
1
s
 
e
t
sdt
1 etKs
ð15Þ
Xj>tK ¼ Xmax;ave;K þ
R s
tK
rave;D t
1
s
 
e
t
sdt
1 etKs
ð16Þcalciner
T=950ºC 
Ws,c 
F0
FP
ve
FCO2,cal 
ombustion capture model.
334 C. Ortiz et al. / Fuel 160 (2015) 328–338where tD ¼ s tK and f a is the fraction of particles reacting in the
kinetic phase, which is given by [18]
f a ¼ 1 e
tK
s
 
ð17Þ
The average surface area for reaction in the kinetic phase can be
expressed by [44]:
SaveK ¼
VMCaCO3Xmax;ave;K
MCaOh
qCaO ð18Þ
Since conversion is typically low except for the ﬁrst cycles, Eq.
(5) can be simpliﬁed by dismissing the dependence of the reaction
rate on conversion as done in [18]. Thus, it is possible to express
the average reaction rate in each carbonation phase as:
raveK ¼ ksSaveK ðCCO2  CCO2eqÞ ð19Þ
raveD ¼ Deff ðCCO2  CCO2eqÞ ð20Þ
The capture efﬁciency in the carbonator ECO2 can be calculated
as [18]:
ECO2 ¼ FRFCO2 Xave ð21Þ
ECO2;K ¼ FRFCO2 Xave;K ð22Þ
ECO2;D ¼ FRFCO2 Xave;D ð23Þ
where the capture efﬁciency in the fast phase (ECO2;K) and the diffu-
sive phase (ECO2;D) have been considered as separate contributions
in order to evaluate their relative importance.
Assuming that the gas passes in plug ﬂow through a bed of per-
fectly mixed solids, the carbon mass balance in the gas phase in a
differential element of the carbonator reactor can be written as:Table 2
Values of the parameters used for the calculation of capture efﬁciency.
Parameter Value References
mCO2/MW (kg/s) 0.1 [18]
f0 0.15 [18]
P (bar) 1 [18]
T (C) 650 [18]
h (nm) 50 [18,40]
Ks (m4/mol s) 4  1010 [18]
0
0,1
0,2
0,3
0,4
0,5
0,6
0,7
0,8
0,9
1
0 50 100 150 2
E C
O
2
Ws (k
F0/FCO2=0,1
Fig. 7. Capture efﬁciency calculated as a function of the solids inventory in the carbonat
model proposed in this work.FCO2
dECO2
dz
¼ A qCaO
VMCaO
ðf araveK þ ð1 f aÞraveD Þ ð24Þ
Integrating Eq. (24) along the carbonation reactor, it results
w ¼  f 0
f 0f e  f 0
ECO2 þ f 0ðf 0  1Þðf 0f e  f 0Þ2
ln
ðf 0  f eÞ þ ðf 0f e  f 0ÞECO2
f 0  f e
 " #
ð25Þ
where
z ¼ FCO2 MCaO
Ws  qg  ðSaveK  f a  ks þ Deffsim  ð1 f aÞ
w ð26Þ
and f e and f 0 are the equilibrium and inlet molar fraction of CO2,
respectively.
4. Model results
A series of parametric calculations have been carried out to
determine the CO2 capture efﬁciency of the carbonator under dif-
ferent operating conditions. The calculations are made for a typical
coal combustion power plant using a value of 0.15 for the volumet-
ric fraction of CO2 in the ﬂue gas entering the carbonator and a ﬂow
rate FCO2 = 0.1 kg CO2/s as typical values [18].
In the ﬁrst run we will use as key input parameters the solid
inventory in the carbonator reactor (Ws), the ﬂow rate of fresh
limestone makeup (F0) fed into the calciner and the ﬂow rate of
solids entering the carbonator coming from the calciner (FR). As
for the rest of parameters, the same representative values
employed in previous works [18] will be used (Table 2). Figs. 7
and 8 show the calculated capture efﬁciency as function of the
total solid inventory in the reactor W (normalized per MWth) for
different values of FR and F0.
As seen in Figs. 7 and 8, the model proposed in this paper yield
results which are less sensitive than those obtained from the refer-
ence model [18] to changes in the solids recirculation ﬂow rate (FR)
and the ﬂow rate of fresh limestone introduced in the cycle (F0). On
the other hand, for ﬁxed values of F0, increasing the solids inven-
tory in the carbonator yields a signiﬁcant increase of the capture
efﬁciency as a result of having considered the enhanced conversion
in the diffusive phase. According to the reference model [18],
increasing the solids inventory over a certain value does not lead
to an increase of the carbonation efﬁciency despite it has not
reached the maximum attainable value (0.92) according to the
inlet and equilibrium CO2 concentration for the carbonation reac-
tion at 650 C. This would be the maximum capture efﬁciency00 250 300 350 400
g/MW)
FR/FCO2=5 Calculated from model proposed in [18]
FR/FCO2=5 Extracted from data shown in [18]
FR/FCO2=5 Proposed model in this work
FR/FCO2=20 Calculated from model proposed in [18]
FR/FCO2=20 Extracted from data shown in [18]
FR/FCO2=20 Proposed model in this work
or for different FR/FCO2 ratios according to the model presented in [18] and the new
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Fig. 8. Carbonation efﬁciency as a function of the solids inventory in the carbonator at different FR/FCO2 ratios according to the model presented in [18] and the new model
proposed in this work.
Fig. 9. Left axis: carbonation efﬁciency as a function of the residence time in the reactor (modifying the solids inventory, Eq. (13)). Right axis: ratio of CO2 capture efﬁciency in
the kinetic controlled phase to carbonation efﬁciency in the diffusion controlled phase as a function of residence time. Calculations are made for ﬁxed values of FR/FCO2 and
F0/FCO2 as indicated.
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Fig. 10. Carbonation efﬁciency as a function of the residence time in the carbonator,
which is varied by changing the FR/FCO2 ratio (upper horizontal axis). Calculations
made for ﬁxed values of Ws and F0/FCO2 as indicated.
C. Ortiz et al. / Fuel 160 (2015) 328–338 335achievable if the solids had fully reacted, which is not theoretically
allowed if carbonation in the diffusion controlled phase is fully
neglected as assumed in previous modelling works [18]. In the ref-
erence model [18] the active fraction of solids drops signiﬁcantly
after a short time once the kinetic controlled phase is ended. In
contrast, the solids are considered to remain active for a long time
in the proposed model in the present work as long as the subse-
quent carbonation in the diffusion controlled phase is taking place.
Figs. 7 and 8 demonstrate that our model predicts a greater cap-
ture efﬁciency for longer residence times of the particles in the car-
bonator. For example, Fig. 8 shows that for a ratio FR/FCO2 = 5, and a
solids inventory of about 200 kg/MW, the proposed model predicts
a higher capture efﬁciency than the reference model [18]. Fig. 9
shows the capture efﬁciency calculated as a function of the resi-
dence time in the carbonator using FR/FCO2 = 5 and F0/FCO2 = 0.01
and varying the value of solids inventory, which changes the resi-
dence time s (Eq. (13)). This ﬁgure shows also the ratio of the car-
bonation efﬁciency in the kinetic controlled phase to that in the
diffusion controlled phase (right axis).
336 C. Ortiz et al. / Fuel 160 (2015) 328–338Fig. 9 shows that, according to the reference model [18], the
capture efﬁciency is not improved further after a residence time
of about 300 s since the fraction of active particles (considered as
only those able to react in the fast phase) diminishes with time
quickly. On the other hand, the capture efﬁciency is further
improved by taking into account enhanced conversion in the diffu-
sive phase as shown by the results obtained from the model pro-
posed. As can be seen in Fig. 9 the capture efﬁciency in the0,4
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1
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Fig. 11. Capture efﬁciency as a function of the ratio of makeup ﬂow rate to CO2 ﬂow
rate (F0/FCO2) at different solid inventories (Ws) and ratios of the recirculation ﬂow
rate to CO2 ﬂow rate (FR/FCO2). Results from the proposed model in this work are
compared with results from the model presented in a previous work [18].
Table 3
Operating conditions used in the simulations whose results are plotted in Fig. 12.
Vgas = 1.15 (m3/s)/MW
f0 = 0.15
Ws (kg/MW) = 100–800
Condition 1 Condition 2 Condition 3 Condition 4
FR/FCO2 5 10 5 10
F0/FCO2 0.1 0.1 0.01 0.01
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Fig. 12. Normalized capture efﬁciency as a function of the active space time. Results o
(displayed in Table 3) are compared with results obtained from previous models [16] [1diffusive phase (ECO2,D) becomes the major contribution to the total
carbonation efﬁciency just after tens of seconds. Besides, the cap-
ture efﬁciency continues to increase with the residence time and
may reach a rather high value at residence times above 500 s.
Fig. 10 shows the effect on the capture efﬁciency of increasing
the residence time (horizontal bottom axis) by decreasing the ﬂow
rate of recirculated solids between the reactors (FR, horizontal top
axis) while maintaining ﬁxed a value for the solids inventory. As
may be observed, by taking into account conversion in the diffusive
phase, the capture efﬁciency is notably increased by increasing the
value of the average residence time of the particles (s) while the
solids recirculation ﬂow rate is decreased (with a constant value
of solids inventory in the carbonator). An additional beneﬁt of
reducing the recirculation ﬂow rate can be that the solids activity
would be extended for longer times since the frequency of calcina-
tions is reduced, which would serve to minimize the makeup ﬂow
of fresh limestone needed.
The results plotted in Fig. 11 correspond to simulations in
which the solids recirculation ﬂow rate FR is kept ﬁxed while the
ﬂow rate of limestone makeup into the calciner (F0) is varied.
Interestingly, it is seen that high capture efﬁciency may be
achieved by operating with low values of F0 when Ws is increased
as a consequence of having extended the lifetime of the particles
that remain active in the carbonator by virtue of diffusive carbon-
ation. We must note, however, that neither sulphation nor ashes,
which will reduce the activity of the sorbent, have been considered
in the model. An additional makeup ﬂow of fresh limestone will
have to be employed in practice due to irreversible sulphation
and deactivation by ashes as reported in many studies
[7,16,25,45–47].
Let us now compare predicted results by the proposed model
with experimental results obtained from pilot-scale tests.
Capture efﬁciency obtained in pilot-scale tests is usually reported
as a function of an ‘‘active space time’’ [13,14,28], which is
expressed as the product of the residence time times the fraction
of active particles reacting in the fast stage and the average conver-
sion in this stage sa ¼ sf aXave;K . Taking into account also carbona-
tion in the diffusive phase, sa would be deﬁned in our model as
[28]10 100
 (s)
Condions 1
Condions 3
Condions 2. Calculated using [18]
btained from the proposed model in this work using diverse operating conditions
8] and with experimental data reported from pilot-scale INCAR tests [28].
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Table 3 shows the operating conditions used in the simulations
whose results are illustrated in Fig. 12. This ﬁgure shows experi-
mental values of the carbonation efﬁciency obtained from the
pilot-scale INCAR plant and reported in [14,19,28]. The operating
conditions used in the simulations have been chosen as represen-
tatives of those reported at INCAR pilot-scale tests [14,28].
As can be seen in Fig. 12 the model developed in the present
work provides results that conform better to experimental results
as compared to the results obtained from the previously proposed
model by Alonso et al. [18], which predict higher capture efﬁcien-
cies than the experimental ones. Results extracted from a model
proposed by Romano [16], which takes into account the effect of
ash, irreversible sulphation, and ﬂuidized bed dynamics have been
also plotted in Fig. 12. Romano also neglects carbonation in the dif-
fusion phase and uses CaO multicyclic conversion data derived
from tests in which calcination was carried out under low CO2 par-
tial pressure [33]. Although Romano’s model results ﬁt to the
experimental results within the data scatter, it may be seen that
the carbonation efﬁciency is predicted to increase with the active
residence time at a higher rate than the experimentally observed
trend (Fig. 12). Arguably, the key point enabling our model to
reproduce the experimental trend is to include CaO conversion in
the diffusion phase, which brings about a non-negligible contribu-
tion to the carbonation efﬁciency. As pointed out by Charitos et al.
[28], the particle fraction that would be reacting in the diffusion
regime can be much higher than the active fraction reacting in
the fast regime. Moreover, as reviewed in the introduction of the
present work, carbonation in the diffusion regime is greatly
enhanced when calcination is carried out under high CO2 concen-
tration. The new model takes into account these relevant aspects
in order to predict more realistic values for the capture efﬁciency.
A subject for further work would be to incorporate into our model
the effect of irreversible sulphation, ashes and ﬂuidized bed
dynamics.5. Conclusions
Carbonator models formulated until now are based on lab-scale
multicyclic CaO conversion results carried out by regenerating CaO
under low CO2 partial pressure. Under these unrealistic conditions,
carbonation in the kinetically controlled fast phase prevails on dif-
fusive carbonation. Thus, these models neglect further carbonation
of the particles once the fast carbonation stage is ended. However,
calcination under realistic CaO regeneration conditions, involving a
high CO2 partial pressure in the calcination environment, leads to a
signiﬁcant enhancement of CaO carbonation in the diffusion con-
trolled phase as compared to the kinetically controlled fast phase,
which is severely hindered. The new model proposed in this work
is based on lab-scale multicyclic CaO conversion results in which
calcination is carried out under high CO2 partial pressure as
expected in practice. Given the extraordinary relevance of carbon-
ation in the diffusive phase observed under these realistic condi-
tions, the model incorporates in the calculation of the capture
efﬁciency this stage of carbonation. Thus, the particles are consid-
ered to remain active in the carbonator beyond the kinetically con-
trolled carbonation phase, which is quite reduced. A main
conclusion from the simulation results is that the capture efﬁ-
ciency is improved by increasing the residence time in the carbon-
ator. For typical inventories of solids in the carbonator used in
previous models, we see that the molar ﬂow rate of CaO recircu-
lated can be substantially decreased while a high capture efﬁciency
is obtained. By increasing the residence time of the particles in the
carbonator, deactivation due to sintering in the calciner would be
mitigated. Furthermore, a smaller ﬂow of recirculated solids wouldallow reducing energy penalties in the operation of power plants
since the amount of heat required for calcination would be lowered
and the energy necessary for material transport would be also
reduced. In addition, a prolonged carbonation during extended res-
idence times in the carbonator will allow extracting more heat
from the reaction exothermicity. In a future work we plan to
improve the proposed model by taking into account other aspects
that will affect the carbonation efﬁciency at practice such as irre-
versible sulphation, deactivation by ashes and the effect of ﬂuidiza-
tion dynamics.
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 A CaL-CFPP (coal fired power plant) integration model is proposed and efficiency penalty is estimated.
 Carbonation in the diffusion stage is considered to predict the capture efficiency.
 Low efficiency penalty may be achieved by operating with longer particles’ residence time.
 Simulation results show that the energy penalty ranges between 4% and 7% points.a r t i c l e i n f o
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Emissionsa b s t r a c t
The Ca-Looping (CaL) process is at the root of a promising 2nd generation technology for post-combustion
CO2 capture at coal fired power plants. The process is based on the reversible and quick carbonation/calci-
nation reactionofCaO/CaCO3athigh temperatures andallowsusing lowcost,widelyavailable andnon toxic
CaO precursors such as natural limestone. In this work, the efficiency penalty caused by the integration of
the Ca-looping technology into a coal fired power plant is analyzed. The results of the simulations based on
the proposed integrationmodel show that efficiency penalty varies between 4% and 7% points, which yields
lower energy costs than other more mature post-combustion CO2 capture technologies such as the cur-
rently commercial amine scrubbing technology. A principal feature of the CaL process at CO2 capture con-
ditions is that it produces a large amount of energy and therefore an optimized integration of the systems
energy flows is essential for the feasibility of the integration at the commercial level. As a main novel con-
tribution, CO2 capture efficiency is calculated in our work by considering the important role of the solid-
state diffusion controlled carbonation phase, which becomes relevant when CaO regeneration is carried
out under high CO2 partial pressure as is the casewith the CaL process for CO2 capture. The results obtained
based on the newmodel suggest that integration energy efficiency would be significantly improved as the
solids residence time in the carbonator reactor is increased.
 2016 Elsevier Ltd. All rights reserved.1. Introduction
The potential application of the recently emerged Ca-Looping
(CaL) technology for post-combustion CO2 capture is increasingly
gaining momentum in the last years mainly due to the possibility
of implementing it in already existing power plants as a retrofit
with a relatively low penalty on plant performance as compared
to other already mature capture technologies such as conventional
amine-based capture systems (penalty around 8–12.5%) [1,2].
Basically, the CaL process consists of the capture of CO2 in the
post-combustion flue gas by carbonation in a high temperaturefluidized bed reactor of CaO solids derived from the calcination
of natural limestone (CaCO3). Another CaO precursor could be nat-
ural dolomite. According to recent lab-scale studies [3], dolomitic
lime would exhibit a greater capture capacity than lime at CaL con-
ditions for CO2 capture. On the other hand, several synthetics sor-
bents have been developed with enhanced capture behavior [4,5].
Nevertheless, the use of these synthetic sorbents usually leads to
an important increase of the cost of the system operation [6]. Tak-
ing into account that flue gases exiting from coal-fired power
plants generally contain a mole fraction of CO2 in the range 10–
15% [7,8], optimum carbonation temperatures are about 650 C
in order to achieve significant efficiencies of CO2 capture (around
80–90%) in short residence times [9]. The carbonated solids are
calcined in a second fluidized bed reactor (calciner) at higher
Notation
E emissions ratio after CaL, kg CO2/kWhe
ECO2 carbon capture efficiency
Eref emissions ratio before CaL, kg CO2/kWhe
FCO2 mole flow of CO2 in flue gas entering the carbonator
FO mole flow of fresh makeup limestone, mol/s
FP mole flow of fresh makeup limestone, mol/s
FR mole flow of CO2 in flue gas entering the carbonator
_mcoal coal mass flow, tonne/h
_msolids;in solids mass flow entering into the carbonator, tonne/h
_mvap total steam mass flow, tonne/h
N calcination–carbonation cycle number
NCa number of mols of Ca in the carbonator, mol
P pressure, bar
PCO2 CO2 partial pressure
Pvv live steam pressure, bar
Q general heat flow, MW
_QCaL heat consumption in the calciner, MW
_Qcarb heat generated in the carbonator, MW
_QCFPP reference plant heat consumption, MW
T temperature, C
Tvv live steam temperature, C
t time, s
_WASU power consumption in the ASU, MW
_WBi power consumption in the pump i, MW
_WASU power consumption in the ASU, MW
_WBi power consumption in the pump i, MW
_Wgen;CaL generated power in the CaL process, MW
_WCOM3 CO2 recycle compressor power, MW
_WCO2COMP CO2 storage compressor power, MW
_Wcons;Cal power consumption in the CaL cycle, MW
_WFGCOMP flue gas compressor power, MW
_WCFPP reference plant generated power, MW
Ws solid inventory in the carbonator per MW of a typical
power plant, kg
_Wsolid power consumption in solids transport, MW
_Wsteamcycle
power generate in the steam cycle, MW
_Wtur;i power generate in the turbine i, MW
X carbonation degree of a CaO particle
Xcalciner calciner efficiency
DPtur;i pressure change in the turbine i, bar
s average residence time in the carbonator, s
gref reference plant efficiency
gplant new global efficiency value in the cycle
Acronyms – Equipment
B2 pump for make-up water flow
B3 pump at secondary steam cycle
BOM1 pump at secondary steam cycle
CALCINER
calciner reactor
CARB carbonator reactor
COM3 CO2 stream recycle compressor
CYC1 cyclone linked to calciner
CYC2 cyclone linked to carbonator
DECOMP auxiliary equipment for simulation model
FG-COMP flue gas compressor
HEEXT-i gas–gas heat exchanger
HE-FG gas–solid heat exchanger
HE5 condenser
HE11 gas–solid heat exchanger
HE20 gas–gas heat exchanger
GASI degasifier
M1 mixer
MX4 mixer
MXH mixer
MXL mixer
PRECAL gas–liquid heat exchanger
SAT evaporator
SOBRE gas–gas heat exchanger
SP mixer
TUR high pressure steam turbine
TUR2 low pressure steam turbine
Val-i expansion valve number i
Acronyms – Streams
CAL-OUT stream exiting the carbonator
CARB-IN solids entering into the carbonator
CARB-OUT stream exiting the carbonator
CO2-INSTO CO2 stream exiting the calciner to storage
CO2-STO2 CO2 stream entering into the HE20 equipment
CO2-STO3 CO2 stream entering into the re-heater
CO2-STO4 CO2 stream exiting the re-heater
CO2-COM1 CO2 stream exiting the HE-FG equipment
CYC1-G gas stream exiting the CYC1 equipment
CYC1-S solid stream exiting the CYC1 equipment
CYC2-G gas stream exiting the CYC2 equipment
CYC2-S solid stream exiting the CYC2 equipment
DRY-COAL coal entering into the CaL system
EXT i-j extraction flow
FG-IN flue gas entering into the carbonator
FG-PLANT flue gas exiting the coal power plant
FGPLAN2 compressed flue gas
FGPLAN3 flue gas entering into the HE-FG equipment
FG-OUT2 flue gas entering into the preheater
FG-OUT2 flue gas exiting CaL system
GASI-G gas stream exiting the GASI equipment
GASI-L liquid stream exiting the GASI equipment
H2O-1 water stream entering into the condenser
H2O-2 water stream exiting into the condenser
H2O-REP i water makeup flow
INCALC auxiliary stream for simulation model
MAKEUP makeup flow of fresh limestone
O2 O2 stream entering into the calciner
OUTTUR1 steam flow exiting the TUR equipment
PURGE-i purge stream flow
Q-CARB total heat produced in the carbonator
Q-COMB auxiliary stream for simulation model
REC-CO2 CO2 stream recirculated into the calciner
REC-CO22 CO2 stream entering into the calciner
Q-CARB total heat produced in the carbonator
Q-COMB auxiliary stream for simulation model
STACARB2 steam flow entering into the evaporator
STACARB3 steam flow exiting the evaporator
SOLIDSIN solids entering into the calciner
VAP-IN water stream entering into preheater
VAP2 water stream entering into evaporator
VAP3 steam flow entering into TUR
VAP5 water flow exiting the condenser
VAP6 water flow recirculated to steam production
VAP23 steam flow entering into super-heater
VAP566 water flow exiting the BOM1 equipment
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ahighlyconcentratedCO2 streamready for compressionandseques-
tration. Importantly, CaO is regenerated in the calciner by calcina-
tion under necessarily high CO2 partial pressure, which requires
the use of rather high temperatures (>930 C) for efficient calcina-
tion in a typically short residence time of a few minutes [10–13]. A
number of pilot-scale plants (of size up to 1–2 MWth) have been
erected worldwide in the last years demonstrating the potential
suitability of the CaL process for post-combustion CO2 capture [14].
Several models have been proposed in the literature aimed at
predicting the efficiency penalty that arises from integrating the
CaL technology in commercial power plants [14]. These models
consider integration of CO2 capture into coal fired power plants
(CFPP) [15–18], lignite fired power plants (LFPP) [11], natural gas
combined cycle power plants (NGCC) [19] and integrated gasifica-
tion combined cycle power plants (IGCC) [20–23]. Depending on
the power plant type, most results show efficiency penalties in
the range 3–9% [6]. CaL integration studies are generally built upon
equilibrium models for the calciner reactor [15,16,24]. As regards
the carbonator, previous works have considered equilibrium mod-
els [20,25], semi-predictive models using the Kunni–Levenspiel
formulation for the fluidized bed hydrodynamics [15,26] or an
average conversion model [24]. Carbonator models generally use
lab-scale experimental results for the multicyclic CaO conversion
obtained from thermogravimetric analysis (TGA) whereby a lime-
stone sample is subjected to a large number of carbonation/calci-
nation cycles at controlled conditions of temperature and CO2
partial pressure. In these tests, calcination is usually carried out
under low CO2 partial pressure due to technical limitations related
to insufficiently fast heating/cooling rates of conventional ovens. If
CaO solids are regenerated by calcination in a low CO2 partial pres-
sure environment most of the subsequent carbonation reaction in
short residence times occurs on the surface of the CaO particles
through a kinetically controlled fast phase [27]. Consequently,
the CO2 capture efficiency predicted by carbonator models based
on these lab-scale results is hindered if the residence time of the
CaO solids in the carbonator is extended beyond a period of just
a few minutes. However, practical conditions to achieve a high
CO2 concentration stream in the calciner outlet generally involve
calcination under high CO2 pressure. Another feasible choice to
carry out calcination would be to perform it in an environment
of an easily separable gas from CO2, e.g. superheated steam [28],
which is an already available technology [29] at the commercial
level (Catalytic Flash Calcination, CFC) for cement production.
More recent TGA studies demonstrate that carbonation on the sur-
face of the particles in the kinetically controlled fast phase is
extraordinarily hampered when the solids are regenerated under
high CO2 pressure in accordance to realistic conditions. On the
other hand, carbonation in the subsequent solid-state diffusion
phase gains a substantial relevance [30,31]. A recent study that
models the carbonator by using experimental results from TGA
tests carried out under realistic calcination conditions shows that
the CO2 capture efficiency can be kept at high values if the resi-
dence time of the CaO solids in the carbonator is increased within
the practical range of several minutes [32]. The present manuscript
shows an integration study of the CaL technology for CO2 capture
in a CFPP using the carbonator model recently developed by Ortiz
et al. [32] in which the relevance of the solids residence time in the
carbonator as a critical parameter for the CaL capture performance
is for the first time demonstrated.
2. Carbonator modeling approach for CaL integration into a
CFPP
CO2 capture efficiency in the present work is assessed by means
of the carbonator model proposed by Ortiz et al. [32]. Fig. 1 (repro-duced from [32]) shows experimental curves for CaO conversion as
a function of time (dotted lines) and obtained from TGA tests
whereby CaO is regenerated by calcination under high CO2 partial
pressure [30,31,33]. As can be seen, carbonation occurs through
two well differentiated stages. A first fast stage that arises from
carbonation on the surface of the CaO particles, and is controlled
by the reaction kinetics, is followed by a relatively slower stage
which is limited by solid-state diffusion of CO2 across the product
layer. As may be seen in Fig. 1, the contribution of the diffusion
controlled phase to CaO conversion, which has been dismissed in
previous carbonator models, is quite relevant, being it of the same
order than CaO conversion in the kinetically controlled phase for
the 5 min overall carbonation periods of the experiments. Thus, a
prolongation of the carbonation residence time leads to a substan-
tial increase of CaO conversion since carbonation in the diffusive
phase grows roughly linearly with time in the typical range of
solids residence time of a few minutes [33]. Remarkably, this is
against the widely accepted conception that once the fast kineti-
cally controlled phase is completed, additional carbonation by
solid-state diffusion is negligible, which is based on experimental
tests in which the sorbent is regenerated by calcination under
unrealistically low CO2 partial pressure [27]. Thus, a main conclu-
sion driven from the carbonator model proposed in [32] is that the
CO2 capture efficiency is maintained at an acceptably high value if
the solids recirculation rate between the calciner and carbonator
(FR) is reduced, which yields an increase of the residence time of
the solids in the carbonator. In contrast, previous models predicted
a marked decrease of CO2 capture efficiency if FR was decreased
since carbonation was thought to be limited to the short reaction
controlled fast stage.
As obtained from the new carbonator model, Fig. 2 (reproduced
from [32]) shows the effect on the CO2 capture efficiency of
increasing the solids residence time (horizontal bottom axis) in
the carbonator by decreasing the flow rate of recirculated solids
between the reactors (FR, horizontal top axis) while keeping fixed
a value for the solids inventory Ws. As may be observed, by taking
into account conversion in the diffusive phase, the CO2 capture effi-
ciency is maintained roughly constant as the average solids resi-
dence time (s) is increased by a reduction of the solids
recirculation flow rate. An important benefit derived from reducing
the solids recirculation flow rate would be that the lifetime of the
particles in the CaL cycle could be prolonged since the frequency of
calcinations would be reduced, which would help mitigating deac-
tivation by sintering and irreversible sulfation in the calciner. This
would serve to minimize the makeup flow of fresh limestone
needed and therefore reduce the cost of the technology. Regarding
to CaO deactivation, Zhao et al. [35] proposed to use the spent sor-
bent for the prior capture of sulfur oxides, which would yield a bet-
ter resource utilization and a minor capture process cost. Arguably,
a lower energy penalty would be achieved by increasing the resi-
dence time of the particles in the carbonator. A reduction of the
solids recirculation flow rate between the reactors would further
allow a reduction of the energy cost and size of the auxiliary equip-
ment for the CaL cycle such as heat exchangers and cyclones,
therefore lowering down the capital cost.3. CaL-CFPP – integration model
3.1. Coal fired power plant (CFPP) description
A reference 505 MWe coal fired power plant (CFPP) is used in our
work for analyzing the energy penalty arising from the CaL integra-
tion [7]. Fig. 3 shows a schematic representation of the reference
plant. The coal used is called Pittsburgh No. 8 whose composition
is shown in Table1.Data reportedbyWang et al. [7] on theoperation
Fig. 1. CaO conversion as a function of carbonation time for different cycles (N = 2, 10, and 20) showing the kinetic model curves proposed in [32] (solid lines) and
experimental data from TGA tests reported in [34] (dotted lines) in which calcination was carried out under high CO2 concentration. Conversion (X) and time (t) in the
reaction controlled (XNK, tK) and diffusion controlled (XND, tD) carbonation phases are indicated for cycles 20 and 2, respectively. Reproduced from [32] with permission.
Fig. 2. Carbonation efficiency as a function of the solids residence time in the
carbonator s, which is varied by changing the ratio of the flow rate of recirculated
solids between the reactors to the CO2 flow rate (FR/FCO2, upper horizontal axis).
Calculations made for fixed values of the solids inventory Ws and F0/FCO2 as
indicated (F0 is the flow rate of fresh limestone makeup fed into the calciner).
Results from the carbonator model used in the present work (developed in [32]) and
a carbonator model previously proposed by other authors [36] are shown for
comparison (reproduced from [32]).
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205 tonnes per hour of coal takes place in the steam boiler to gener-
ate 1335.7 MWthwith an 88.6% efficiency. For the steam cycle, a 42%
thermal to electric steam turbine efficiency is assumed based on
results reported for similar plants [18,37]. Considering a 10% of glo-
bal process parasitic electricity consumption, the reference CFPP net
power is 505 MWe. Thus, a 33.5% overall plant efficiency is estab-
lished [7]. The composition of the flue gas exiting the power plant,
which is driven to the CaL cycle, is detailed in Table 2.
3.2. CaL integration
For the CaL-CFPP integration analysis, mass and energy balances
in the process have been calculated by using the commercial soft-ware ASPEN PLUSTM. A schematic view of the integration is shown
in Fig. 3.
In order to simplify the model a number of main assumptions
are made: (i) steady state operation is assumed, (ii) pressure losses
in the heat exchanger equipment are neglected, (iii) solid–solid
heat exchange is simulated as a transfer of heat between both
solids, (iv) for all gas–solid heat exchangers an approach tempera-
ture of 10 C is established, and (v) gas passes in plug flow through
a bed of perfectly mixed solids in the reactors. For the sake of clar-
ity, the integration scheme (Fig. 4) will be analyzed by dividing it
into 3 main areas such as the carbonator, calciner and secondary
steam cycle.3.2.1. Carbonator model
In the carbonator reactor, the CaO particles entering it from the
calciner (at a flow rate FR) and those already present in the bed
(NCa) react with the flue gas flowing into it from the coal-fired
power plant. CO2 capture in this reactor is modeled according to
an equilibrium reactor following the study reported by Ortiz
et al. [32]. The operating carbonator temperature is set to 650 C
and it works at atmospheric pressure. An inventory of solids in
the carbonator bed (WsÞ of 200 tonnes of solids (400 kg/MWel) is
considered as a typical value used in carbonator models
[32,36,38]. The heat absorbed by the initial batch of solids to raise
its operation temperature for the first time is not taken into
account in the analysis since a steady operation regime is consid-
ered. Gas pressure loss across the carbonator reactor, which is
operated in the continuous fluidized bed (CFB) regime, is calcu-
lated from the Kunii–Levenspiel (K–L) fluid dynamics model
[39,40]. For the conditions of our simulation, the pressure loss
across the carbonator reactor is about 100 mbar, making it neces-
sary to use a compressor for the flue gas entering into it. In the car-
bonator model simulation carried out in the present work,
sulfation of the solids is considered by setting a value of 99% for
the SO2 capture capacity [18,41,42].
According to the carbonator model reported in [32], CO2 capture
efficiency can be expressed as a function of the total solids inven-
tory in the carbonator (Ws), the solids residence time in the car-
bonator (s) and the flow rate of fresh limestone makeup fed into
Fig. 3. Schematic representation of the coal fired power plant (CFPP) used as reference for the integration of the CaL cycle.
Table 1
Coal Pittsburgh No. 8 composition [3].
Proximate analysis %weight (as-received) %weight (dry) Ultimate analysis %weight (as-received) %weight (dry)
Moisture 5.2 – Moisture 5.2 –
Fixed carbon 48.1 50.7 Ash 8.6 9.1
Volatile matter 38.1 40.2 Carbon 70.2 74
Ash 8.6 9.1 Hydrogen 4.8 5.1
HHV (BTU/lb) 12.540 13.228 Nitrogen 1.5 1.6
Chlorine 0 0
Sulfur 2.2 2.3
Oxygen 7.5 7.9
Table 2
Flue gas composition of reference CFPP plant [3].
Component Flow (kmol/h) Flow (t/h)
N2 57752.53 1783.37
CO2 10388.25 503.96
H2O 4955.28 98.4
O2 2632.11 92.84
CO 473.68 14.63
NO 455.71 15.07
SO2 126.39 8.93
H2 41.81 0.093
NO2 0.20 0.01
SO3 0.07 0.06
S 0.01 0.04
Total 76826.03 2517.3
Ash 17.69
412 C. Ortiz et al. / Applied Energy 169 (2016) 408–420the calciner (F0), among other variables such as the multicyclic CaO
conversion used or the calcination conditions. According to carbon-
ator model results, by using limestone derived CaO as sorbent, a
CO2 capture efficiency of about 70–90% can be attained. The almost
free CO2 gas stream that exits the carbonator is sent to a series of
heat exchangers (see Fig. 4) in order to recover its sensible heat
before the gas is vented into the atmosphere.
As can be seen in Fig. 5, the post-combustion flue gas is pre-
heated before entering into the carbonator reactor (FG-IN) through
two heat exchangers (HE-FG and HE20) whereby heat is trans-
ferred from the CO2 gas stream exiting the calciner previous to
the storage stage (CO2-STO2) and from the calciner solids purgestream (PURGE3), respectively. The heat produced in the exother-
mic carbonation reaction, including the sensible heat recovered
by the solids from the calciner (Q-CARB) is used in a secondary
steam cycle for electricity generation. Given the large flow of solids
recirculated between reactors in the CaL cycle, the energy produc-
tion in the carbonator (and the energy consumption in the calciner)
is rather high, which yields a power production in a secondary
steam cycle similar to that produced in the reference power plant
as obtained also from other previously published models [11,17].
This implies a significant penalty for the integration of the CaL
cycle, albeit it could be reduced by inserting a heat exchanger
between the solids leaving the calciner (FR in Fig. 6, with a temper-
ature of about 950 C) and the solids entering into it that must be
heated up to the calcination temperature as detailed in Fig. 6. For
this same purpose, Martinez et al. have proposed the insertion of
alternative heat exchange systems between the calciner and the
carbonator such as a cyclonic preheater [43] or a mixing seal valve
[44]. An important consideration is the possibility of recarbonation
of the partially carbonated CaO particles when they enter into con-
tact with the gas/solid stream exiting the calciner. According to
Valverde et al. [31], recarbonation of the solids would have a rele-
vant effect on their multicyclic conversion behavior that should be
considered. A possible solution if recarbonation is to be avoided
could be the use of an indirect contact solid–solid heat exchanger,
or a coupled pair of efficient gas–solid heat exchangers. In order to
simplify the integration model in our work, a simple solid–solid
heat exchanger is assumed with an approach temperature of
20 C. Thus, the energy transferred to the secondary steam cycle
Fig. 4. General CFPP-CaL integration scheme.
Fig. 5. Schematic representation of the carbonator zone used in the simulations.
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therefore allows for a smaller size of equipment and auxiliary sys-
tems. Both possible schemes (introducing or not the solids heat
exchanger) are shown in Fig. 6. The sensitivity analysis that will
be described in Section 4 is devoted to a comparison of the energy
penalty that results from both options.
3.2.2. Calciner model
The partially carbonated solids at the carbonator outlet (CYC2-S
in Fig. 7) are recirculated into another CFB reactor (the calciner),
wherein CaO regeneration takes place through the endothermic
calcination reaction at atmospheric pressure. Besides, a fresh
makeup flow of limestone (MAKE-UP) that must be periodically
introduced into the calciner to compensate for sorbent deactiva-
tion has to be also calcined (Fig. 7). As reported in previous works
[26,45,46], for the calcination reaction to be fully achieved suffi-
ciently fast in the calciner at atmospheric pressure under high
CO2 partial pressure, it must be operated at temperatures over
930 C. At this temperature, which is 30–50 C above the calcina-
tion equilibrium temperature, full calcination of the solids is
achieved in short residence times, which yields a sufficiently high
calciner efficiency [47]. Increasing the calcination atmospherepressure promotes sintering of the sorbent and requires the use
of higher temperatures [48], which could be detrimental for the
plant performance.
The imposition of a high calcination temperature makes it nec-
essary to supply a large amount of heat to the calciner in order to
achieve an acceptable calcination efficiency. This is accomplished
by in-situ combustion of coal using pure O2 (O2-IN). Oxy-
combustion allows retrieving a CO2 rich stream at the reactor out-
let (70–90% v/v) for subsequent compression and storage (CO-
INSTO). As a previous step to oxy-combustion, coal decomposition
(DRY-COAL) into its elemental components (IN-CALC) is intro-
duced in the simulation model as may be seen in Fig. 7. For simu-
lating the oxy-combustion of coal in the calciner reactor a model
based on chemical and phase equilibrium through Gibbs’ free
energy minimization methods is used. To obtain the necessary
pure stream of O2 for oxy-combustion in the calciner the most fea-
sible option is to install an air separation unit (ASU). In this work,
the energy penalty caused by this equipment is taken as 200 kWh
per tonne of O2 produced according to results from previous
reports [42,49].
The necessary drying treatment of the gas stream exiting the
calciner (before compression and storage) is not simulated in the
Fig. 6. Schematic CaL cycle without (a) and with (b) solids heat exchanger between
the calciner and carbonator.
Fig. 7. Schematic representation of the ca
414 C. Ortiz et al. / Applied Energy 169 (2016) 408–420present work. Thus, only a one-stage compression model is simu-
lated aimed at compressing the gas stream at the calciner outlet
to a storage pressure of 100 bar. Before the compression stage, a
cooling process is performed in order to improve the compression
efficiency. The heat extracted from the CO2 stream is used for pre-
heating the flue gas entering into the carbonator (Fig. 4).
The regenerated CaO particles are recovered at the exit of the
calciner by a cyclone and circulated back into the carbonator for
a new cycle. Energy consumption derived from solids transporta-
tion has been set at 20 MJ per tonne of solids [50]. Part of the gas
stream is recirculated into the calciner (REC-CO22) in order to reg-
ulate the composition of gases in the reactor (Fig. 7). Thus, the
resulting gas stream at the outlet of the calciner (CO-INSTO) has
a high CO2 content (about 70–90%v/v CO2). The sensible heat of
the calciner’s outlet streams (CO2, CaO and purge stream) is trans-
ferred to the secondary steam cycle (Fig. 6a) or to the inlet stream
of CaCO3 (Fig. 6b) through heat exchangers. Finally, a purge of
solids is carried out in the calciner zone (PURGE3) to eliminate
ashes and deactivated solids.
3.2.3. Secondary steam cycle
The third main part in the simulation scheme is the secondary
steam cycle zone (Fig. 9). This steam cycle is based on a reheat
Rankine cycle with regeneration from five feedwater heaters
(HEEXT1:4), one of which are of total mixer exchanger type (GASI).
For this reason a series of steam extraction (EXT1:4) is realized. The
steam operational parameters have been chosen from data of sim-
ilar real power plants [51] and taking into account the CaL streams
characteristics in order to maximize the integration efficiency
without supplying more fuel for steam production. A makeup flow
of water is introduced in the system (H2O-REP) to compensate for
losses due to condensation in the turbine zone (COND). This water
makeup flow is heated using the sensible heat of the solids purged
(PURGOUT2). The steam boiler is modeled as a group of three inde-
pendent zones: (i) the preheater, where the sensible heat flue gas
stream (FG-OUT2) is used, (ii) the evaporator, where the heatlciner zone used in the simulations.
Fig. 8. T–Q diagram of the main steam heating process to reach the live steam temperature.
Fig. 9. Schematic representation of the secondary steam cycle zone used in the simulations.
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employed for fluid evaporation through a vapor stream from the
carbonator (STCARB2), and (iii) the super-heater, where a part of
sensible heat of the CO2 exiting the calciner (CO-INSTO) is used.
As can be seen in Figs. 4 and 9, the stream of CO2 exiting the cal-
ciner (at 950 C) is passed through a series of heat exchangers,
being the final stage previous to storage the steam re-heating
between turbines facilities (HE-INT). Fig. 8 shows the main steam
heating process to reach the live steam temperature. The con-
denser (HE5) is modeled as a heat exchanger using water as cold
stream. Table 3 shows several input parameter of the steam sec-
ondary cycle zone.4. Simulation results
The model described in Section 3 and using the solids heat
exchanger between the calciner and the carbonator (Fig. 6a) hasbeen simulated in order to determine the new global efficiency
and penalty arising from the CaL cycle integration in the reference
coal power plant. The values of the operation parameters used for
this purpose are summarized in Table 3.
In order to analyze the effect of integrating the CaL process in
the reference plant it is necessary to quantify the cycle efficiency
as affected by the new cycle penalty in order to assess whether ret-
rofitting the plant with the CaL process is industrially feasible and
competitive against other possible CO2 capture methods. As spec-
ified above, the reference plant efficiency is assumed to be of
33.5%. The new efficiency taking into account the CaL integration
is calculated by the following expression (1):
gplant ¼
_WCFPP þ _Wgen;CaL  _Wcons;CaL
_QCFPP þ _QCaL
ð1Þ
where gplant is the new global efficiency value after integration,
_WCFPP is the reference plant generated power, _Wgen;CaL is the gener-
Table 3
Main simulation model data.
Equipment/zone Parameter Value
FCO2 10388 kmol/h
F0=FCO2 0.05
s 313 s
FR=FCO2 10
Ws 200 tonne
Heat exchangers Approach temperature 10 C
Compressors, turbines Isentropic efficiency 0.85
Pumps Efficiency 0.9
Cyclones Efficiency 0.99
Type Barth 1
Correlation Muschelkrautz
Reactor/calciner T 950 C
P 1 atm
_mcoal 137 tonne/h
PCO2 0.83
Xcalciner 1
Reactor/carbonator T 650 C
P 1 atm
ECO2 0.77
ASU _WASU 200 kWh/tonne O2
_Wsolid 5.5 kWh/tonne solids
416 C. Ortiz et al. / Applied Energy 169 (2016) 408–420ated power in the CaL process (secondary steam cycle), _Wcons;CaL is
the power consumption in the CaL cycle, _QCFPP is the reference plant
heat consumption and _QCaL is the heat consumption in the calciner
for oxy-combustion.
The power consumption in the CaL cycle can be expressed
according Eq. (2):_Wcons;CaL ¼ _WFGCOMP þ _WCO2COMP þ _WCOM3 þ _WASU þ _Wsolid ð2Þwhere _WCO2COMP , _WCOM3 and _WFGCOMP are the power consumed in
the CO2 compressor for storage, CO2 recycle stream compressor
and flue gas compressor, respectively. _WASU is the power consumed
in the ASU and _Wsolid is the power consumption needed for the
transport of solids. Cycle integration and streams simulation results
are summarized in Tables 4 and 5, respectively.Table 4
Main cycle results.
Equipment/zone Parameter Value
Reactor/calciner _Qcal 1150.1 MW
COM3/calciner Power 9.5 MW
HEO2/calciner Heat duty 15.6 MW
Reactor/carbonator _Qcarb 711 MW
ECO2 0.77
FG-comp/carbonator Power 5.5 MW
HE-FG/carbonator Heat duty 117.5 MW
CO2-COM2/CO2 storage Power 181 MW
Pressure 100 bar
Secondary steam cycle _Wtur;1 240.6 MW
DPtur;1 128 bar
_Wtur;2 284.6 MW
DPtur;2 11.9 bar
_WB1 1.45 MW
_WB2 0.241
_WB3 4.86
g (secondary steam cycle) 0.42
CaL cycle g (without CO2 comp) 0.43
g (with CO2 comp) 0.28
CFPP + CaL cycle (integration) g 0.28
Integration penalty 5.60% points4.1. Sensitivity analysis
Parametric tests have been carried out in order to evaluate the
CaL integration potential in a real power plant. Percentage of pen-
alty points was calculated over the plant efficiency. Firstly, simula-
tion tests were carried out under certain particular conditions
imposed on the secondary steam cycle (Table 3). In order to ana-
lyze how these conditions affect the efficiency penalty, an analysis
changing the cycle conditions was performed by taking into
account a 10% relative variation on the values of several parame-
ters such as the live steam pressure (PVV) and live steam tempera-
ture (TVV) in the secondary steam cycle, the extraction flow, the
rate of consumption of oxygen and coal for oxycombustion in the
calciner ( _WASU and _Wsolid, respectively), and the pumps and com-
pression efficiencies. As can be seen in Fig. 10, a relative variation
of these parameters within a 10% yields a maximum change on the
order of 1% in the efficiency penalty. In regards to PVV and TVV, and
the compressor efficiencies their increase would yield a remark-
able decrease of the efficiency penalty. However, operation at
increased PVV and TVV involves a higher equipment cost, making
it necessary to carry out an additional sensitivity analysis from
the economic standpoint. A variation of the extraction flow and
pumps efficiencies does not have a critical effect on the energy
penalty. On the other hand, the energy penalty is notably increased
by the increase of the flow rate of coal and oxygen used for oxy-
combustion to raise the calciner temperature as might be expected.
Next a test is performed to analyze the effect of increasing the
solids residence time in the carbonator s by decreasing the recircu-
lation flow rate of solids between the calciner and the carbonator
(FR). As may be seen in Fig. 11, the efficiency penalty is notably
decreased as the solids residence time in the carbonator is
increased. Moreover, the lower the flow rate of fresh limestone
makeup the larger is the reduction of efficiency penalty. Thus, it
can be concluded that a lower flow of solids recirculation between
the reactors would lead to a remarkable improvement of the inte-
grated cycle efficiency. This is a novel relevant result to be high-
lighted that arises from the new carbonator model in which the
importance of carbonation of the CaO solids in the solid-state dif-
fusion controlled phase is considered.
An interesting parameter to assess the tradeoff between the
achieved CO2 capture efficiency and energy penalty is the specific
energy consumption per kg of CO2 captured (SPECCA). Thus,
SPECCA represents the additional fuel consumption (in MJ) neces-
sary to avoid the emission of 1 kg of CO2 into the atmosphere
[11,52,53]. It is calculated according to expression 3:
SPECCA ¼ 3600
1
gplant
 1gref
Eref  E ð3Þ
where gref ;gplant are the power plant efficiency without and with the
CaL cycle integrated, and Eref ; E are the emissions ratio (in kg CO2/
kWhe) before and after CaL cycle integration, respectively.
Fig. 12 shows the results of the values obtained for SPECCA in
our work to obtain a CO2 capture efficiency of 80% and 90%, respec-
tively, as depending on the solids recirculation flow rate. As can be
seen, for a given value of the solids recirculation flow rate (FR/F0
fixed), it is necessary to increase the amount of energy required
in order to obtain a higher capture efficiency since the makeup
flow rate of fresh limestone introduced into the system F0 must
be increased. Furthermore it is observed that a lower SPECCA is
attained as the solids recirculation flow rate if decreased for a given
capture efficiency (as was seen in Fig. 9). Thus, the additional
energy consumption necessary to achieve a given capture effi-
ciency is lowered as FR/F0 is diminished.
Fig. 13 shows the effect of changing the CO2 compression pres-
sure to storage on the steam cycle efficiency and efficiency penalty.
Table 5
Main streams results.
Streams Flow rate (kg/s) Temperature (C) Pressure (bar) Main composition (mole fraction)
Acronyms Definition
CARB-IN Solids entering into the carbonator 1708.32 950 1.01 CaO (0.98)
FG-IN Flue gas entering into the carbonator 634.35 384.5 1.10 N2 (0.75)
CO2 (0.14)
CYC2-S Solid stream exiting the carbonator 1807.29 650 1.01 CaO (0.90)
CaCO3 (0.08)
CYC2-G Gas stream exiting the carbonator 534.21 650 1.01 N2 (0.84)
CO2 (0.03)
PURGE4 Purge stream flow exiting the system 170.78 88 1.01 CaO (0.98)
CaSO4 (0.02) a
MAKE-UP Makeup flow of fresh limestone 170.78 25 1,01 CaCO3 (1.00)
O2-IN O2 stream entering into the calciner 87.61 640 1.10 O2 (1.00)
CYC1-G Gas stream exiting the calciner 584.01 950 1.01 CO2 (0.83)
CYC1-S Solid stream exiting the calciner 1879.03 950 1.01 CaO (0.98)
REC-CO22 CO2 stream recirculated into the calciner 350.40 970 1.10 CO2 (0.83)
CO-INSTO CO2 stream exiting the calciner zone 233.60 950 1.01 CaO (0.98)
VAP3 Live steam 429.53 560 140.00 H2O (1.00)
INTUR2 Reheated steam 340.19 472 17.00 H2O (1.00)
VAP5 Water flow exiting the condenser 293.38 46 0.10 H2O (1.00)
VAP-IN Water stream entering into steam boiler 429.53 251 140 H2O (1.00)
H2O-1 Water stream entering into the condenser 305.50 25 1.00 H2O (1.00)
H2O-REP Water makeup flow 15.08 25 1.00 H2O (1.00)
a Does not take into account ash flow (33.06 kg/s).
Fig. 10. Efficiency penalty as affected by the variation of several model parameters over the values shown in Table 3. Simulations made using the integration model described
in Section 4.
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nificant role on the integration penalty. A 1% increase of the effi-
ciency penalty is obtained by raising the storage CO2 pressure
from 50 bars to 140 bars. On the other hand, the steam cycle effi-
ciency is enhanced by increasing the storage CO2 pressure as seen
in Fig. 13 since the sensible heat of the CO2 stream to be com-
pressed is used for steam re-heating between the high and low
pressure turbines, which partially mitigates the increase of energy
penalty due to higher compression work. Arguably, the efficiency
of integration would be enhanced by using a more efficient com-
pression process for the CO2 produced, such as a multi-stage opti-
mized process, or using the high temperature and pressure CO2
stream in a secondary cycle, which would allow compression
needs to be reduced. In this regard, Fig. 14 shows the CFPP-CaL effi-
ciency penalty by taking into account an intercooled CO2 multi-
stage compression. In the present integration model, a high
temperature of CO2 compressed stream is needed since a part ofsensible heat from the CO2 stream is used for re-heating the steam
flow. For this reason, the process is simulated by taking into
account a constant inter-stage temperature of 170 C and avoiding
cooling in the last stage, which is followed by heating to the tem-
perature required for the exchange with the steam cycle (around
780 C). As seen from this analysis, by increasing the stages num-
ber it is possible to achieve a reduction of energy penalty of around
0.5%. Recent studies [54,55] have been devoted to a more detailed
and optimized heat exchanger analysis aimed at achieving the best
heat integration solution. Applying some of the methods proposed
in these analyses, an even smaller energy penalty could be attained
by operating under a higher solids residence time in the carbonator
according to Figs. 11 and 12.
A desirable option to reduce the integration efficiency penalty
would be to decrease the calciner reactor temperature with a con-
sequent reduction in fuel and O2 requirements for oxycombustion.
However, as mentioned earlier, fast calcination of the fresh
Fig. 11. Efficiency penalty for the integration of the CaL technology in a coal
combustion power plant as a function of the solids residence time in the carbonator,
which is varied by changing the ratio of solids recirculation to CO2 flow rates
(FR/FCO2). Calculations were made for several values of the ratio of limestone
makeup flow to CO2 flow rates (F0/FCO2).
Fig. 12. SPECCA value as a function of the ratio of solids recirculation flow rate to
CO2 flow rate (FR/FCO2). Calculations made from simulations of the model described
in Section 4 by varying the ratio of fresh limestone makeup flow rate to CO2 flow
rate (F0/FCO2) to get a fixed CO2 capture efficiency (ECO2) value of 80% (left) and 90%
(right).
Fig. 13. Steam cycle efficiency (left axis) and integration efficiency penalty (right
axis) as a function of CO2 storage pressure.
Fig. 14. Efficiency penalty (left axis) and compression power consumption (right
axis) as a function of stages number in the CO2 to storage multi-stage compression.
Table 6
Simulation results for the reference case with/without solid heat exchanger.
Parameter Value
Model inputs
FCO2 10388 kmol/h
F0=FCO2 0.05
s 313 s
FR=FCO2 10
Ws 200 tonne
Heat solid exchangers (between
calciner–carbonator)
Approach
temperature
20 C
Parameter Without heat
exchanger (reference
case)
With heat
exchanger
Model outputs
_Qcalciner 1150.1 MW 580.5 MW
_Qcarb 711 MW 218 MW
_Wsteam cycle 525.2 MW 291.4 MW
Coal consumption 137 tonne/h 69 tonne/h
Integration penalty 5.6% points 5.35% points
418 C. Ortiz et al. / Applied Energy 169 (2016) 408–420makeup of limestone under high CO2 partial pressure only takes
place at temperatures over 930 C. An alternative approach to
mitigate the energy penalty would be thus to use a natural CaO
precursor showing fast calcination at reduced temperatures as
compared to limestone. This can be the case of natural dolomite
as suggested by lab-scale TGA tests [3,6].
Let us finally assess the effect of introducing a solids heat
exchanger between the calciner and carbonator reactors (Fig. 6).
As can be seen in Table 6, the simulation including the heat
exchanger yields a significant reduction of coal consumption and
the thermal power produced by the CaL cycle (using an approach
temperature of 20 C), which implies a reduction of the efficiency
penalty in the global system. Besides, the power production in
the steam cycle is decreased and likewise the equipment size
and investment cost. Data on the efficiency penalty and coal con-
sumption in the calciner are shown in Fig. 15 as a function of the
approach temperature in the solid heat exchanger. As might be
expected, both penalty and coal consumption are decreased as
the approach temperature is decreased.
Fig. 15. Efficiency penalty and coal consumption as a function of approach temperature in calciner–carbonator heat exchanger. The insets indicate values of the thermal
power exchanger necessary for diverse values of DTmin.
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In this work we have analyzed the energy penalty arising from
integrating the CaL technology in a coal fired power plant for CO2
capture. Simulation results show that the energy penalty ranges
between 4% and 7% points over the reference plant efficiency
(taken as 33.5%). A main novel feature of the integration model
proposed is that it uses a carbonator model that considers the crit-
ical effect of solids residence time in the carbonator on the CO2
capture efficiency, as inferred from lab-scale experimental results
when the solids are regenerated by calcination under high CO2 par-
tial pressure in accordance with practical conditions. Thus, the
integration energy penalty is significantly reduced as the solids
residence time in the carbonator is increased within the practical
operation range of a few minutes. The main reason for this result
is the lower heat requirement in the calciner reactor as the recircu-
lation flow rate of solids between the calciner and carbonator reac-
tors is decreased. In addition, by increasing the solids residence
time, a smaller size of process equipment would be necessary thus
reducing investment costs as well as O&M cost.
A further conclusion from the analysis is that optimizing the
heat exchangers network and the power system parameters would
significantly improve energy penalty results. Nevertheless, the
large amount of heat required in the calciner leads to the produc-
tion of a large amount of energy in a secondary power cycle, which
results in a system of size similar to the actual reference power
plant size (without the CaL cycle) as obtained in previous works,
thus hindering investments prospective. Accordingly, it would be
highly convenient to optimize the heat integration of the streams
exiting the CaL with the reference power plant flows. Our work
suggests that a notably lower energy penalty could be achieved
together with a reduction of power production needs by adding s
solids heat exchanger system between the calciner and carbonator
reactors.
To summarize, operation conditions that would essentially
improve the industrial competitiveness of the CaL-CFPP integration
would consist of prolonging the residence time in the carbonator
reactor and optimizing the integration of heat produced. In a future
work an economic feasibility study must be carried out to take into
account the reduction of process equipment size possible when the
CaL cycle is operated with a lower solids recirculation flow rate as
suggested in the present work.Acknowledgements
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 Novel concept for thermochemical energy storage for medium–high temperature CSP.
 Energy storage based on the integration of calcium looping and carbon dioxide power cycle.
 Full system performance analysis at design and off design conditions.
 Global system efficiency including storage above 45%.
 Sensitivity analysis on main design and operation parameters of the cycle.a r t i c l e i n f o
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Energy storage is the main challenge for a deep penetration of renewable energies into the grid to
overcome their intrinsic variability. Thus, the commercial expansion of renewable energy, particularly
wind and solar, at large scale depends crucially on the development of cheap, efficient and non-toxic
energy storage systems enabling to supply more flexibility to the grid. The Ca-Looping (CaL) process,
based upon the reversible carbonation/calcination of CaO, is one of the most promising technologies
for thermochemical energy storage (TCES), which offers a high potential for the long-term storage of
energy with relatively small storage volume. This manuscript explores the use of the CaL process to store
Concentrated Solar Power (CSP). A CSP–CaL integration scheme is proposed mainly characterized by the
use of a CO2 closed loop for the CaL cycle and power production, which provides heat decoupled from the
solar source and temperatures well above the 550 C limit that poses the use of molten salts currently
used to store energy as sensible heat. The proposed CSP–CaL integration leads to high values of plant
global efficiency (of around 45–46%) with a storage capacity that allows for long time gaps between
load and discharge. Moreover, the use of environmentally benign, abundantly available and cheap raw
materials such as natural limestone would mark a milestone on the road towards the industrial
competitiveness of CSP.
 2016 Elsevier Ltd. All rights reserved.1. Introduction
Efficient and affordable energy storage systems are urgently
needed in order to cope with the intrinsic variability of renewable
energy sources, which would allow a deep penetration of renew-
able energy power generation into the grid. In particular, Concen-
trated Solar Power (CSP) lends itself for the storage of heat as a
primary form of energy that could be used for electricity genera-
tion on demand. In recent years, a number of thermal storagetechnologies for medium to high temperature CSP systems have
been developed from the use of materials in which energy is stored
as sensible heat [1–3]. Diverse materials with high heat capacity
are employed in thermal energy storage (TES) systems such as
water [4], molten salts [5–7], mineral oils [8] or ceramic materials
[9]. Commercial plants of considerable size (>100 MWth) do
already operate in which heat is stored in molten salts and used
overnight to generate electricity. Another type of storage under
investigation is based on the latent heat stored in some materials
when they experience a change of phase [10–12]. Phase change
materials (PCM) allow attaining higher storage capacities as
compared to storage as sensible heat [13]. Nevertheless, both
sensible and latent heat storage forms suffer from unavoidable
Nomenclature
C1 CO2 compressor (from T1 outlet to carbonator pressure)
C2 CO2 compressor (from calciner to storage pressure)
cp;i specific heat, kJ/(kmol K)
Eeq equilibrium CO2 reaction efficiency
Fi molar flow rate of component i, kmol/s
FCaCO3 molar flow rate of CaCO3
FCaCO3 ;carb molar flow rate of CaCO3 (carbonator side)
FCaCO3 ;clc molar flow rate of CaCO3 (calciner side)
FCaO;crb molar flow rate of CaO (carbonator side)
FCaO;clc molar flow rate of regenerated sorbent
FCaO;unr;carb molar flow rate of unreacted CaO (carbonator side)
FCaO;unr;clc molar flow rate of unreacted CaO (calciner side)
FCO2 ;clc;out molar flow rate of CO2 at calciner outlet
FCO2 ;s CO2 looped fraction flowing in the carbonator side
FR;carb recirculating molar flow rate (carbonator side)
FR;clc recirculating molar flow rate (calciner side)
hi enthalpy, kJ/kmol
HXA solid–solid heat exchanger
HXB gas–solid heat exchanger
HXE gas–solid heat exchanger
HXF gas–solid heat exchanger
HXI gas–solid heat exchanger
k CaO deactivation constant
HXG gas–solid heat exchanger
_mCO2 ;crb CO2 mass flow rate through carbonator
P absolute carbonator pressure, bar
Peq CO2 partial pressure at equilibrium, bar
PR pressure ratio (between P and TOP)
pdrop pressure drops in CO2 circuit, bar
yCO2 ;carb;in inlet molar fraction of CO2 in the carbonator
yeq equilibrium fraction of CO2 in the carbonator
T temperature, K
TOP T1 outlet pressure, bar
T1 CO2 turbine (at carbonator outlet)
T2 CO2 turbine (from storage to carbonator pressure)
_W mechanical power, kW
X CaO conversion X
Xlim minimum critical value of CaO conversion
XN CaO conversion in the N cycle
Xr residual CaO conversion
Dtsun average daytime period
DHRðTreactÞ heat of reaction at the reactor temperature
n extent of reaction per unit time
U heat flux
Ucarbonation available heat of carbonation
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petitiveness in the short-medium term.
A third possibility to store CSP, currently under research and
development, is the thermochemical energy storage (TCES)
[14,15]. TCES consists of using the heat obtained from an external
source to drive an endothermic reaction. When energy is needed,
the separately stored products of the reaction are brought together
at the necessary conditions for the reverse exothermic reaction to
occur, which releases the previously used heat for power produc-
tion. The main advantages of TCES as compared to TES and PCMs
are a considerably higher energy density as well as the possibility
of storing energy in the long term [1,14]. Moreover, in addition to
the chemically stored heat, the products of the reaction can be also
employed to store sensible heat.
Among the diverse possibilities explored for TCES at large scale,
one of the most promising technologies is the Calcium Looping
(CaL) process, which relies on the calcination–carbonation reaction
of CaCO3 (Eq. (1)) [16–18]:
CaCO3ðsÞ¢CaOðsÞ þ CO2ðgÞ DH0r ¼ 178 kJ=mol ð1Þ
As can be seen in Table 1, the energy density of the CaO/CO2
system (around 3.2 GJ/m3) is rather high (for comparison, the
energy density of molten salts currently used in commercial plants
is about 0.8 GJ/m3 [20]). On the other hand, it has a turning
temperature near to 900 C (defined as the temperature for theTable 1
Energy density and turning temperature of various thermochemical energy storage
systems. Adapted from [19].
Thermochemical energy storage
systems
Turning
temperature (C)
Energy density
(MJ/m3)
NH3/N2 195 131
CH4/H2O 688 223
SO3/SO2 782 459
CaO/H2O 479 1967
Li2O/H2O 731 2216
NH4HSO4/NH3 467 3082
CaO/CO2 895 3226
SrO/CO2 1108 3948reaction to be at equilibrium under a CO2 partial pressure of
1 atm) that fits in the desirable range of high temperatures
potentially attainable in CSP tower plants. This relevant feature
would allow for a more efficient generation of electricity from
stored energy, thus overcoming the current limitation of 550 C
imposed by the degradation of molten salts nowadays employed
in commercial CSP plants [21,22]. Furthermore, the reactants and
products can be stored at ambient temperature in contrast with
the need of keeping molten salts always at temperatures above
200 C to avoid solidification [23].
The CaL process begins with the decomposition of CaCO3 in the
calcination reactor (calciner) yielding CaO and CO2 as reaction
byproducts. A high energy input is necessary to increase the input
stream temperature up to the value required for the endothermic
calcination reaction to occur at a sufficiently fast rate, which is
essentially determined by the composition of the gas in the calci-
nation environment [24,25]. Once sensible heat from the CaO
and CO2 streams at the calciner outlet is recovered, these products
are stored at ambient temperature for their use afterwards as a
function of demand. Storage of the products could be prolonged
to weeks or even months as depending on storage conditions and
energy demand [1]. Once needed, the reactants are circulated into
a carbonator reactor, where the energy stored in chemical form is
released through the reverse reaction (carbonation). Efficient gas–
solid contact and heat/mass transfer in the calciner and carbonator
reactors could be ensured by the use of circulating fluidized-beds
(CFB), which are operated under the fast fluidization regime with
gas velocities of the order of 5–10 m/s [26,27]. An advantage of this
technology ahead of its incorporation into the market is the proven
efficiency and durability of such type of fluidized bed reactors.
The CaL process has been widely studied in recent years but
mainly for its application to capture CO2 in fossil fuel power plants
[28]. The standard cycle for CO2 capture from flue gas streams uses
lime (CaO), which can be derived from limestone calcination, to
produce CaCO3 by quick carbonation at high temperature
(650 C). Once CO2 is captured in the carbonator and heat from
the exothermic reaction is recovered, the almost CO2 free flue gas
is released into the atmosphere. Several carbonator reactor models
have been developed to predict the CO2 capture efficiency as
R. Chacartegui et al. / Applied Energy 173 (2016) 589–605 591depending on operating conditions and CaO multicycle conversion
under CaL conditions for CO2 capture [29–31]. These involve
carbonation under relatively low CO2 partial pressure (about
0.15 atm) and calcination at very high temperatures (around
950 C) under high CO2 partial pressure with short residence times
at both stages. Under these conditions, limestone derived CaO
exhibits a severe drop of conversion in only a few cycles converg-
ing towards a residual value of just about 0.07, which makes it
necessary to periodically purge the poorly active sorbent and
replace it by a makeup flow of fresh limestone. The efficiency of
the calciner reactor and the energy penalty efficiency caused by
the CaL integration [32,33] into coal fired power plants (CFPP) have
been also important subjects of analysis [25,34–36]. Pilot plants (of
size on the order of 1–2 MWth) demonstrate the achievement of
CO2 capture efficiencies around 90% [37,38] whereas model simu-
lations predict a penalty on power generation around 5–6% when
scaling up the technology to a commercial level [39].
The present manuscript is focused on the development of an
integration model to use the CaL process for TCES in CSP plants.
Integration models aimed at similar goals have been already
analyzed by other authors. Tregambi et al. [40] proposed a scheme
whereby calcination in the CaL process is assisted by CSP for CO2
capture in a coal fired power plant. Edwards and Materic´ [17]
studied a CSP–CaL system in which the heat produced in the
carbonator reactor is used for power generation through a CO2/
air open cycle. Remarkably, results from this work indicate that
the global plant efficiency would be hampered by a too high CaO
reactivity. Nevertheless, a high CaO reactivity leads to a decrease
of the fraction of unreacted CaO in the circulating stream of solids
thereby allowing for a reduction of the energy penalty. This
suggests that the performance of the CSP–CaL integration could
be further improved by optimizing the heat recovery exchanger
network as will be shown in the present work.
In this manuscript, a novel CSP–CaL integration model is
explored from coupling the CaL process to a closed CO2 power
system. Full integration is optimized by means of the pinch-
analysis methodology. A global layout is derived and the effects
of main parameters on the global cycle performance are studied
by a sensitivity analysis. The obtained results demonstrate that a
global thermal efficiency above 45% may be attained, which makes
the proposed integration model a highly competitive option for
TCES. The use of an abundantly available and cheap CaO precursor
such as limestone allows achieving the goal of decoupling the stor-
age and delivery phases at low cost, and the process may be carried
out with already existing mature technologies to further reduce
costs. In the rest of the manuscript, the proposed CSP–CaL integra-
tion model is described after which the effects of parameters
critically intervening on the cycle are discussed. Finally, a sensitivity
analysis of the model response to the variation of main inputs is
carried out.2. CSP–CaL energy storage system
This section is devoted to describe the model developed for the
analysis and optimization of the CSP–CaL integration (Engineering
Equation Solver Professional software has been used to this end).
The integration is built upon models of the different components
that play a main role on the technology such as the carbonator
reactor, solid streams, heat exchangers, solid reservoirs, CO2
storage tank, turbines and compressors.2.1. Description of the CSP–CaL integration
A major benefit of the CSP–CaL integration is that it makes use
of natural limestone as CaO precursor. Limestone is an abundant,non-toxic and non-corrosive cheap material (10$/ton), which is
geographically widespread and has adequate physical properties
in the desired temperature range for CSP energy storage. As usually
reported in the last years by studies on the use of the CaL process
for CO2 capture, limestone derived CaO shows a marked deactiva-
tion under the standard CaL conditions specific for CO2 capture
[34,41,42] that necessarily involve calcination at rather high
temperatures (950 C) under high CO2 partial pressure and
carbonation under low CO2 partial pressure [28]. Thus, it is usually
assumed that a marked drop of CaO conversion will also hinder the
efficiency of the CaL process for TCES [43]. However, it is important
to remark that the multicycle conversion of CaO under calcination/
carbonation conditions that optimize the efficiency of the
CSP–CaL integration (radically different from those specific for
CO2 capture as will be seen) could be kept at a stable and high
value. This has been confirmed by a recent thermogravimetric
analysis study whose results will be summarized in Section 3.5
[44].
Fig. 1 shows a schematic representation of the proposed CSP–
CaL integration. The central idea behind this scheme is to separate
the heat storage and power generation phases. Heat storage takes
place in the solar receiver, where the calcination reaction of CaCO3
occurs at expense of solar energy. Calcination can be performed in
a solar reactor, most likely a central tower receiver. A number
of solar calciner prototypes have been already developed based
on fluidized beds [45,46], rotary kilns [47,48] and cyclone
atmospheric reactors [49]. A potentially cheap and simple option
consists of falling particle receivers [50]. Since the CSP–CaL
integration scheme proposed in the present work relies on a closed
CO2 cycle, a pure CO2 stream must be retrieved as output from the
calciner. Two options are feasible to this end: (i) performing
calcination under a 100% CO2 atmosphere or (ii) under an easily
separable gas from CO2. The first choice would make it necessary
to operate the calciner under low absolute pressure in order to
reduce the calcination temperature and to avoid hampering the
reactivity of the regenerated CaO due to excessive sintering as
observed when calcination is carried out under high CO2 partial
pressure for CO2 capture [51]. In regards to the second option,
calcination could be carried out under superheated steam, which
is separable from the released CO2 by condensation. Calcination
under superheated steam can be carried out by means of a flash
calcination process, whereby limestone particles are quickly
calcined in an entrained-flow reactor at short residence times
[14] [52]. Moreover, calcination under superheated steam
enhances the CaCO3 decomposition rate and considerably
decreases the required temperature to attain complete calcination
down to 700–750 C [53,54]. Thus, calcination under superheated
steam in flash calciners is completed in seconds, compared to
hours in rotary and shaft kilns [54]. Achieving fast calcination at
a moderate temperature would be highly beneficial for the integra-
tion of the CaL technology in CSP tower plants. It would allow
using mature and inexpensive solar receivers capable of heating
the working gas at temperatures up to 800 C based onmetal alloys
instead of ceramic materials currently under development that
would be needed to achieve higher temperatures [55]. The use of
superheated steam for calcination in the solar reactor would be
also facilitated by the possibility of in-situ direct generation of
superheated steam in solar receivers. Another gas that could be
employed for calcination is Helium, which is easily separable from
CO2 by means of membranes and has a catalyzing effect similar to
superheated steam due to its high thermal conductivity and the
high diffusivity of the released CO2 [53].
Coming back to the integration scheme (Fig. 1), and once
calcination takes place using concentrated solar power, the
released CO2 is sent to a storage tank after being cooled and com-
pressed whereas the CaO stream is transported to the storage
Fig. 1. Schematic representation of the CSP–CaL integration model with values of temperature, pressure, mass flow rate and composition in key stages (a 100 MWth CSP tower
plant is considered).
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The solids stream entering into the calciner, and consisting of
CaCO3 and unreacted CaO, is preheated in two exchangers (HXA
and HXB as detailed in Fig. 1) using the sensible heat released by
the hot streams leaving the calciner. Thus, solar energy entering
into the system is used to heat the reactants and to drive the
endothermic chemical reaction, which serves to store the solar
energy as both sensible and chemical and form.
The energy discharge phase takes place in the carbonator,
which is a pressurized fluidized bed reactor wherein the carbona-
tion reaction takes place under pure CO2 at the highest possible
temperature in order to achieve a high thermal to electric
efficiency. Pressurized carbonation provides a great range of possi-
bilities and thermal applications for a direct integration with a
power cycle, and could enhance the long term CaO reactivity in
the CaL process [56]. The heat of the carbonation reaction is
delivered to a gas turbine by means of the CO2 as carrier and
through a Joule–Brayton cycle, which implies a direct integration
between heat released and power cycle. Another possibility could
be to implement an indirect integration through a heat exchanger
that can be coupled with an externally heated power block (steam
turbine, Stirling, Supercritical CO2 (SCO2), etc.). The proposed CO2
power cycle is a closed and regenerative cycle, whereby the heat
removed by the reactants in the carbonator is recovered in an open
cyclone exchanger (HXF in Fig. 1). Thus, in this heat exchanger
(HXF) heat from the exhaust CO2 stream serves to heat up the
CaO solids before entering into the carbonator while in HXE the
residual heat from the solids at the carbonator output is extracted
to pre-heat the CO2 stream at the carbonator inlet. Part of the
power needed in the compression stage of the Joule–Brayton cycle
is provided by the expansion of the pressurized CO2 used for
reaction in the carbonator. Expansion of stored CO2 yields useful
work while, at the same time, provides efficiently cooling power
by expanding to low temperatures (up to 30 C to be used for
CO2 intercooling compression of the stream coming from the
carbonator). On the other side, CO2 may fall under the saturation
curve while expanding, thereby some form of heat supply before
and during expansion is needed to protect the turbine blades. For
these reasons, C1 and T2 (see Fig. 1) are thermally coupled to avoid
the use of massive air cooling devices and to further reduce costs. Apossible thermal coupling scheme between C1 and T2 is detailed in
Fig. 2.
Concerning C2, due to the high compression ratios (about
100:1), intercooling compression is needed in order to lower down
the power penalty. Sensible heat available between the compres-
sion end temperature at each stage and the dead state is recovered.
The possibility of recovering waste CO2 compression heat has been
investigated by means of pinch-analysis and minimum external
energy requirement analysis techniques. As a main outcome, only
a small fraction of waste compression heat (13–20% depending on
the number of stages) is recoverable. By increasing the number of
intercooling stages the recovered heat turns to be less valuable
while the compression work is reduced thus resulting in increased
efficiency. If more than 5 intercooling stages are performed, the
inclusion of additional waste heat exchangers yields negligible effi-
ciency gain. Thus, the optimum solution as regards cost, efficiency
and technical feasibility is to carry out intercooling compression up
to supercritical pressure and then cooling to near ambient temper-
ature by means of simple water/air coolers without heat recovery.
Solids conveying can be carried out by means of the mature
pneumatic technology that guarantees rapid transport of granular
solids, routing flexibility, as well as the possibility of streams
splitting, and it is suitable to successfully convey high temperature
materials. Calcium based powders are easily conveyable in the
dense phase involving low gas velocity in a non-suspension
mode. The very high solids loading ratios (defined as the ratio
between material and pneumatic gas mass flow rate) associated
with dense phase conveying (around 45 for cement powders
[57]) imply relatively low conveying energy consumption (around
3–5 MJ ton1/100 m [57]) and a limited heat exchange between
the conveying gas and conveyed particles that has been dismissed
in the model.
In order to achieve higher integration efficiency an optimized
heat exchanger network is necessary. In the model, heat exchangers
are characterized by a single parameter, namely their minimum
temperature difference. Countercurrent flow is assumed in each
exchanger. Gas–solid heat exchange can be performed in both
open (direct contact) or closed configuration. Open configurations
have been experimentally demonstrated to be effective, reaching
approach temperatures of 15 C by means of axial flow cyclones
Fig. 2. Possible thermal coupling scheme between C1 and T2 (see Fig. 1) by means of an external IC + RH exchanger. RH: initial pre-heating to 50 C (1–2) and multistage
expansion with re-heating stages up to 40 C. IC: cooling up to 30 C. (a) Schematics. (b) Composite curves. (c) Processes on the PH diagram.
R. Chacartegui et al. / Applied Energy 173 (2016) 589–605 593operating in a close to counter-flow mode [58]. There exist several
closed gas–solid exchangers operating in counter-flow mode
commercially available. A favorable choice for our purpose would
consist of a series of vertical plates, across which bulk solids
slowly flow downwards by gravity exchanging heat by conduction
with a fluid circulating inside the plates [59]. This mature
technology is characterized by low energy consumption and is
almost maintenance-free as it does not include any moving parts.
Solid–solid heat exchange can be pursued in practice by adapting
conveniently this technology and using one or more intermediate
heat-transfer fluids recirculated within the bulk of both solids by
means of a small pumping device.
2.1.1. Mass balance
Fig. 3 shows a schematic representation of the mass streams
circulating in the loop.
As can be seen in Fig. 3, a fraction FCaO;crb of the total sorbent
recirculating flow rate (FR;crb) fully reacts in the carbonator, which
yields an equal molar flow rate of carbonated solids FCaCO3 ;crb while
the remaining flow rate is assumed to stay as unreacted CaO
(FCaO;unr;crb). Their sum gives at the outlet a solid molar rate FR;crb.
In the model, FCaCO3 ;crb and FCaO;unr;crb are considered as two distinct
streams, although the powder in reality consists of partially
carbonated particles in which a core of unreacted CaO is
surrounded by a layer of CaCO3. The average CaO conversion X is
a fundamental parameter to quantify the amount of CaO converted
to CaCO3 in the calciner, i.e. the amount of CaCO3 produced
(X ¼ FCaCO3=FR). Thus, small values of CaO conversion X lead to
the requirement of large amounts of unreacted sorbent recirculat-
ing in the loop to keep constant the CaCO3 production.
In the calciner, the partially carbonated particles are assumed to
experience complete decomposition, thus each mole of CaCO3
(FCaCO3;clc ) gives rise to a mole of CO2 (FCO2 ;clc;out) and a mole of
regenerated sorbent (FCaO;clc). The molar flow rate at the calciner
output is therefore the sum of two streams: a solid stream of
CaO composed of both regenerated and unreacted sorbent and a
gaseous stream (FCO2 ;clc;out) of CO2.As shown in Fig. 3, the molar rate of CO2 flowing into the
carbonator is well above the reacting molar rate, which is given
by EeqFCO2 ;crb;in. Here, Eeq is the equilibrium CO2 reaction efficiency
(to be defined in Eq. (9)). The excess CO2 (FCO2 ;S) is thus used to
remove the heat of carbonation and is looped through the closed
power cycle for the generation of electricity.
The molar flows circulating in the two regions of the plant are
decoupled. While the solar calciner can work only in presence of
solar power (daytime and clear sky conditions), power demand
in the carbonator side must be satisfied over a 24 h period. Storage
vessels must be thus sized to provide buffer storage to allow the
carbonator/turbine group supplying electricity demand over 24 h
by adjusting the load as needed. Concerning the CO2 storage
volume (Fig. 4), a minimum pressure of 75 bar is needed in order
to guarantee supercritical CO2 storage conditions (considering
storage at ambient temperature). As can be seen in Fig. 4, at lower
storage pressures, it would be necessary to liquefy the CO2 (with
the consequent energy penalization) in order to avoid unreason-
ably large storage volumes. The proportional size of storage tanks
can be achieved by integrating several commercially available
tanks. They would use a reduced area compared to the large
surface area field available in the associated tower CSP plant.
Higher CO2 storage pressures can be considered but, in this case,
the cycle efficiency could be lower as will be seen below in Fig. 19.
In order to guarantee steady-state operation, the following
mass-balance must be satisfied:
Z
24h
FCaCO3 ;clcðtÞdt ¼
Z
24h
FCaCO3 ;crbðtÞdt ð2Þ
In the present model, the plant performance is determined as an
average over a 24 h period, in which the molar flows are considered
as constant and equal to the integral average value over the
daytime curve. Accordingly, an average daytime period Dtsun is
considered, in which the sun-solar concentrators provide sufficient
energy to run the decomposition reaction in the calciner. In this
way, it is possible to derive an averaged ratio between the circulat-
ing flow rates in the calciner and carbonator sides of the plant:
Fig. 3. Mass-balance schematics of the plant showing the flow rates of solids and CO2 streams between the carbonator and calciner.
Fig. 4. CO2 storage conditions by considering a 12 h daytime (100 MWth CSP plant).
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If, for instance, we consider a daytime Dtsun of 8 h (clear sky),
the ratio between the circulating streams in the calciner and the
carbonator will be of 3 over the 24 h, while in case that the daytime
is 12 h, the molar flow rates in the calciner side will be twice those
in the carbonator side. A more sophisticated model (dynamic
model) would be necessary in a framework of long-period control
taking into account real data for solar energy input in order to
obtain real energy production values along the year. Nevertheless,
the scope of this paper is just to estimate the cycle efficiency for a
fixed irradiation. A variation in the solar input power (as a function
of solar irradiance) modifies mass and energy flows in the cycle,
which requires improving the control strategy to maximize the
cycle performance, including part-load strategies for the closed
Brayton cycle.
2.1.2. Energy balance
The first thermodynamics law applied to a reacting system is
used in both the carbonator and calciner reactors for the energy
balance:X
i
Fi;outhi;out 
X
i
Fi;inhi;in ¼ U _W ð4Þ
Fi;out  Fi;in ¼ nmi ð5Þ
where n denotes the extent of reaction per unit time. Arranging and
considering that output conditions are reactor conditions, it is:
nDHRðTreactÞ þ
X
i
Fi;inðhi;react  hi;inÞ ¼ U _W ð6Þwith
DHRðTreactÞ ¼
X
i
mihi;T ¼ DH0R þ
X
i
mi
Z Treact
ref
cp;idT ð7Þ
being the reaction enthalpy change at the reaction temperature.
Energy change in the control volume consists therefore of the
heat of reaction at the reactor temperature nDHRðTreactÞ and the
heat required to bring the reactants from inlet to reactor’s
conditions
P
iFi;inðhi;react  hi;inÞ.
Eq. (4), when applied to the carbonator, serves to balance out
the amount of CO2 (FCO2;S in Fig. 3) needed to remove all the heat
that is not absorbed by reactants or dispersed through the walls
assuming isothermal conditions at the reactor. On the other hand,
Eq. (4), when applied to the calciner, balances out the CaCO3
production in accordance with the net energy input of the system,
which is the solar heat supply minus the heat losses occurring
between the solar receiver and the reactor due to conduction,
thermal radiation, absorption, etc.
3. CSP–CaL energy storage cycle analysis
The proposed cycle configuration is the result of an optimiza-
tion analysis based on the pinch-point method [60,61]. Thus, the
heat exchanger network seeks for optimal internal heat-recovery
performance in a broad range of operational conditions. In this
section, the influence of the main cycle parameters are analyzed
in order to determine the most efficient operating conditions.
Table 2 shows several parameters used in the cycle simulations
whose influence is discussed below.
The proposed plant (Fig. 1) is equipped with a solid–solid heat
exchanger HXA, two indirect gas–solid heat exchangers (HXB and
HXF), a gas–gas regenerator (HXG) and two cyclone gas–solid
direct heat exchangers (HXE and HXI).
The results of the model for the proposed plant configuration
will be reported as a function of the CaO conversion X, pressure
ratio PR in the CO2 turbine T1 (see Fig. 1), absolute carbonator
pressure ðPÞ, T1 turbine outlet pressure ðTOPÞ, and carbonator
temperature ðTÞ, which have been identified as the key operational
parameters.
3.1. CaO conversion
Conversion (X) of the CaO solids population recycled in the loop
plays a relevant role in the plant performance. Changes in the value
of this parameter cause remarkable modifications in the necessary
flow rates of the circulating solids, CO2 generation and CaCO3
consumption in the calciner, heat balance in the calciner and useful
carbonation heat and storage size, which have a significant effect
on the plant efficiency.
Table 2
Values of the main parameters used in our work to simulate the proposed CSP–CaL
integration model.
Net absorbed solar flux in calciner 100 MWt
Daylight hours (constant solar flux) 12
Thermal dispersions in carbonator 10%
Calciner temperature 900 C
Carbonator temperature 875 C
Carbonator pressure 3.2 bar
Turbine outlet pressure 1 bar
Ambient temperature 20 C
Minimum temperature difference solid–solid HX 20 C
Minimum temperature difference solid–gas HX 15 C
Minimum temperature difference gas–gas HX 15 C
Minimum temperature difference CO2 cooler 10 C
Intercoolings in CO2 storage compression 5
Intercoolings in power cycle compression 2
Pressure losses in CO2 circuit 0 bar
CO2 storage conditions 75 bar, T ambient
Solid phase conveying energy consumption 10 MJ/tonne/100 m
Equivalent length solids conveying carbonator side 100 m
Equivalent length solids conveying calciner side 100 m
Isentropic efficiencies (compression/expansion) 0.89
Fig. 5. Available heat of carbonation (left axis) and CO2 mass flow rate through the
carbonator (right axis) vs CaO conversion.
Fig. 6. (a) Thermal capacity of streams (CaO, CaCO3, and CO2) in the carbonator side
heat exchangers (HXE, HXF, HXG, HXI) vs CaO conversion for a pressure ratio
PR = 3.2. (b) Efficiency vs CaO conversion (using PR = 3.2) for selected absolute
pressures of the carbonator and turbine outlet, respectively, as indicated.
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that the power balance in the calciner side is favored by high
values of X that allow decreasing the amounts of circulating solids,
thus yielding lower heat-losses in the calciner side exchangers
network and more heat available for calcination. CaCO3 decompo-
sition and CO2 generation in the calciner are consequently
enhanced and more heat is available in the discharge phase for
carbonation. Carbonation heat is proportional to the amount of
CaO and CO2 produced in the calciner and is partially absorbed
by reactants and partially removed by the CO2 stream for power
generation. For values of CaO conversion below a certain lower
bound, the heat removed by inactive solids overcomes the heat
of carbonation. In this situation, isothermal operation of the
carbonator becomes compromised unless heat is provided by an
external source. This critical value of conversion, Xlim, is mainly
dependent on the temperature of the inlet CaO, which is in turn
imposed by the temperature at main turbine output through
HXF. This means that, in practice, the ratio of carbonator pressure
to the T1 turbine outlet pressure (PR) is the parameter that mainly
determines the minimum value of CaO conversion needed for
operation as will be seen ahead.
As can be observed in Fig. 5, the higher CaO conversion the
higher fraction of heat can be removed by the power fluid (CO2
in the present case) given the lower flow rate of solids cycled
within the system, which reduces the energy required in the form
of sensible heat for the solids to reach the carbonation tempera-
ture. In the current cycle configuration, the presence of exchangers
HXG and HXI ensure optimal thermal recovery and consequently
the CO2 mass flow rate in the cycle is perfectly proportional to
the carbonation heat (as may be seen in Fig. 5).
Fig. 6a shows the thermal capacity rate (defined as the product
of the molar flow rate by the specific heat of the fluid of interest
Fcp) of the carbonator-side streams as a function of the CaO conver-
sion. The cooling (CO2c) and preheating (CO2p) CO2 streams’ split
ratios (see Fig. 1) are determined by means of a pinch-point
optimization method.
When the amount of solids is reduced, a larger fraction of heat
is regenerated in the heat exchanger HXG. This results in an
increased size of the gas–gas regenerator HXG, unlike for HXF
and HXI. High values of CO2 molar flow rates for low pressure
ratios PR can push up too much the size of the exchanger HXG.
For this reason, too low PR values should be avoided.
The efficiency curve is represented in Fig. 6b as a function of
CaO conversion X for a fixed pressure ratio PR = 3.2 used as anoptimum value. Efficiencies are shown for the cases of a
carbonator operating under atmospheric pressure (expansion to
sub atmospheric pressure) and a pressurized carbonator (atmo-
spheric turbine output). As may be seen, efficiency increases with
CaO conversion and reaches a maximum between 44% and 46%
under the conditions considered. Importantly, the energy
consumption related to solids conveying diminishes the efficiency
especially in the case of low values of CaO conversion.
Fig. 7. Variation of temperatures in the regions encircled in the diagram (according to the colors code) with pressure ratio. (For interpretation of the references to color in this
figure legend, the reader is referred to the web version of this article.)
Fig. 8. Minimum value of CaO conversion for carbonator isothermal operation vs
pressure ratio.
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The carbonator pressure determines the upper pressure of the
Brayton cycle and therefore plays a crucial role in the plant
performance. The pressure ratio in the power turbine (T1) influ-
ences carbonator side’s parameters, mainly temperatures (first of
all turbine outlet temperature), flow rates, exchangers’ nominal
power (and size) and operational parameters. Some system vari-
ables show a direct dependence on the pressure ratio PR while
others depend separately on the absolute values of the carbonator
pressure and turbine outlet pressure.
High pressure ratios yield a reduced temperature at the turbine
outlet as seen in Fig. 7 where the effect on the temperature of the
sorbent (CaO) at the carbonator inlet can be observed too. Note
that the optimized heat exchangers configuration adopted in the
model yields high and stable values of the CO2 temperature at
the carbonator inlet regardless of the pressure ratio.
The trends of CaO and CO2 temperatures at the carbonator inlet,
both approaching the carbonator temperature in the limit PR? 1,
yield an infinite CO2 flow rate for removal of the carbonation heat.
At higher pressure ratios, CO2 inlet temperature is quite stable
while CaO temperature decreases, absorbing more heat in the reac-
tor and causing the CO2 flow rate to drop as it is seen in Fig. 9b
(green curve)1. For this reason, high pressure ratios are desirable
in order to reduce costs related to the limited inventory storage
capacity and to the plant machinery size.
On the other hand, reduced values of PR allow for less strict
operational limits regarding the critical value for CaO conversion
below which no isothermal carbonator operation is possible.
Fig. 8 shows the minimum CaO conversion required Xlim in the
proposed power cycle as a function of the pressure ratio PR.
The trend is again justified by the lower CaO temperatures at the
carbonator inlet for increasing values of PR.
A detailed scheme of the CO2 reaction turbine T2–CO2 cycle
compression C1 group is shown in Fig. 9a. The specific work of
compression increases with the pressure ratio as seen in Fig. 9b.
At a fixed pressure ratio, lower absolute pressures are associated
with higher specific compression work, thus giving rise to an
undesirable increase of compression power. This effect is shown
in the blue curve of Fig. 10a where the power (calculated as the1 For interpretation of color in Fig. 9, the reader is referred to the web version of
this article.product of the CO2 flow rate, following the trend shown in the
green curve of Fig. 9b, by the specific work of compression, blue
curve) is plotted vs pressure ratio for different values of turbine
outlet pressure (shaded scale).
As may be seen in Fig. 10a, lower carbonator absolute pressures
(and TOP) imply a higher expansion ratio in the turbine T2 (from
75 bar to carbonator pressure) and a proportional increase of
power generation (see the shaded scaling around the green curve
in Fig. 10a). Thus, smaller absolute pressures determine higher
compression power but also higher expansion power. The latter
beneficial effect prevails over the former detrimental one, thus
the net power consumption of the group is decreased in practice
by low absolute pressure values. As can be seen in Fig. 10b, the
gross power generation in the turbine depends only weakly on
the absolute pressures. Hence, better performances are retrieved
for lower absolute pressures at a fixed pressure ratio. This explains
the global plant efficiency trend with pressures, which is shown in
detail in Figs. 11 and 12 (note that the energy consumption in com-
pressor C2 does not depend on PR). Fig. 11 demonstrates that, as
usually occurs for regenerative Brayton power cycles, there is a
maximum in the efficiency-PR curve, occurring in the present case
at 3.2 bar. A more detailed representation of the global efficiency
achievable, as depending on the carbonator pressure P and turbine
outlet pressure TOP, is given in the contour plot of Fig. 12 where a
constant value of CaO conversion X = 0.5 has been assumed.
Fig. 9. (a) CO2 reaction turbine–CO2 cycle compression group. (b) Left axis: Specific
work of compression vs pressure ratio PR for several turbine outlet pressures (TOP).
TOP = 0.1 bar (dashed line) and 1.3 bar (solid line). Right axis: CO2 mass flow rate vs
PR.
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also investigated since viscous frictional forces can be enhanced by
the use of fluidized bed reactors and open cyclone exchangers. Due
to pressure drops, the power consumption of the plant increases
and the efficiency decreases. At the same time, the maximum of
efficiency is shifted to higher pressure ratios albeit the location
of the maximum becomes less marked as the pressure drop is
increased (see Fig. 13). The weighted dotted line joins all the max-
imums for different values of pressure drops in the power cycle
(expressed as percentage of the absolute carbonation pressure).3.3. Temperature
In a Brayton cycle, the increase of turbine inlet temperature
(which is, in the present case, the carbonator temperature T) natu-
rally enhances the efficiency. It is therefore crucial to envisage
which limits are imposed to the maximum carbonator tempera-
ture. A main limitation is linked to the equilibrium of the
calcination/carbonation reaction. At a given temperature the
reaction reaches equilibrium for a CO2 pressure below which
carbonation cannot take place. Equivalently, at a given CO2 pressure,
there is a maximum temperature above which carbonation is not
possible. For example, under a pure CO2 environment at atmospheric
pressure, equilibrium is reached at 895 C. Carbonation slows
down as practical operation conditions approach equilibrium [62].
Thus, the closer to equilibrium conditions the smaller will be the
quantity of CO2 reacting in the carbonator in practice (Fig. 14a).
The equilibrium fraction of CO2 in the carbonator (molar frac-
tion of CO2 at maximum capture efficiency) is defined as [63]:
yeq ¼
Peq
P
¼ 1
P
4:137 107 exp 20474
T
  
ð8Þ
where Peq (bar) is the CO2 pressure at equilibrium. According to
Eq. (8), at a fixed carbonator pressure P, an increase of the carbon-
ator temperature yields an increase of the equilibrium pressure of
CO2, and thus of yeq.At low temperatures, the CO2 equilibrium pressure is small,
thus the equilibrium molar fraction (yeq) achievable is also very
close to 0 and (almost) the entire stoichiometric amount of CO2
can react even though the reaction kinetics will be hindered at very
low temperatures [64]. On the other hand, if the temperature is
increased, the equilibrium molar fraction of CO2 achievable at
the output approaches the CO2 molar fraction at the input since
the CO2 pressure in the inlet gas stream becomes closer to the
equilibrium pressure ðPCO2 ;carb;in ! PeqÞ. When the combination of
temperature and CO2 pressure yields an equilibriummolar fraction
of CO2 equal to the inlet molar fraction (yCO2 ;carb;in) carbonation is
not possible anymore. In the present application, the value of
yCO2 ;carb;in has been maximized by working with pure CO2 in the
carbonator, with the consequent relevant improvements in reac-
tion kinetics and reactor efficiency. The equilibrium CO2 reaction
efficiency Eeq, defined as:
Eeq ¼ FCO2 ;in  FCO2 ;eqFCO2 ;in
ð9Þ
represents the ratio of the CO2 flow rate that reacts in the
carbonator to the total CO2 flow rate entering into it as limited by
the reaction equilibrium. By increasing the carbonator temperature,
the equilibrium CO2 reaction efficiency is decreased (black curve of
Fig. 14a). Thus, more CO2 must be circulated in the loop in order to
maintain the desired rate of thermal energy generation in the
carbonator (Fig. 14b). It is therefore important not to work too close
to the equilibrium limit in order to keep CO2 flow rates at a feasible
value. Moreover, the reaction kinetics would be slowed down as
equilibrium is approached [64]. Note that the above means that
higher carbonator pressures may yield an increase of efficiency
through a carbonation temperature upgrade, as shown in the dotted
curves of Fig. 14a.3.4. Combined effect of temperature, pressure ratio and carbonator
pressure
The search for an optimum operation point that might result
from a specific combination of temperature, carbonator pressure
and pressure ratio is not straightforward. On one side, despite
low absolute pressures are beneficial for increasing the efficiency
at a fixed carbonator temperature, high pressures allow for further
temperature upgrading, which yields higher efficiency. This is
shown in Fig. 15 where the red curve, corresponding to low
absolute pressures (turbine outlet pressure of 1 bar) shows a
maximum efficiency of 42.6% at 875 C for PR = 3.2. If absolute
pressures are increased, operation at the optimum pressure ratio
may be possible at an increased temperature of 950 C, thus
increasing the efficiency through a temperature upgrade despite
the higher absolute pressure.
Note that in Fig. 15 the CO2 flow rate is calculated by taking into
account the real equilibrium limitations (as shown in Fig. 14b). The
dashed part of the curves in Fig. 15 represent a constrained
operation range on the circulating rates set by an equilibrium
molar fraction of CO2 in the carbonator exceeding 0.3.
Despite the maximum in the efficiency curve occurs at pressure
ratios around 3, the molar flow rates (and the size of all exchang-
ers, in particular the exchanger HXG) can be considerably reduced
through an increase of the pressure ratio without efficiency penal-
izations. If the carbonator pressure is increased higher carbonation
temperatures are in fact achievable and therefore the same
efficiency can be reached through optimizing costs as shown in
Fig. 16.
Summarizing, the analysis carried out yields the following main
conclusions:
Fig. 10. (a) Power balance in the T2/C1 group. Net power consumption (carbonator side) vs pressure ratio for different values of turbine outlet pressure (shaded scale, where
arrows direction represents higher TOP values). Solid curves refer to atmospheric turbine output pressure. (b) Power balance in the carbonator side. Net power consumption,
power generation in the turbine and net power production vs pressure ratio for different values of turbine outlet pressure are shown. A constant value of CaO conversion
X = 0.5 is used.
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plant efficiency and invert the negative trend of the efficiency
with increasing CaO average conversion in the carbonator (X)
that was inferred from a previous work [17]. The optimum con-
figuration with exchangers HXE, HXF, HXG and HXI yield high
integration efficiencies.
– Achieving high values of CaO conversion X is beneficial for
every aspect: higher efficiency, amount of passive solids
reduction, lower size of silos and storage, lower size of
exchangers and lower fresh sorbent makeup flow (in the
case it was needed). Nevertheless, the nominal power of the
regenerator HXG increases with X and this can lead to a
disproportionate increase of cost unless pressure ratio is
increased.– The optimal pressure ratio value is found at low values (PR
around 3.2) although several issues must be remarked:
o Pressure ratios below the maximum must be avoided
because they lead to a notable efficiency drop.
o Pressure ratios above the maximum only generate a slow
decrease in efficiency.
o The presence of frictional pressure losses in the CO2 circuit
decreases the maximum efficiency and shifts the maximum
to higher PR (around PR = 4.8 when pressure losses are 20%
of the carbonator pressure P, PR = 7.1 when they are 50%P).
Besides, it stabilizes the efficiency value for a wide range of
pressure ratios (e.g. if 20%P pressure losses occur, the opti-
mum point is at PR = 5 but the efficiency variation is below
1% for PR in the range 2.8–10).
Fig. 11. Plant efficiency as a function of carbonator to turbine outlet pressures ratio (for a fixed CaO conversion X = 0.5) and turbine outlet pressure TOP (shaded scaling). The
solid line corresponds to TOP = 1 bar.
Fig. 12. Contour plot of efficiency (assuming a constant value of CaO conversion X = 0.5) as depending on carbonator and turbine outlet pressure. Black lines indicate a
constant value of pressure ratio.
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high values when pressure ratios are small (At X = 0.5 it
should be >300 kg/s for PR < 2; >200 kg/s for PR < 2.8;
<100 kg/s for PR > 10).
o Consequently, the nominal power (thus size and cost) of all
heat exchangers can be reduced by increasing the pressure
ratio. This concerns in particular the regenerator HXG (themost affected one by the CO2 flow rate) whose size is
reduced by 3–4 times when PR is increased from PR = 3 to
PR = 9.
– Despite the (although small) efficiency drop, high pressure
ratios are therefore desirable to reduce the circulating CO2 flow
rate and the size of exchanger HXG, in particular if the CaO
solids show a high value of conversion X. The unavoidable
Fig. 13. Influence of pressure drops of CO2 in the circuit on efficiency as a function
of pressure ratio PR. Maximum efficiency is decreased and the optimum pressure
ratio is increased. Turbine outlet pressure = 1 bar, CaO conversion X = 0.5.
Fig. 14. (a) Left axis: Carbonator capture efficiency vs temperature in the case of
fully achieved carbonation (blue curve) and equilibrium capture efficiency (black
curve) for carbonator pressures of 3.2 (solid line) and 8 (dotted line) bar (fixed
pressure ratio PR = 3.2). Right axis: equilibrium and inlet molar fraction of CO2 vs
temperature. (b) CO2 molar flow rate through the carbonator vs carbonation
temperature. Note that pure CO2 is used in the carbonator as working fluid.
Fig. 15. Efficiency as a function of PR for different values of carbonation temper-
ature and turbine outlet pressure. Red curve: turbine outlet pressure = 1 bar,
carbonation temperature = 875 C; operation point (max efficiency): carbonator
pressure = 3.2 bar (PR = 3.2). Purple curve: turbine outlet pressure = 4 bar, carbon-
ation temperature = 950 C; operation point: carbonator pressure = 14.8 bar
(PR = 3.7). The dashed part of the curves corresponds to CO2 equilibrium molar
fraction > 0.3. It can be seen that working at the optimum point with higher
absolute pressures enhances efficiency through a temperature upgrade. (For
interpretation of the references to color in this figure legend, the reader is referred
to the web version of this article.)
Fig. 16. Efficiency as a function of PR for different values of the carbonation
temperature. Red curve: turbine outlet pressure = 1 bar, carbonation tempera-
ture = 875 C; operation point: carbonator pressure = 3.2 bar (PR = 3.2). Blue curve:
turbine outlet pressure = 1 bar, carbonation temperature = 950 C; operation point:
carbonator pressure = 9.2 bar (PR = 9.2). The dashed part of the curves corresponds
to CO2 equilibriummolar fraction > 0.3. The horizontal arrow shows that working at
higher pressure ratios is possible without penalizing efficiency through a temper-
ature upgrade. (For interpretation of the references to color in this figure legend, the
reader is referred to the web version of this article.)
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penalizing from the efficiency point of view.
– The role of absolute carbonator and turbine outlet pressure on
the plant efficiency is significant:
o Lower absolute pressures yield higher performances at fixed
carbonator temperature thanks to the higher CO2 turbine T2
expansion ratio.o Nevertheless, high carbonator pressures ensure from
equilibrium considerations higher temperature achievable
in the carbonation reaction with the consequent efficiency
upgrade.
o At same time, at low pressures the specific volume of CO2
may lead to an excessive increase of the size of the gas
turbine and pipelines (especially for turbine outlet below
atmospheric pressure).
3.5. Limestone derived CaO conversion at CSP–CaL integration
conditions
The combined effects of pressure ratio, carbonator pressure
and temperature must be carefully re-evaluated once the value
of residual CaO conversion achievable under the specific CaL
Fig. 17. Multicycle conversion of limestone derived CaO as obtained from thermo-
gravimetric analysis (TGA) tests under different CaL conditions (reported in [44]).
CSP storage conditions: carbonation at 850 C under pure CO2 and calcination at
700 C under pure He. CO2 capture conditions: Carbonation at 650 C under a 15%
CO2/85% air vol/vol atmosphere and calcination at 950 C under a 70%CO2/30% air
vol/vol atmosphere. Residence times at both stages were 5 min. The solid lines are
best fits from Eq. (10) to data.
Fig. 18. Efficiency variation derived from a sensitivity analysis on ambient temperature,
Table 3.
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from lab-scale experimental measurements. It is important to
remind here that most of previous lab-scale experimental
measurements on the multicycle conversion of limestone derived
CaO are carried out at the standard conditions correspond-
ing to the CaL process for CO2 capture [28]. These are rather differ-
ent from those to be found in the CSP–CaL integration at the
optimum efficiency operating conditions inferred from the present
work.
The CaL process requires usually a periodic purge of deactivated
sorbent, which must be compensated by a makeup flow of fresh
limestone in order to keep the mass balance. This is indeed the case
of the CaL process for CO2 capture. The specific CaL conditions for
this integration involve calcination under high temperature at high
CO2 partial pressure and carbonation under low CO2 partial
pressure, which give rise to a severe drop of the CaO conversion
after only a few cycles. After a large number of cycles CaO conver-
sion converges asymptotically towards a residual value of just
about 0.07–0.08 [65,66]. However, the specific conditions for an
efficient integration of the CaL process into CSP plants involve, as
seen above, carbonation under high CO2 partial pressure at
high temperatures. Fig. 17 shows recently obtained experimental
results from thermogravimetric tests on the conversion of
limestone derived CaO as a function of the calcination/carbonationheat exchangers and solar daylight hours using as reference values those shown in
Table 3
Reference values and ranges of variation for the parameters considered in the sensitivity analysis.
Parameter Sensitivity on Ref. value Range of variation
Ambient temperature Efficiency, Storage
volume
20 C 0 C  40 C
Carbonator thermal dispersions (% of carbonator thermal power
production)
Efficiency 10% 2%  15%
CO2 storage pressure Efficiency 75 bar 50 bar  120 bar
Minimum temperature difference solid–solid exchangers Efficiency 20 C 10 C  30 C
Minimum temperature difference gas–solid exchangers Efficiency 15 C 5 C  25 C
Minimum temperature difference gas–gas exchangers Efficiency 15 C 5 C  25 C
Pressure drops in carbonator circuit (% of carbonator pressure) Efficiency 0% 0%  20%
Conveying consumption factor Efficiency 10 MJ/
100 m/tonne
3 MJ/
100 m/tonne
 18 MJ/
100 m/tonne
Total solid conveying equivalent distance Efficiency 200 m 50 m  350 m
Solar daylight hours Daily electricity
production
12 h 6 h  12 h
Fig. 19. Efficiency variation derived from a sensitivity analysis on carbonator thermal dispersion, system transport and storage pressure using as reference values those
shown in Table 3.
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and CSP energy storage [44].
The experimental results shown in Fig. 17 highlight the radical
different behavior of natural limestone derived CaO as depending
on the CaL conditions. In order to find out a value of the residual
CaO conversion Xr, the semi-empirical Eq. (10) can be fitted to
conversion data [66].XN
X1
¼ Xr
X1
þ 1
jðN  1Þ þ 1 XrX1
 1
0
B@
1
CA ð10Þ
Thus, the obtained residual CaO conversion is just about 0.08 for
CO2 capture conditions whereas it becomes as large as Xr = 0.53 for
conditions that correspond to the CSP–CaL integration. Expectedly,
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under CO2 at over atmospheric pressure, which will enhance the
reaction kinetics and increase the equilibrium temperature, thus
allowing carbonation at even higher temperatures [62]. Impor-
tantly, this high residual CaO conversion is obtained for residence
times of just 5 min both in the carbonation and calcination stages
[44]. This would allow in practice the use of circulating fluidized
bed (CFB) reactors that ensure a highly efficient transfer of mass
and heat for solid–gas reactions and whose suitability to the CaL
process is already proven in CO2 capture pilot plants. Note that fast
calcination is achieved at a reduced temperature of just 700 C
under a gas which is easily separable from CO2 (either He as in
the TGA experiments or superheated steam as in Catalytic Flash
Calcination technology [52]), which would allow the use of already
mature and inexpensive metallic solar receivers thus reducing
technological risks.4. Sensitivity analysis
Results from a sensitivity analysis of the intervening parame-
ters on plant efficiency are shown in Figs. 18 and 19 using the data
reported in Table 3. In Fig. 18 a sensitivity analysis on the effects of
ambient temperature, heat exchangers design and solar daylight
hours is presented whereas in Fig. 19 the effects on global plant
efficiency of carbonator thermal dispersion, transport losses and
storage pressure are shown. Reference values are obtained for
X = 0.5, carbonator pressure of 3.2 bar, turbine outlet pressure of
1 bar and carbonator temperature of 875 C.
According to the results obtained from the sensitivity analysis
carried out on diverse parameters (Figs. 18 and 19) the following
main conclusions may be drawn:
– The sensitivity of efficiency to ambient temperature is high. An
ambient temperature variation of 20 C leads to a 6% relative
variation of efficiency. The same increase leads to roughly
250% bigger volumes when storage pressure is 75 bar. By
increasing the storage pressure above 100 bar, the volume
growth is more restricted (around 36%). Due to the high ambi-
ent temperatures typically present in CSP plant emplacements,
the addition of gas-cooling devices upstream compression to
avoid this effect should be considered.
– A ±70% variation of exchangers’ approach temperatures
(excluded the gas–gas regenerator) produces a modest effi-
ciency variation, which is below 3% in relative terms.
– Unlike for the other heat exchangers, the approach temperature
of the regenerator HXG (gas–gas exchanger) has a critical effect
on performance. Reducing the value of DTmin by 10 C leads to a
relative increase of efficiency greater than 7%, passing from
42.6% to 45.6% in absolute value.
– Thermal dispersions in the carbonator and pipework have a
major influence on efficiency: a decrease of thermal dispersion
from 10% down to 2% of the reaction heat can lead to over 10%
relative higher efficiency. This issue highlights the importance
of providing efficient insulation to the hot components.
– A 150 m conveying distance variation produces a relative effi-
ciency variation below 3%. The same variation is caused by an
8 MJ/100 m/ton change of the specific conveying consumption
factor.
– Solids conveying energy consumption, as noted in previous para-
graphs, can be quite critical if high values of CaO conversion are
not achievable due to the higher amounts of solids in the loop.
– The impact of pressure drops in the gas circuit is very relevant,
with a 12% relative efficiency decrease when going from 0%
pressure losses to 20% losses (% referred to the carbonator
pressure).– The number of solar daylight hours influences the amounts of
dissociated products (CaO and CO2) available at the beginning
of the day for energy production in the discharge phase.
5. Conclusions
This paper explores a thermochemical energy storage concept
in Concentrated Solar Power plants (CSP) based on the Calcium
Looping process (CaL), which allows a fully decoupled operation
of charge and discharge phases for long periods. It uses an
abundant, geographically widespread, cheap and non-toxic raw
material such as limestone. Moreover, the multicycle conversion
of limestone derived CaO at specific CaL conditions for integration
in CSP plants converges towards a rather high residual value as
demonstrated by lab-scale TGA results. Therefore, affordable costs
can be expected.
The proposed CSP–CaL integration is technically feasible with
mature technologies already available in the market for input heat
powers (net heat supply at the calciner) ranging from small to
above 100 MWth values. It uses a pressurized fluidized reactor for
carbonation, solids pneumatic conveying technology, gas–solid
cyclone/closed heat exchangers, gas–gas regenerators, a pressur-
ized storage vessel at 75 bar for CO2, two atmospheric silos for
CaO and CaCO3 storage, and conventional intercooling compressor
and turbine systems. A main feature of the integration is that a
closed CO2 circuit is used for operation of both the CaL process
and the power cycle.
The analyses presented in the paper shows that for a ratio of
carbonator to outlet turbine pressures of 3.2 bars, and a carbonator
temperature of 875 C, plant efficiencies above 45% may be
reached. The optimized CSP–CaL integration provides several
benefits over previous studies, including complete absence of
CO2 released from the system, improved kinetics in the carbonator
at elevated temperatures and high CO2 pressures, high carbonator
temperatures attainable and high thermal efficiency values. First
law efficiency of 40–46% and second law efficiency of 43–48% are
achievable under realistic conditions and taking into account heat
losses, pressure drops and conveying energy consumption. Accord-
ing to our study, the main parameters to improve the proposed
cycle are similar to those used in other power cycles, namely,
turbine inlet temperature, pressure ratio in the Brayton turbine,
boiler/reactor/heat exchangers’ efficiency or pressure losses taking
into account the particularities linked to chemical equilibrium
and reaction kinetics as determined by CO2 partial pressure and
temperature.
The competitiveness of the proposed integration is reinforced
by the fact that the obtained efficiency is higher than that of
Rankine cycles traditionally employed in CSP plants. A detailed
economic assessment is out of the scope of the present manuscript.
However, it is estimated elsewhere that an efficient CSP–CaL inte-
gration would reduce the cost of Levelized Cost of Electricity
(LCOE) below 7c€/kWh (see SUNSHOT program [67]). This estima-
tion takes into account further improvements in the solar field,
receiver and power block and considers a thermochemical energy
storage cost below $15/kWhth.Acknowledgements
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Introduction
The commercial deployment of CO2 capture and storage
(CCS) must play a main role within the portfolio of urgently
needed measures to limit global warming to +2 8C over pre-
industrial levels.[1,2] Coal-fired power plants (CFPP) are
prime candidates to be retrofitted with CCS. However,
Boundary Dam (100 MWe) in Canada is up to date the only
commercial CFPP that applies CCS using chemical absorp-
tion by monoethanolamine (MEA). The expansion of this
mature technology for CO2 capture at a large scale is hin-
dered by a number of challenges such as amine toxicity[3] and
degradation,[4] equipment corrosion,[5] and the high energy
consumption for sorbent regeneration.[6–8] Thus, there is
a need for developing new large-scale capture technologies
with reduced energy penalty and capture cost, which should
rely on environmentally friendly, abundantly available, and
inexpensive materials.
The calcium looping (CaL) process is at the basis of
a second-generation, post-combustion capture technology,
which has already been validated at the pilot level (1–
2 MWth);
[9,10] it uses CaO as dry sorbent, derived from cheap,
abundant precursors such as natural limestone. According to
recent studies,[11, 12] the CaL process yields a reduced penalty
over the power plant efficiency as compared to conventional
amine-based capture systems, which together with the low
price (&10E/ton), wide availability, and non-toxicity of the
sorbent precursor, makes it an attractive alternative to
amines for post-combustion CO2 capture.
[13–15]
The CaL process is based on the dry carbonation and calci-
nation of CaO solid particles:
CaOþ CO2 Ð CaCO3 DH@0r ¼ 178 kJmol@1
When applied to post-combustion CO2 capture, the CaL
process is performed using two interconnected circulating-
fluidized-bed (CFB) reactors, both operated under atmos-
pheric pressure at gas velocities of approximately 5–
10 ms@1.[16,17] wherein gas–solid contact and heat/mass trans-
fer are promoted. CaO particles react in the carbonator reac-
tor at optimum temperatures of approximately 650 8C with
the CO2 present in the flue gas at a volume concentration of
&15%. The carbonated particles are then circulated into the
calciner reactor in which fast decomposition of CaCO3
occurs to produce CaO and a rich CO2 stream ready to be
compressed and transported for storage or other uses. The
regenerated CaO particles are recovered at the calciner exit
by a cyclone and sent back to the carbonator for a new cycle.
CaO deactivation, mainly caused by sintering during the
CaCO3/CaO transformation,
[18] is compensated by the peri-
odic introduction of a fresh limestone makeup in the calciner
whereas the purged CaO is particularly well suited for
cement production.[19, 20] For the endothermic calcination re-
action to be fully attained in short residence times and under
necessarily high CO2 partial pressure the calciner tempera-
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capture. This manuscript analyzes the energy penalty that
arises from the integration of the CaL process into a coal-
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ty behavior obtained from thermogravimetric analysis
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ture must exceed 900 8C, which is achieved in practice by
in situ oxy-combustion of fossil fuel.[21,22]
Besides capital investment and operating and maintenance
(O&M) cost, energy consumption is a main factor that deter-
mines the viability of a capture technology. The specific
energy consumption for CO2 avoided (SPECCA)
[23] is usually
employed to quantify the additional fuel consumption (in
MJ) needed to avoid the emission of 1 kg of CO2 into the at-
mosphere [Equation (2)]:
SPECCA½MJkg@1CO2A ¼ 3600
1
hplant
@ 1href
Eref @ E
ð2Þ
where href and hplant are the power plant efficiencies, and Eref
and E are the emissions ratios (in kg CO2kWh
@1
e ) without
and with the CaL process integrated, respectively.
Most of the studies assessing SPECCA for conventional
amine-based capture systems lead to typical values of ap-
proximately 4 MJkg@1 CO2.
[23–25] Regarding the integration of
the CaL process into CFPP, reported values of SPECCA are
close to those obtained for amines for a 90% CO2 capture
efficiency.[26] The evolution with the number of cycles of the
CO2 capture capacity of limestone-derived CaO, which must
be used as input in this analysis, is a critical parameter that
affects the overall capture efficiency.[17] CaL–CFPP integra-
tion models usually employ results for the multicycle CaO
capture capacity obtained from lab-scale thermogravimetric
analysis (TGA), which are relevantly affected by the cycling
conditions. Thus, recent studies have shown that the kinetics
of carbonation at short residence times are importantly influ-
enced by calcination under high-CO2 partial pressures.
[27, 28]
However, this relevant issue has been mostly dismissed in
previous works.[29–31] Moreover, results from TGA tests per-
formed at realistic CaL conditions indicate that the CO2 cap-
ture efficiency could be improved from the use of other CaO
precursors such as dolomite[32] and steel slag[33] with more fa-
vorable carbonation kinetics as compared to limestone.
This work analyzes the energy consumption of the CFPP–
CaL integration using results from TGA tests on limestone,
dolomite, and steel slag in which calcination is performed
under high CO2 partial pressure, as would be the case in the
practical application for CO2 capture in power plants. The
structure of this paper is the following: first, the multicycle
carbonation behavior of CaO derived from natural lime-
stone,[28] dolomite,[32] and steel slag[33] and the CFPP–CaL in-
tegration model[34] are briefly summarized. Results from
these studies are then used to evaluate the energy consump-
tion and CO2 capture efficiency. A sensitivity analysis has
been performed to assess the influence of the different key
parameters involved in the CO2 capture process using these
CaO precursors. The obtained results indicate that better
global integration efficiency and lower energy consumption
are attained using dolomite and steel slag instead of lime-
stone due to their enhanced carbonation activity in the diffu-
sion-controlled stage, which leads to an improvement of the
whole system performance by prolonging the solids residence
time in the carbonator reactor beyond a few minutes.
Multicycle CO2 capture behavior of limestone, do-
lomite and steel slag
One of the main drawbacks of the CaL process is the pro-
gressive loss of activity of CaO particles at short residence
times as the number of carbonation/calcination cycles is in-
creased. This is especially true for limestone-derived CaO at
CaL conditions corresponding to post-combustion CO2 cap-
ture[17, 27,35–37] because of the enhanced sintering of the CaO
grains. Enhanced sintering during the CaCO3/CaO transfor-
mation drastically reduces the active surface of the solids in
the reaction-controlled fast phase that takes place in the first
seconds of carbonation.[17, 38] As the reaction progresses, this
fast reaction-controlled stage is followed by a slower phase
that becomes controlled by the solid-state diffusion of CO3
2@
and O2@ ions across the CaCO3 product layer built upon the
surface of the particles.[38] Thus, CaL conditions involving cal-
cination at very high temperatures (&950 8C) under high
CO2 partial pressures cause a marked loss of surface area
due to promoted aggregation and sintering of the CaO grains
during calcination,[18] and this leads to a severe drop in CaO
conversion at short residence times after just a few cy-
cles.[28,39, 40]
Dolomite [MgCa(CO3)2] is also a cheap, naturally abun-
dant CaO precursor, which upon calcination in the presence
of CO2 is decomposed into MgO and CaO in a two-stage
process:[32,41, 42]
MgCa CO3ð Þ2 ! CaCO3 þMgOþ CO2 DH0r ¼ 127 kJmol@1
ð3Þ
CaCO3 þMgO! CaOþ CO2 þMgO DH0r ¼ 178 kJmol@1
At a temperature of approximately 700 8C, dolomite de-
composes directly into MgO and CaO regardless of the CO2
partial pressure in the calcination environment.[42] If the cal-
cination is performed under high CO2 partial pressure (as is
the case of the CaL process), the nascent CaO nanocrystals
become immediately recarbonated, which leads to the forma-
tion of poorly crystalline CaCO3 as the intermediate product
of decomposition. This nascent CaCO3 decomposes rapidly
under high CO2 partial pressures because of its low crystal-
linity (as compared to limestone), when the reaction is ther-
modynamically favorable near 900 8C, which leads to a low
crystallinity and therefore highly reactive CaO.[43] Thus, the
use of dolomite in the CaL process for CO2 capture would
allow the reduction of the calcination temperature to approx-
imately 900 8C to attain full calcination at short residence
times.[32] Moreover, the presence of inert MgO grains in the
dolomitic lime hinders aggregation and thus sintering of the
CaO grains, which mitigates the drop in CO2 capture capaci-
ty with the number for cycles.[32,43]
The use of steel slag as an alternative CaO precursor in
the CaL process is also gaining the attention of research-
ers.[44,45] Steel slag is produced in large amounts by the metal-
lurgical industry, remaining an important part as final waste
without valorization. In 2010 steel slag production increased
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up to 21.8 million tons, 13% of which was used as landfill
waste.[46] According to Ref. [47], steel slag annual production
amounts to approximately 1 Mt in the UK alone. To use it as
a CaO precursor, steel slag can be pretreated with acetic
acid to obtain calcium acetate [Ca(CH3COO)2].
[33] Results
from TGA tests show that the decomposition of calcium ace-
tate occurs mainly in three steps:[33,48, 49] i) an initial dehydra-
tion, which occurs from ambient temperature to approxi-
mately 250 8C; ii) calcium acetate decomposition between
300 and 450 8C to release acetone and CaCO3, and iii) calci-
nation of CaCO3 in the range from 620 to 700 8C. According
to TGA results,[33] the CaO-based sorbent derived from steel
slag presents a low deactivation rate at realistic CaL condi-
tions, which would expectedly improve the CO2 capture effi-
ciency of the process. Moreover, the sorbent can be regener-
ated in very short residence times at 900 8C. In addition to
CaO, pretreated steel slag also contains other metallic oxides
as impurities such as aluminum, magnesium, iron, and silicon
oxides,[50,51] which would help mitigating the sintering of CaO
grains much in the same way as MgO does in the case of do-
lomite.
In order to compare the multicycle CO2 capture behavior
of the above three sorbents and to take into account the
presence of inert oxides in the case of dolomite and steel
slag, the appropriate parameter to be assessed is the capture
capacity (CC), defined as the ratio of mass of CO2 captured
to the total mass of sorbent (including the inert oxides) in
each cycle. Figure 1a shows the evolution of the CO2 capture
capacity for limestone, dolomite, and pretreated steel slag
with the number of cycles, as reported elsewhere from TGA
tests at realistic CaL conditions.[28,32, 33] The stoichiometric
CO2 capture capacity for calcined limestone is the highest
due to the presence of inert oxides in decomposed dolomite
and steel slag, which leads to a higher capture capacity in the
first cycle for the still relatively porous CaO derived from
limestone, as presented in Figure 1a. However, the sorbents
derived from dolomite and steel slag show a higher capture
capacity after just a few cycles, which indicates that CaO de-
activation in these sorbents is clearly mitigated.[33,41,44] Thus,
the multicycle capture capacity of dolomite- and steel-slag-
derived sorbents becomes twice that of lime after just
20 cycles (Figure 1a).
As shown in Figure 1a, the capture capacity data can be
well fitted to the following semi-empirical equation:[32, 52]
CCN
CC1
¼ CCr
CC1
þ 1
k N @ 1ð Þ þ 1@ CCrCC1
0 /@1
0B@
1CA ð4Þ
in which N is the cycle number, k is the deactivation rate
constant, and CCr is the residual capture capacity, towards
which the capture capacity converges asymptotically after
a large number of cycles. The best fitting parameters are
summarized in Table 1.
The TGA curves also allow us to separately obtain the
capture capacity in the fast reaction-controlled phase (FRP)
and solid-state diffusion-controlled phase (SDP) as illustrat-
ed in Figure 1b, where the time evolution of the capture ca-
pacity for cycle N=20 is plotted for the three sorbents ana-
lyzed in our work. Multicycle capture capacity data obtained
for both phases are plotted in Figure 2.
As shown in Figure 2, in the case of limestone-derived
CaO, the contribution of the diffusion-controlled phase to
the overall CO2 capture capacity in each cycle is similar to
the capture capacity in the fast reaction-controlled phase (for
5 min overall carbonation periods). Carbonation in the SDP
becomes even more relevant for dolomite and steel slag, for
which it represents a major part of the total CO2 capture.
Accordingly, the efficiency of CO2 capture would be expect-
edly kept at a high value by prolonging the carbonation time
lag, as carbonation in the diffusive phase grows roughly line-
arly with time within a time span of a few minutes[27,53] (see
also Figure 1b).
Kinetic model approach
Here we briefly summarize the kinetic model developed else-
where in which the relevant contribution of carbonation in
the SDP, as described above, is explicitly considered.[35] The
Figure 1. a) CO2 capture capacity for limestone,
[28] dolomite,[32] and steel
slag[33] derived sorbents as a function of the number of carbonation/calcina-
tion cycles. Solid lines are best-fit curves of Equation (4) to the data (best-fit-
ting parameters are shown in Table 1). b) Time evolution of the capture ca-
pacity during cycle number 20 for the three sorbents (the fast reaction-con-
trolled phase FRP and solid-state diffusion-controlled phase SDP are indicat-
ed). In these tests, the carbonation is performed for 5 min under 15% CO2/
85% N2 v/v at 650 8C whereas calcination occurs at 900 8C (950 8C in the case
of limestone to attain full calcination) under 70% CO2/30% N2 v/v. The resi-
dence time for both stages is 5 min. In the case of steel slag, the carbonation
was prolonged to 10 min. See Refs. [28,32,33] for further details.
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model is used to describe the multicycle CO2 capture capaci-
ty of limestone-, dolomite-, and steel slag-derived sorbents.
Accordingly, the reaction rates in the FRP and SDP are
simply expressed as:
rNFRP ¼
CCNFRP
tFRP
for t , tFRP ð5Þ
rNSDP ¼
CCNSDP
T0 @ tFRP for tFRP < t , tmax ð6Þ
in which rNi is the reaction rate in the i-phase (either FRP or
SDP), tFRP is the time of the FRP phase, tmax is total carbona-
tion time, CCi is the capture capacity in the i-phase, and T0 is
the experimental carbonation time lag.
The rate of capture capacity in the kinetically controlled
fast phase (rNFRP) at atmospheric pressure can be approximat-
ed to a first-order kinetic law:[54]
rNFRP ¼ ksSN CCmax @ CCð Þ
2
3 CO2½ A @ CO2½ Aeq
E C ð7Þ
in which [CO2] and [CO2]eq are the actual and equilibrium
CO2 concentrations, respectively, ks is the kinetic constant,
CCmax is the maximum CO2 capture capacity, and SN is the
sorbent specific area available for reaction after N cycles,
which is proportional to the capture capacity degree. The
rate of capture capacity in the diffusion-controlled phase can
be expressed by using an effective diffusion constant
(D*eff).
[35]
rNSDP & D*eff CO2½ A @ CO2½ Aeq
E C ð8Þ
Both Equation (7) and Equation (8) can be fitted to exper-
imental data[27, 32,33] to obtain the values of ks and D
*
eff to be
used in the kinetic model for limestone, dolomite, and steel
slag, respectively. The best-fitting parameters are shown in
Table 2. Figure 3a shows the time evolution of the CO2 cap-
ture capacity for several cycles (N) according to the kinetic
model for limestone, dolomite, and steel slag. A comparison
is shown in Figure 3b between the kinetic model and experi-
mental curves extracted from the TGA tests[28,32, 33] (Fig-
ure 1b). It has previously been observed that the use of
a linear law for carbonation in the kinetic model is actually
below the experimental capture capacity curve in the diffu-
Table 1. Values of best fitting parameters in Equation (4) to the TGA ex-
perimental data.[28,32,33]
Limestone Dolomite Steel slag
capture capacity
(total)
time 5.3 min 5.3 min 10.3 min
CC1 0.378 0.358 0.206
k 0.747 0.621 1.335
CCr 0.054 0.116 0.137
Rsqr 0.9993 0.9995 0.9984
capture capacity
(fast phase)
time 0.3 min 0.3 min 0.3 min
CC1 0.171 0.135 0.051
k 0.648 0.791 0.179
CCr 0.023 0.029 0.020
Rsqr 0.9993 0.9948 0.9506
time 5 min 5 min 10 min
capture capacity
(diffusive phase)
time 5 min 5 min 10 min
CC1 0.207 0.222 0.155
k 0.872 0.420 3.518
CCr 0.032 0.081 0.111
Rsqr 0.9985 0.9941 0.9896
Figure 2. Total CO2 capture capacity and capture capacities in the fast reaction-controlled phase (FRP) and solid-sate diffusion controlled phase (SDP), respec-
tively, as a function of the cycle number for limestone, dolomite, and steel slag.[28,32,33] In these tests carbonation is performed for 5 min under 15% CO2/
75% N2 v/v at 650 8C whereas calcination occurs at 900 8C (950 8C in the case of limestone) under 70% CO2/30% N2 v/v. Residence time for both stages is
5 min. In the case of steel slag, the carbonation was prolonged to 10 min.
Table 2. Kinetic model parameters obtained from the best fits of Equa-
tions (7) and (8) to the experimental data.[28,32,33]
Limestone Dolomite Steel slag
ks
m4
mol?s
h i 6.7W10@10 8.8W10@10 11.0W10@10
D*eff
m3
mol?s
h i 6.5W10@5 15.0W10@5 9.6W10@5
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sion phase. In this regard, our results on the capture efficien-
cy and energy penalty can be judged as conservative.
CaL–CFPP integration model
In this section, we summarize the main features of the CaL–
CFPP integration model (illustrated in Figure 4), which is
used to evaluate the capture efficiency and energy penalty in
this work. A detailed description of the integration model is
given in Ref. [34]. ASPEN PLUSTM has been employed in
the analysis. To simplify the model a number of assumptions
were made: (i) the system operates at steady-state conditions,
(ii) pressure losses in the heat exchange equipment are ne-
glected, (iii) the solid–solid heat exchange is modeled as
a transfer of heat between solids, (iv) the approach tempera-
ture is 10 8C for all gas–solid heat exchangers, (v) gas passes
in plug flow across a bed of perfectly mixed solids in the re-
actors, and (vi) reactors do not suffer from thermal energy
losses.
A 505 MWe CFPP is taken as a reference to analyze the
CO2 capture efficiency and energy penalty. Data for coal
composition (coal Pittsburgh No. 8), flue gas composition,
and CFPP operation parameters are extracted from
Ref. [55]. In this plant, combustion of 205 tons per hour of
coal takes place in the steam boiler to generate 1335.7 MWth,
which releases to the atmosphere 2517 th@ of flue gas with
a CO2 molar fraction of 0.135. Taking into account parasitic
electricity consumption, the reference power plant has
a 33.5% overall efficiency.
Figure 3. a) CO2 capture capacity as a function of time for different cycles (N) according to the kinetic model using best-fitting parameters to the experimental
data.[28,32, 33] b) Comparison between the kinetic model and TGA experimental curves for cycle N=20.
Figure 4. Schematics of the CaL–CFPP integration model (reproduced from Ref. [34] with permission).
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The CaL process is started by calcination of the
CaO precursor in the CFB calciner, where the heat
necessary to increase the temperature of the solids
to conduct the endothermic calcination reaction is
provided by in situ oxy-combustion of coal. Oxy-
combustion allows the retrieval of a CO2-rich
stream at the calciner outlet (70–90 vol% concen-
tration),[21,56] which is sent to a compression and
storage process. A make-up flow of the CaO pre-
cursor is introduced into the calciner to compen-
sate for sorbent deactivation. The heat extracted
from the CO2 stream is used for pre-heating the
flue gas entering into the carbonator (Figure 4). At
the exit of the calciner, the regenerated sorbent
particles are recovered by a cyclone and circulated
into the carbonator after a solids purge stage is
performed to eliminate ashes, irreversibly sulphat-
ed CaO, and deactivated solids. A minor modifica-
tion over the general model used for limestone and
dolomite has been implemented for steel slag to in-
corporate the acetic-acid pretreatment. Thus, the
process is started from the decomposition of calci-
um acetate as described in the previous section,
which releases CaCO3 and acetone; the latter is
separated from the solids stream using a cyclone
and sent to a heat exchanger as an initial step to-
wards removal from the cycle to use its sensible
heat for preheating the pretreated steel slag stream
entering into the system. This acetone has an eco-
nomic value and could be utilized for other purposes. The
CaCO3 resulting from the decomposition is sent to the CaL
process, where it follows the same path as limestone and do-
lomite.
The heat produced in the CaL cycle is used in a secondary
superheated steam cycle for electricity generation, whose
main parameters are described in Table 3. The steam boiler
is modeled as: i) a preheater where the sensible heat from
the flue gas stream is used; ii) an evaporator, which takes ad-
vantage of the energy released in the exothermic carbonation
reaction, and iii) a steam super-heater, which uses the sensi-
ble heat of the CO2 exiting the calciner (see Ref. [34] for
more details).
The energies released and consumed in the carbonator and
calciner reactors, respectively, are rather high due to the
large flow of solids recirculating between both reactors and
the high temperature requirements. To minimize the global
energy penalty, a possible strategy is to exchange heat be-
tween the solids leaving the calciner and the solids entering
into it, which must be heated up to the calcination tempera-
ture. Different systems have been proposed to this end such
as a mixing valve[57] or a cyclonic preheater.[58] To simplify
the model, a simple solid–solid heat exchanger is assumed
with an approach temperature of 20 8C. At the carbonator
exit, the flue gas (after recovering 70–90% of CO2) is sent to
a series of heat exchangers to recover the sensible heat from
the exhaust gases stream before being vented to the atmos-
phere.
CO2 capture occurs in the CFB carbonator reactor. This
reactor has been modeled in a recent work.[35] A solids
stream (FR) composed of CaO (and inert solids if present)
enters into the carbonator to react with the CO2-loaded flue
gas stream (FCO2 =10388 kmolh
@1) coming from the CFPP
main boiler. As presented in Figure 4, the flue gas is preheat-
ed before entering into the carbonator reactor. According to
the model, the average capture capacity of the particles leav-
ing the carbonator can be obtained from the sum of the aver-
age capture capacity in the fast and diffusion carbonation
phases, and the CO2 capture efficiency can be calculated as
a function of the total solids inventory in the carbonator
(Ws), the solids residence time in the carbonator (t), and the
flow rate of fresh sorbent precursor makeup fed into the
calciner (F0). The rates of carbonation in the fast reaction-
controlled phase [Eq. (6)] and the solid-state diffusion-con-
trolled phase [Eq. (7)] derived from the experimental data
presented above are used to compute the average capture ca-
pacity in the carbonator. The model assumes that the gas
passes in plug flow through a bed of perfectly mixed solids.
CaL–CFPP Simulation Results
CO2 capture efficiency
Figure 5 shows the CO2 capture efficiency results obtained
from the model. For fixed values of F0, an increase of the
solids inventory Ws in the carbonator yields a significant im-
Table 3. Main data used in the model simulations.
Equipment/zone Parameter Value
FCO2 10388 kmolh
@1
F0/FCO2 0.05
t 313 s
FR/FCO2 10
Ws 200 tonne
heat exchangers approach temperature 10 8C
compressors,
turbines
isentropic efficiency 0.85
CO2 storage pressure 100 bar
pumps efficiency 0.9
cyclones efficiency 0.99
type Barth 1
reactor/calciner T 950 8C (limestone case)
900 8C (dolomite and steel slag
cases)
P 1 atm
PCO2 0.83
Ecalciner 1
reactor/carbonator T 650 8C
P 1 atm
ASU W˙ASU 200 kWhtonne
@1 O2
W˙solid 5.5 kWhtonne
@1 solids
secondary steam
cycle
Tvv 560 8C
Pvv 140 bar
reheat temperature 476 8C
m˙vap 1.530 tonneh
@1
extraction pressure (1/2/3/
4)
42/20/4/1 bar
extraction flow (1/2/3/4) 183.9/134.9/72.8/45.6 tonneh@1
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provement of the capture efficiency for all sorbents analyzed.
A higher capture efficiency is achieved also by increasing the
makeup flow F0, which serves to counteract sorbent deactiva-
tion. Nevertheless, this leads also to higher energy consump-
tion in the calciner and therefore to an increase in the
energy penalty. As shown Figure 5, dolomite is the CaO pre-
cursor that provides a higher capture efficiency in the carbo-
nator for all simulated conditions (performed by
varying key model parameters such as FR, F0, Ws).
On the other hand, Figure 5 shows that decreas-
ing the solids recirculation flow rate between reac-
tors (FR), or equivalently, increasing the particles
residence time in the carbonator (t=NCa/FR), the
capture efficiency is not penalized, which under-
lines the importance of carbonation in the diffu-
sion-controlled phase in the CO2 capture process.
This effect is also illustrated in Figure 6, where the
capture efficiency is plotted as a function of the
residence time in the carbonator. The capture effi-
ciency can be maintained at a high level by pro-
longing the carbonation residence time. The results
show a relatively high capture efficiency for dolo-
mite and steel slag due to enhanced carbonation in
the SDP phase as compared to limestone. Prolong-
ing the carbonation residence time would bring
about important benefits to the CaL process, such
as a mitigated deactivation due to sintering in the
calciner (because the recirculation rate is de-
creased), lower cost for the transportation of
solids, and a reduction in the energy penalty (be-
cause the amount of heat required for calcination
would be decreased).
Energy consumption
A number of analyses have been performed to de-
termine the penalty in the power plant per-
formance of integrating the CaL process for CO2 capture
using limestone, dolomite, and steel slag as CaO precursors.
The values of the main operation parameters used for the
simulations are summarized in Table 3. CFPP–CaL integra-
tion results are shown in Table 4. The heat required in the
calciner (Q˙cal) is lower for steel slag than for limestone as the
needed temperature to attain full calcination of the makeup
flow is decreased (900 8C for steel slag as compared to 950 8C
for limestone). The heat released at the carbonator (Q˙carb) is
the sum of the heat produced by the carbonation reaction
and the sensible heat of solids entering into the carbonator
at the calciner temperature. A consequence of the presence
of inert solids is that a higher energy consumption is needed
(than in the case requiring limestone) in the make-up process
(Q˙makeup) for a given CaCO3 flow rate (F0) entering into the
calciner. Moreover, coal oxy-combustion to a higher extent is
needed in the case of dolomite, which leads to a higher
power consumption for compression due to an increase in
the gas flow rate exiting the calciner. For steel slag, inert
oxides are marginally present as impurities which do not
affect markedly the energy consumption.
Simulation results from the carbonator model (Figure 5)
indicate a lower capture efficiency for limestone as compared
to dolomite and steel slag. It is important to take into ac-
count that a lower capture efficiency in the carbonator
leaves also a lower amount of CaCO3 entering the calciner,
which reduces the energy requirements. Nevertheless, as
Figure 5. Capture efficiency as a function of the solids inventory in the carbonator for dif-
ferent FR/FCO2 and F0/FCO2 ratios. (FCO2 =10.39 kmolh
@1) and for the three CaO precursors
analyzed in this work.
Figure 6. CO2 capture efficiency as a function of the residence time in the car-
bonator, which is varied by changing the FR/FCO2 ratio (keeping fixed
FCO2 =10.39 kmolh
@1 according to reference power plant[55]). Calculations are
made for fixed values of Ws and FR/FCO2 as indicated. Results for the three
CaO precursors analyzed in the present work are shown.
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shown in Table 4, even though the use of dolomite and steel
slag would lead to a higher energy penalty over the plant
without capture, the SPECCA values obtained for these
sorbents is decreased; that is, less total energy consumption
is needed for each kilogram of CO2 avoided due to the in-
crease in the capture efficiency. Figure 7 shows the thermal
characteristics of the main streams in the CaL cycle for each
CaO precursor base case. The CO2 capture values from the
flue gas are shown in Table 5.
As shown in Figure 7, the heat delivered by oxy-fuel com-
bustion is used to increase the inlet stream temperature
(Qsens), to drive the calcination reaction (Qcalcin), and to satis-
fy other heat demands, linked to boiler combustion and ther-
mal losses, etc. The dolomite case has a higher CO2 capture,
and therefore a higher heat delivery from carbonation is ob-
tained.
As pointed out above, the enhancement of the capture ca-
pacity in the SDPs for dolomite and steel slag suggests that
the capture performance may be further improved if the
solids residence time in the carbonator is prolonged beyond
a few minutes. Accordingly, the SPECCA results plotted in
Figure 8 show that increasing the solids residence time leads
to a decrease of energy consumption for all the CaO precur-
sors. Despite that the use of either dolomite or steel slag
Table 4. Main CaL–CFPP integration results.
CaO-based sorbent used
Equipment/zone Parameter Limestone Dolomite Steel slag
reactor/calciner Q˙cal [MW] 1150.1 1550.7 1041.5
Q˙makeup [MW] 40.5 72.1 47.2
reactor/carbonator Q˙carb [MW] 711 1177.2 660.5
ECO2 0.77 0.92 0.86
flue gas compressor/carb power [MW] 5.5 5.5 5.5
compressor/CO2 storage power [MW] 181 226 178.1
steam cycle hplant 0.42 0.42 0.42
CaL–CFPP cycle (integration) hplant 0.279 0.276 0.277
integration penalty 5.60% 5.91% 5.79%
SPECCA 3.08 2.77 2.88
Figure 7. Thermal characteristics of the main streams in the CaL cycle.
Table 5. Flue gas component flow.
Mass flow [kgs@1]
Flue gas inlet Flue gas outlet
Component Flue gas Limestone Dolomite Steel slag
H2O 24.80 24.80 24.80 24.80
N2 449.40 449.40 449.40 449.40
O2 23.40 22.84 22.84 22.84
NO 3.80 3.80 3.80 3.80
SO2 2.25 0.02 0.02 0.02
H2 0.02 0.02 0.02 0.02
CO 3.69 3.69 3.69 3.69
CO2 127.00 27.99 10.26 17.78
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causes a higher energy penalty (Table 4), the capture effi-
ciency is also improved for these sorbents (Figure 6), which
leads to a further reduction in energy consumption per kg of
CO2 avoided, as shown in Figure 8. The higher capture ca-
pacity of dolomite in the SDP (Figure 3) yields the lowest
SPECCA. Moreover, as the carbonation time lag is in-
creased, the advantage of using dolomite and steel slag is fur-
ther promoted due to the higher rate of carbonation in the
SDP for the sorbents derived from these precursors as com-
pared to limestone. As the solids residence time in the carbo-
nator increases, the amount of solids circulating between re-
actors is reduced, which also mitigates the amount of addi-
tional heat required in the calciner due to the presence of
inert solids. This together with the enhanced capture efficien-
cy in the SDP for dolomite leads to the lowest SPECCA
value when dolomite is used. Thus, a SPECCA value as low
as 2.2 MJkg@1 CO2 is obtained for dolomite at a carbonation
residence time of 10 min (corresponding to a solids recircula-
tion flow rate of FR=40.5 kmolh
@1), compared to the higher
value of 2.6 MJkg@1 CO2 for limestone (Figure 8).
Sensitivity analysis
To assess the influence of other key parameters to the CaL–
CFPP integration on SPECCA a sensibility analysis was per-
formed in our work. Figure 9 shows the effects of varying
the: i) energy consumption related to solids conveying
(W˙solids); ii) air separation unit (ASU) energy consumption
for oxy-combustion (W˙ASU); iii) make-up flow into the calcin-
er (F0); iv) isentropic efficiency in the compressors of the
CaL process (hcomp); and v) steam power cycle efficiency
(hsteam).
As seen in Figure 9, the most critical effect is observed for
a variation of the power cycle efficiency. As expected, the
higher-efficiency power cycles would allow for a more effec-
tive use of the vast amount of energy produced in the CaL
process. In this regard, Hanak et al.[9] propose to integrate
a supercritical CO2 cycle instead of a steam cycle, which
could reduce the energy penalty by more than 1%. Increas-
ing the solids transport requirements or the CaCO3 make-up
flow has a higher influence for dolomite and steel slag than
for limestone. On the other hand, within the range of varia-
tion of the parameters analyzed (shaded area in Figure 9) the
lowest values of SPECCA are achieved for dolomite, with an
energy consumption of approximately 2.2 MJkg@1 CO2. Thus,
our simulations suggest that SPECCA values of about
4 MJkg@1 CO2, which are typical for conventional amine-
based capture systems,[23] could be substantially reduced by
means of the CaL process.
Conclusions
In this work the energy requirements for integrating a CO2
capture calcium looping (CaL) process in a coal-fired power
plant (CFPP) are analyzed. A study is presented on the per-
formance of the integration for three different CaO precur-
sors, taking into account the relevant role of the solid-state
diffusion (SDP)-controlled carbonation phase for carbona-
tion/calcination cycles performed under realistic conditions.
These conditions necessarily imply calcination under high
CO2 pressures. The sorbent precursors investigated are lime-
stone, dolomite, and steel slag, which are non-toxic and
widely available at very low prices, as they are unavoidably
needed for the commercial deployment of CCS at large scale
(typically 3 Mt of CO2 are released by a CFPP per year).
The analysis has been performed using a CaL–CFPP inte-
gration model recently reported and based on thermogravi-
metric analysis (TGA) experimental data available in the lit-
Figure 8. SPECCA values as a function of solids residence time in the carbo-
nator for the different CaO precursors analyzed in this work.
Figure 9. Sensitivity analysis on SPECCA for the different CaO precursors analyzed in this work.
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erature. The TGA results show an enhanced carbonation in
the solid-state diffusion-controlled phase, which is specially
marked for dolomite and steel slag. The enhanced carbona-
tion in the solid-state diffusion-controlled phase leads to
a significant reduction in the specific energy consumption for
CO2 avoided (SPECCA) when the solids residence time in
the carbonator is prolonged beyond a few minutes. Thus, the
use of dolomite as CaO precursor instead of limestone could
lead to a decrease of the energy consumption by approxi-
mately 15% for carbonation residence times of approximate-
ly 10 min. Thus, SPECCA values as low as 2 MJkg@1 CO2
could be achieved from the use of low-cost, non-toxic, and
abundantly available CaO precursors, which would enhance
the competitiveness of the CaL process against conventional
amine-based capture systems.
Symbols
CC CO2 capture capacity
CCr residual CO2 capture capacity
CCNFRP Sorbent CO2 capacity capture at N cycle
in the carbonation fast phase
CCNSDP sorbent CO2 capacity capture at N cycle
in the carbonation diffusive phase
CCmax maximum capture capacity
[CO2] [molm
@3] average CO2 concentration
[CO2]eq [molm
@3] equilibrium concentration of CO2
D*eff [m
3/(mol s)] effective diffusion constant
E [kg CO2/kWhe] emissions ratio after CaL
ECO2 carbon capture efficiency
Ecalc calciner conversion efficiency
Eref [kg CO2/kWhe] emissions ratio before CaL
FCO2 [kmolh
@] molar flow of CO2 in flue gas entering
the carbonator
F0 [kmolh
@] molar flow of fresh makeup limestone
FP [kmolh
@] molar flow of fresh makeup limestone
FR [kmolh
@] molar flow of CO2 in flue gas entering
the carbonator
FRP fast reaction-controlled phase
SDP solid-state diffusion controlled phase
m˙vap [tonneh
@] total steam mass flow
NCa [mol] mol of Ca in the carbonator
P [bar] pressure
Pvv [bar] live steam pressure
Q˙CaL [MW] heat consumption in the calciner
Q˙carb [MW] heat generated in the carbonator
Q˙makeup [MW] make-up heat consumption in the
calciner
rNFRP [1 s
@1] reaction rate in the carbonation fast
phase
rNSDP [1 s
@1] reaction rate in the carbonation diffu-
sive phase
SN [m
2/m3] reaction available surface in the N cycle
T [8C] temperature
Tvv [8C] live steam temperature
tFRP [s] time of the carbonation fast phase
tmax [s] total carbonation time
Ws [kg] solid inventory in the carbonator per
MW of a typical power plant
W˙ASU [MW] power consumption in the ASU
W˙solid [MW] power consumption in solids transport
href reference plant efficiency
hplant new global efficiency (CFPP–CaL)
hcomp compressor efficiency (CFPP–CaL)
hsteam power cycle global efficiency
t [s] average residence time in the carbona-
tor
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Thermochemical energy storage (TCES) is considered a promising technology to overcome the issues of
intermittent energy generation in Concentrated Solar Power (CSP) plants and couple them with yearly
electricity demand. The development of this technology could favor the commercial deployment of
CSP, which is considered as a key factor for new challenges in reducing GHG emissions. Among other pos-
sibilities, using the Calcium Looping (CaL) process for TCES is an interesting choice mainly due to the low
cost of natural CaO precursors such as limestone (below $10/ton) and the high energy density that can be
achieved (around 3.2 GJ/m3). This manuscript explores several configurations in order to maximize the
performance of the CSP-CaL integration with the focus on power cycle integration in the carbonator zone.
For this purpose, firstly, a discussion about the possibility of using open and closed power cycles is carried
out, which leads to the conclusion that a CO2 closed cycle is more appropriate. Then, a closed regenerative
CO2 Brayton cycle is analyzed in further detail and optimized by means of the pinch-analysis methodol-
ogy. A main output is that high plant efficiencies (of about 45%) can be achieved using a simple closed CO2
Brayton power cycle. The optimized integration layout shows good performances at carbonator to turbine
outlet pressure ratios around 3, thus allowing for a feasible integration of the power cycle in the CSP-CaL
system.
 2017 Elsevier Ltd. All rights reserved.1. Introduction
The commercial expansion of renewable energy technologies is
an urgent need to limit global warming to ‘‘well below” 2.0 C by
2100 and pursue 1.5 C above pre-industrial levels as agreed at
Paris COP21 Conference [1]. Among renewable energy technolo-
gies, concentrated solar power (CSP) has a great potential for com-
mercial expansion [2]. However, for CSP to achieve full autonomy
from fossil fuels and to increase its feasibility a main hurdle to
overcome is its inherent variability in power production. Thus, effi-
cient and low cost energy storage stands as a major technological
challenge to mitigate global warming [3–5]. Moreover, large-
scale energy storage is essential for a global system with high
penetration of solar energy in order to increase the electric grid
flexibility and avoid risks derived from transient peaks [6].
In recent years, a number of potential technologies have been
proposed to store thermal energy in CSP plants. These are based
upon three main concepts: sensible thermal energy storage (TES),latent heat storage and thermochemical energy storage (TCES)
[7,8]. Sensible heat storage systems are the most mature [9] and
involve the use of various materials with high heat capacity such
as water [7], molten salts [10–13], mineral oils [14] or ceramic
materials [15]. A number of commercial CSP plants do already exist
or are under construction [16] wherein heat is stored in molten
salts and used to generate electricity overnight. Another type of
storage system currently at the pilot scale level makes use of the
latent heat associated with the phase change in some materials
[17–20]. Phase change materials (PCM) allow attaining higher stor-
age capacities as compared to sensible heat storage [9,21]. A third
possibility relies on thermochemical energy storage (TCES), which
is being increasingly investigated [9,22–24]. TCES basically con-
sists of using the heat obtained from an external source such as
CSP to drive an endothermic chemical reaction. When energy is
needed the stored products from the reaction are brought together
at the necessary conditions for the reverse exothermic reaction to
occur. This releases the previously used heat for power production.
The main advantages of TCES as compared to TES are a consider-
ably higher energy density as well as the possibility of storing
energy in the long term or transport it without significant losses
Nomenclature
cp;i specific heat, kJ/(kmolK)
E fraction of CO2 spent in the reaction
Fi molar flow rate of component i, kmol/s
FCaCO3 CaCO3 molar flow rate
FCaCO3;carb CaCO3 molar flow rate (calciner side)
FCaCO3;clc CaCO3 molar flow rate (carbonator side)
FCaO;crb molar flow rate of CaO
FCaO;clc mole of regenerated sorbent
FCaO;nr;carb molar flow rate of unreacted CaO (carbonator side)
FCaO;nr;clc molar flow rate of unreacted CaO (calciner side)
FCO2 ;clc;out CO2 molar flow rate at calciner outlet
FCO2 ;nr non reacted CO2 molar flow in the carbonator
FR;carb recirculating molar flow rate (carbonator side)
FR;clc recirculating molar flow rate (calciner side)
FCO2 ;stoich stoichiometric CO2 molar flow
hi enthalpy, kJ/kmol
HXA solid-solid heat exchanger
HXB gas-solid heat exchanger
HXE gas-solid heat exchanger
HXF gas-solid heat exchanger
HXG gas-gas heat exchanger
HXI gas-solid heat exchanger
_mCO2;crb CO2 mass flow rate through carbonator
Pcarb absolute carbonator pressure, bar
Peq CO2 partial pressure at equilibrium, bar
PR pressure ratio
pdrop pressure drops of CO2, bar
yCO2;carb;in inlet molar fraction of CO2 in the carbonator
yeq equilibrium fraction of CO2 in the carbonator
T temperature, C
Tclc calciner temperature, C
Tcarb carbonator temperature, C
mi stoichiometric coefficient of compound i
_W mechanical power, kW
X average CaO conversion
Dtsun average daytime period (h)
DHRðTreactÞ reaction enthalpy at the reactor temperature, kJ/mol
DH0R standard enthalpy of reaction, kJ/mol
n extent of reaction per unit time
U thermal power, KW
Udisp dissipated heat of carbonation, kW
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is also usable in addition to the chemically stored heat.
An appropriate reversible reaction is necessary in order to
achieve an efficient and cost-effective TCES [26]. One of the most
promising systems for the development of TCES at large scale is
the Calcium Looping (CaL) process, which relies on the
carbonation-calcination reaction of CaO (Eq. (1)) [27–30]. The CaL
process begins with the decomposition of a bed of CaCO3 particu-
late solids in a calcination reactor (calciner) yielding CaO and CO2
as products. Once the sensible heat from the calciner outlet
streams (CaO, with a similar heat capacity to molten salts, and
CO2 streams) is recovered, the products are stored. Storage condi-
tions and time are flexible and could be accommodated to the
energy demand [25]. When needed, the CaO and CO2 products
would be circulated into a carbonator reactor, where energy is
obtained from the carbonation reaction:
CaOðsÞ þ CO2ðgÞ¢CaCO3ðsÞ DH0r ¼ 178 kJ=mol ð1Þ
The CaL process has been extensively investigated as a poten-
tially low energy penalty alternative to the use of the commercial
amine based technology for CO2 capture [31–34].The main draw-
back is that CaO shows indeed a marked deactivation at the speci-
fic conditions of the CaL process for CO2 capture, which necessary
involve regeneration of CaO by calcination at high temperature
(around 950 C) under high CO2 partial pressure and carbonation
under relatively low CO2 partial pressure [32,35,36]. Nevertheless,
thermodynamic conditions to achieve high TCES global efficiency
in the CaL process are radically different than those for CO2 cap-
ture. The former involves carbonation at high CO2 partial pressure
at high temperature whereas calcination can be carried out at low
CO2 concentration and therefore relatively low temperatures.
According to recently published thermogravimetric analysis
(TGA) tests [37], the residual conversion exhibited by CaO derived
from calcination of natural limestone can be as high as Xr ¼ 0:5
under these CSP conditions in contrast with the very small values
obtained for post-combustion CO2 capture conditions (Xr ¼ 0:08Þ.
Thus, the use of expensive Ca-based composites that might hinder
the short-term commercial development of CSP would not be nec-
essary. A main goal of the present manuscript is to analyze the CaL
conditions for an optimum performance of the CSP-CaL integration.Integration of the CaL process and CSP has been previously ana-
lyzed by other authors under several schemes. Tregambi et al. [38]
proposed a configuration whereby CaCO3 calcination is assisted by
CSP in order to lower the energy penalty associated to CO2 capture
in a coal fired power plant by means of the CaL process. Zhai et al.
[39] analyzed several schemes in which CSP served to recover
energy in the CO2 capture system, although the contribution of
CSP to the system is lower than 10%. On the other hand, Edwards
et al. [29] studied a CSP-CaL integration in which the heat pro-
duced in the carbonator reactor is used for power generation
through a CO2/air open cycle albeit with a limited efficiency criti-
cally affected by CaO conversion. Muñoz-Anton et al. [40] analyzed
the integration of a close to critical regenerative CO2 Brayton cycle
in a CSP power plant without storage, to achieve a higher cycle effi-
ciency. A relative high efficiency CSP-CaL integration was proposed
by Chacartegui et al. [23] in which power generation is carried out
by means of a closed CO2 power cycle.
In this work, a deep analysis of the CSP-CaL-power system inte-
gration is carried out. Departing from an open loop configuration,
several layouts are explored and compared in order to improve
the power system integration within the thermochemical storage
system. The coupling of the CaL process with a closed CO2 power
system is analyzed in detail to look for an optimal configuration.
Full integration is investigated through application of pinch-
analysis. Results demonstrate that a global efficiency above 45%
may be attained at CaL conditions that favor a stable and high
value of the multicycle conversion of CaO derived from natural
limestone, which makes the proposed integration model a highly
competitive option for TCES.2. CSP-CaL system for thermochemical energy storage
Fig. 1 shows a conceptual approach of the CSP-CaL integration
for thermochemical energy storage. The cycle begins with the
CaCO3 decomposition reaction (calcination), which is performed
at high temperature from solar heat radiation. According to equi-
librium conditions [41] and reaction kinetics, high temperatures
are necessary when operating under high CO2 partial pressure
(above 900 C) for sufficiently fast reaction to achieve completion
in short residence time [42–44]. Nevertheless, the use of
Fig. 1. Conceptual CSP-CaL integration for thermochemical energy storage.
Fig. 2. Air/CO2 open cycle integration in the carbonator zone. Originally proposed
by Edwards et al. [29].
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decrease the calcination temperature down to 700–750 C whereas
the mixture H2O/CO2 flowing out from the calciner reactor would
be easily separable. Among the CSP power technologies, solar
tower systems result the most appropriate for this purpose accord-
ing to the temperature requirements. Small prototypes of solar cal-
ciners have been already developed based on fluidized beds
[45,46], rotary kilns [47,48] and cyclone atmospheric reactors [49].
As seen in Fig. 1, the CO2 released after calcination is sent to a
storage tank after being cooled down and compressed, whereas
the CaO stream is circulated to a solids storage reservoir after being
brought to ambient conditions. The solid stream entering the cal-
ciner, composed by CaCO3 and unreacted CaO, is preheated
through a heat exchanger network where the sensible heat of the
hot streams leaving the calciner is used.
The energy release stage occurs in the carbonator zone, where
the heat of the carbonation reaction is delivered at high tempera-
ture (650–1000 C as a function of carbonation conditions) to a
power cycle by means of a stream carrier. Limestone derived CaO
usually shows a marked deactivation at the specific conditions of
the CaL process for post-combustion CO2 capture although, as said
above, the multicycle CaO behavior could be considerably different
operating under conditions that would maximize the efficiency of
the present integration [37]. Solids exiting the carbonator are
passed through a heat exchanger network to preheat CaO and
CO2 streams circulating toward the carbonator. The CO2 stream
exiting the storage is expanded to a selected carbonator pressure
lower than the storage pressure, which allows the use of commer-
cial fluidized bed technology. As can be seen in Fig. 1, compression-
expansion process of CO2 before and after than storage resembles a
compressed air energy storage (CAES) system [8,50]. Thus, the
integration incorporates energy storage not just in chemical form
but also as sensible heat and mechanical energy through CO2
compression.
Regarding the integration of the power cycle in the carbonator
zone, previous works have proposed the use of an air stream as
heat transfer fluid in an open Brayton cycle (Fig. 2) [29]. According
to this scheme, the CO2 stream entering into the carbonator is
assumed to react completely with the CaO solids to produce CaCO3.
Thus, it is implicitly assumed that pure air stream exits the carbon-
ator to enter the gas turbine for power production in an open Bray-
ton cycle. The outflowing air from the turbine passes through a
heat exchanger network, releasing sensible heat further used to
preheat the solids recirculated into the carbonator. However, reac-
tion equilibrium poses a fundamental limitation to this schemesince the reaction will reach equilibrium and carbonation will stop
as soon as the CO2 partial pressure in the carbonator reactor is
decreased to the equilibrium partial pressure as depending on
the carbonator temperature. Thus, the effluent gas from the car-
bonator to be sent to exhaust cannot be free of CO2 because of fun-
damental thermodynamic reasons.
The equilibrium molar fraction of CO2 in the carbonator yeq is
given by Eq. (2)
yeq ¼
Peq
P
¼
4:137  107 exp  20;474Tþ273
 h i
P
ð2Þ
where Peq (bar) is the CO2 partial pressure at equilibrium and P
(bar), T (C) are the carbonator pressure and temperature [41].
Thus, when a 15% v/v CO2 stream is introduced into a carbona-
tor at atmospheric pressure (P = 1 bar) and T = 650 C, the mini-
mum CO2 concentration in the gas stream exiting the carbonator
is around 1% (Fig. 3a). As can be seen in Fig. 3b, if the carbonator
temperature is increased to 850 C to enhance the thermoelectric
efficiency a minimum carbonator pressure of 4 bar is required for
carbonation to take place. This becomes even much higher
(P = 50 bar) if the required CO2 concentration in the flue gas is
below 1%. In addition, the theoretical maximum of carbonation
efficiency is hardly achievable in practice. For these reasons, the
Fig. 3. Minimum CO2 concentration (% v/v) exiting the carbonator as a function of
carbonator pressure P and temperature T for a CO2 concentration at carbonator inlet
of 15 %v/v.
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integration.
A possible solution to avoid the inconveniences of an open Bray-
ton cycle is to use a closed CO2 Brayton cycle [23]. In this configu-
ration, solids in the carbonator (CaO) are fluidized by a pure CO2
gas flow with a molar rate well above the stoichiometric value.
The CO2 fraction not participating in the reaction is employed to
remove heat from the carbonation and is delivered to a gas turbine
for the power cycle. In the next section an energy optimized pro-
cess leading to a global CSP-CaL integration efficiency above 43%
with high feasibility index is described in detail.3. CSP-CaL integration model
This section shows the global integration model and the process
design to transform an air-open power cycle (Fig. 2) to a closed-CaO
CO2
  CaCO3
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inacve CaO)
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Fig. 4. Preliminary plant diagram using a CO2 closed loop (CO2 power cycle as a first step for optimizing the CSP-CaL integra-
tion. Optimal CSP-CaL integration in our work starts from the heat
exchanger network proposed in [29] with the necessary adapta-
tions derived from the use of a CO2 closed Brayton cycle in the car-
bonator side. Fig. 4 shows a first possible approach for the
proposed integration in which the new equipment needed for the
closed cycle is marked by the shaded area. As can be seen, solids
entering into the calciner are preheated using the sensible heat
released by the hot streams leaving this reactor in a gas-solid heat
exchanger (HXB in Fig. 4) and in a solid-solid heat exchanger
(HXA). The CO2 power cycle is a closed and regenerative cycle in
which the heat removed by the reactants in the carbonator is
recovered in a solid-gas heat exchanger (HXF). On the other hand,
the residual heat from the solids at the carbonator output is
extracted to pre-heat the CO2 stream entering the carbonator by
means of another gas-solid heat exchanger (HXE). Solids can be
conveyed by means of the mature pneumatic technology, whose
energy consumption is about 3–5 MJ ton1/100 m [51].
As detailed in Fig. 4, part of the power needed in the compres-
sion stage of the Brayton cycle is provided by the expansion of the
pressurized CO2 coming from the storage vessel. The expansion of
CO2 yields useful work while, at the same time, releases very low
temperature heat (up to 30 C to be spent for CO2 intercooling
compression of the stream coming from carbonator).
3.1. Mass and energy balances
In this section the main aspects of the CSP-CaL integration
model are described, concerning mass and energy balances in the
heat exchangers, reservoirs and reactors. Fig. 5 shows the mass
flow scheme in the CaL process. The solids stream (CaO/CaCO3 mix-
ture) entering into the carbonator (flow rate FR;clc) reacts with the
CO2 stream coming from calciner side. Due to the possible loss of
CaO reactivity with the number of cycles and depending onO2
                         CaCO3
CO2 Turbine
C
T
HXE
HXF
Cooler
ntory
Pressurized
Fluidized
Bed
CARBONATOR
Tcarb
pcarb
s1
c4
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g6 g7
g8
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g11
g12
layout 1). Stream main data are shown in Appendix A.
Fig. 5. Mass-balance schematics of the plant.
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Fig. 6. Energy balance in the calciner (top) and carbonator (bottom) reactors.
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the solids is assumed to react (FCaO;crb) to produce CaCO3. Thus,
the solids at the carbonator outlet (FR;crb) consist of the CaCO3 pro-
duced by carbonation (FCaCO3) and the unreacted CaO (FCaO;nr;crb).
The stream Fheat is the CO2 molar flow used to remove the heat
of reaction from the carbonation environment and to perform the
power cycle for generation of electricity, which is in this proposed
cycle a 100% CO2 stream. The carbonated particles are assumed to
attain complete decomposition in the calciner. Thus, each mole of
CaCO3 gives rise to a mole of CO2 and a mole of regenerated CaO
(FCaO;clc). The calciner solids output will therefore consist of CaO
(partially regenerated CaO and partially unreacted CaO) at a flow
rate FR;clc .
The storage vessels must be sized to allow for a buffer storage
that enables the carbonator/turbine group running over 24 h by
an adequate load adjustment. In order to guarantee 24 h steady-
state operation, the mass-balance equation that must be satisfied
is:
Z
24h
FCaCO3;clcðtÞdt ¼
Z
24h
FCaCO3;crbðtÞdt ð3Þ
Plant performance is determined as an average over the 24 h
period and the molar flow rates are assumed constant and equal
to the integral average value over the daytime curve. Accordingly,
an average daytime period Dtsun is considered during which the
sun-solar concentrators system is able to provide sufficient energy
for the decomposition reaction to be fully achieved in the calciner.
In this way, it is possible to derive an averaged ratio between the
circulating flow rates in the calciner and carbonator side of the
plant. For a daytime of 8 h (assuming clear skies), the average ratio
over the 24 h between the circulating flow rates of the streams in
the calciner and in the carbonator over the 24 h will be equal 3,
while in case the daytime is 12 h, the flow rates through the cal-
ciner will be twice that through the carbonator. More sophisticated
control strategies should be actuated within a framework of long-
period control to ensure steady operation over periods larger than
24 h. This control should be based on the meteorological forecasts
and according to the power load curve.
Energy balances in the calciner and carbonator are shown in
Fig. 6. The energy and mass balances in the carbonator and calciner
reactors can be expressed as:
X
i
Fi;outhi;out 
X
i
Fi;inhi;in ¼ U _W ð4Þ
Fi;out  Fi;in ¼ nmi ð5Þ
where Fi is the molar flow and hi is the molar enthalpy of compo-
nent i. U and _W represent respectively the thermal and mechanicalpower interchange between the system and its surroundings. n is
the reaction rate of the considered reversible reaction and mi is
the stoichiometric coefficient of compound i.
Considering the outlet flows in the same conditions of the reac-
tor, eqs. (4) and (5) can be rearranged as:
nDHRðTreactÞ þ
X
i
Fi;inðhi;react  hi;inÞ ¼ U _W ð6Þ
where DHRðTreactÞ is the reaction enthalpy change at the reaction
temperature.
DHRðTreactÞ ¼
X
i
mihi;T ¼ DH0R þ
X
i
mi
Z T
ref
cp;idT ð7Þ
Energy change in the control volume consists therefore of the
part associated to the heat of reaction at reactor temperature
(nDHRðTreactÞ) and the heat required to bring reactants from inlet
to reactor condition ðPiFi;inðhi;react  hi;inÞ).
Assuming reactor isothermal conditions, Eq. (6) applied to the
carbonator serves to balance out the amount of CO2 needed to
remove the heat which is not absorbed by reactants or dispersed
through the walls. On the other hand, Eq. (6) applied to the calciner
Table 1
Fixed model conditions in CO2 closed power cycle configuration.
Net absorbed solar flux in calciner 100 MW
Thermal dispersions in carbonator 10 %
Calciner temperature 900 C
Ambient temperature 20 C
CaO conversion ðXÞ 0.20
Carbonator temperature (Tcarb) 875 C
Carbonator pressure (pcarb) 6 bar
Turbine outlet pressure (pout;turbine) 0.2 bar
Approach temperature solid-solid HX 20 C
Approach temperature solid-gas HX 15 C
Approach temperature CO2 cooler 10 C
Intercoolings in CO2 storage compression 5
Intercoolings in CO2 cycle compression 4
CO2 storage conditions 75 bar, T ambient
Solid phase conveying energy consumption 10 MJ/ton/100 m
Equivalent length for solids conveying
(carbonator side)
100 m
Equivalent length for solids conveying (calciner side) 100 m
Daylight hours 12 h
Isentropic efficiencies (compression/expansion) 0.89
Fig. 7. Efficiency vs carbonator temperature (PR = 30) calculated for fixed values of
CaO conversion X = 0.20 and X = 0.50 (solid lines). Dashed lines show efficiency
calculated without including energy consumption for solid conveying. Temperature
limits due to equilibrium constrains are marked for carbonator pressures of 7 bar
and 15 bar.
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input into the system given by the balance of solar heat supply
and energy loss occurring between the sun and the reactor (due
to undesirable heat transfer, radiation, absorption losses or reflec-
tion effects).
The carbonator is a pressurized fluidized bed wherein the car-
bonation reaction takes place at high temperature. Pressurized car-
bonation is desirable for the power-cycle direct integration and
allows carbonation at high temperatures and at a fast rate [52].
The solids in the carbonator (CaO) are fluidized by a pure CO2
gas flow. Thus, the molar flow rate of CO2 flowing into the carbon-
ator is well above the stoichiometric need. The CO2 fraction which
does not intervene in the reaction is used to remove heat from car-
bonation and deliver it to the gas turbine. Let us define a parameter
E to quantify the fraction of CO2 spent in the reaction (Eq. (8)), so
that the non-reacting fraction of CO2 is just re-circulating in the
loop:
E ¼ molCO2reacted
molCO2in
¼ 1 FCO2 ;out
FCO2 ;in
¼ 1 FCO2 ;powercycle þ FCO2 ;nr
FCO2 ;powercycle þ FCO2 ;stoich
ð8Þ
Here FCO2 ;nr is the non-reacting portion of the FCO2 ;stoich stoichio-
metric moles of CO2 needed for the reaction. The CO2 cycle is a
closed and regenerative cycle, where the heat removed by reac-
tants in the carbonator is recovered in an indirect gas-solid heat
exchanger, HXF (see Fig. 4). This avoids the direct contact between
CO2 and CaO streams, which could lead to a partial carbonation
reaction with a possible poor utilization of the reaction heat. In
the heat exchanger HXF, heat from the exhaust CO2 stream is used
to heat up the solids before entering the carbonator, while in the
heat exchanger HXE (see Fig. 4) the residual heat from the solids
leaving the carbonator is used to pre-heat the CO2 at the carbona-
tor inlet. Part of the power needed in the compression stage of the
CO2 Joule-Brayton cycle is provided from the expansion of the
pressurized CO2 needed to run the reaction in the carbonator.
Expansion in the gas turbine finally supplies the useful power of
the cycle. CO2 expansion from storage also provides some usable
work, and at the same time releases useful energy at very low tem-
perature (up to 30 C), which can be employed for the CO2 inter-
cooling compression of the stream coming from carbonator. For
this reason, C and T (see Fig. 4) are thermally coupled to avoid
the use of massive air cooling devices (and to further reduce costs).
3.2. Layout 1 simulation
The schematics proposed in Fig. 4 was simulated in order to cal-
culate the cycle efficiency with energy storage, defined by the fol-
lowing expression:
g ¼
R
24h
_WnetdtR
24h
_Qinputdt
ð9Þ
where _Wnet is the net power produced in the global cycle and _Qinput
is the CSP input in the calciner.
The values of the operation parameters used for design purpose
are summarized in Table 1. The cycle performance is analyzed as a
function of four key parameters for cycle efficiency, namely CaO
conversion X (defined as the ratio of CaO mass converted to CaCO3
to the CaO mass entering the carbonator), the carbonator temper-
ature Tcarb, the carbonator pressure pcarb and the CO2 main turbine
outlet pressure pout;turbine.
A key parameter for the cycle performance is the carbonator
temperature Tcarb. The temperature at which carbonation is carried
out is the heat-release temperature of the storage system to thepower cycle. When the combination of temperature and CO2 par-
tial pressure yields an equilibrium molar fraction of CO2 equal to
the inlet molar fraction, carbonation is not possible anymore
(FCO2 ;nr ¼ FCO2 ;stoich). Thus, increasing the carbonator pressure allows
shifting the carbonation temperature to higher values (see Eq. (2)).
For example, carbonator temperatures of 950–975 C are poten-
tially achievable in the case of carbonation under pure CO2 at a
pressure of 7 bar and 1025–1050 C would be achievable in case
of 15 bar.
The results obtained for the global plant efficiency are plotted in
Fig. 7 as a function of the carbonator temperature and for two fixed
values of CaO conversion (X = 0.2 and 0.5). As can be seen, the plant
efficiency would be hampered by a CaO conversion higher than 0.2.
However, a high CaO conversion should help increasing the cycle
performance since a minor fraction of unreacted CaO would be pre-
sent in the circulating stream of solids, therefore allowing for a
reduction of the energy penalty. This suggests that the perfor-
mance of the CSP-CaL integration could be improved by optimizing
the heat recovery exchanger network as will be discussed in the
next sections.
Another critical parameter for the system performance is the
pressure ratio in the main turbine, defined as PR ¼ pcarb=pout;turbine.
On the other hand, the global cycle efficiency has a dependence
Fig. 8. Efficiency as a function of carbonator and turbine outlet pressure calculated
for a fixed value of CaO conversion X = 0.20. Contour lines indicate iso-efficiency
cycle values.
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shows a contour plot of the system efficiency as a function of both
carbonator pressure and turbine outlet pressure, which serves to
infer the optimum pressure choice. In layout 1, CaO conversion
(X) has been fixed to 0.2 which gives a close to maximum cycle
efficiency.
As shown in Fig. 8, the maximum efficiency occurs at pressure
ratios around 40–50. However, it is important to note that for pres-
sure ratios over 30 the efficiency does not change considerably.
From pressure ratios of 30 up to 70, efficiency increases less than
0.5%. Since such high values of pressure ratios are difficult to
achieve in practice, a pressure ratio of 30 represents a good
trade-off.
Fig. 8 shows that higher efficiency can be achieved by decreas-
ing the turbine outlet pressure. There are at least two reasons for
which expansion to under-atmospheric pressures should be taken
into consideration: (i) If the turbine outlet pressure is atmospheric,
the optimum pressure occurs at too high values (around 30 bar)
currently unpractical from the pressurized carbonator technology;
(ii) Efficiency increases markedly with decreasing the turbine out-
let pressure, mainly thanks to the higher power generated by
decompressing the stored CO2. When the turbine outlet pressure
is around 0.1 bar, for instance, efficiency is almost 1% higher than
when outlet pressure is 0.3 bar. Over-expanding up to under-
atmospheric pressures is not a problem by itself although it must
be taken into account that too strong vacuums are difficult to man-
age from the practical point of view and may lead to increased
pipelines volume.
As a summary, the analysis of layout 1 shows that:
– The best performances are achieved for pressure ratios in the
range 40–50 (if intercooling is performed during compression
of the power fluid). Nevertheless, pressure ratios over 30 do
not enhance efficiency beyond 0.1–0.2%, thus a good trade-off
is to keep the pressure ratio around 30.
– Such high optimum values of the pressure ratio suggest the
necessity of over-expanding up to a pressure below atmo-
spheric. Over-expansion also results in better performances
(higher efficiency).
– On the other side, the higher the carbonator pressure the higher
carbonator temperatures may be, which yields a higher
efficiency.– In this configuration (layout 1), global efficiency is hampered by
an increase of CaO conversion due to a non-optimized heat inte-
gration as shown in next sections.
4. Improving the heat exchange recovery in the power
production stage to optimize the CSP-CaL-power cycle
integration performance
Fig. 9 shows a first modification of layout 1 (Fig. 4) oriented
toward improving the heat exchange recovery in order to enhance
the system performance through an increase of CaO conversion.
With respect to the preliminary configuration, a CO2 regenerator
(HXG) is incorporated in the heat exchanger train in order to heat
up a fraction of the gas stream entering the HXE exchanger (and
then in the carbonator) using the sensible heat of a portion of
the CO2 turbine output flow. The two CO2 streams, which are sep-
arately conditioned through heat exchangers HXF and HXG, are
rejoined to evolve in the closed loop power-cycle. By regulating
the CO2 split ratios (i.e. the fractions of the CO2 stream respectively
sent to HXG and HXF), the internal overall heat exchange can be
optimized. As a result, layout 2 can offer a wider range of regulat-
ing possibilities for efficiency rise. As shown in Fig. 10, Layout 2
shows higher performances as CaO conversion is increased. The
additional CO2 storage vessel (CO2 inventory storage) is included
in the scheme as an inventory control strategy for the gas turbine.
Since mass flow rate is one of the parameters that determines the
power output of the CO2 closed-cycle (along with the compressor
inlet temperature, turbomachinery efficiencies and the pressure
ratio) [53], power generation can be controlled in the CSP-CaL
scheme by modifying the circulating mass flow in the cycle (by
injecting or removing CO2 using the CO2 inventory storage) to
respond to a load change [54,55].
Fig. 10 shows the new cycle (layout 2) efficiency with respect to
pressure inferred from the simulations using the same inlet param-
eters as for layout 1. Higher efficiency values are achieved for lay-
out 2 as a result of an enhanced heat recovery at the carbonator
outlet. As for layout 1, a fixed value of CaO conversion is set to
X = 0.2. Further improvement can be achieved by a deeper thermal
optimization of the system as discussed below.
4.1. Pinch-analysis
This section presents a pinch-analysis [56] of the carbonator
side with the goal of achieving a plant configuration showing min-
imum energy consumption in a wide range of operational
conditions.
4.1.1. Streams identification
Four streams can be identified in the carbonator side as detailed
in Table 2 and Fig. 11. Heat transfer will be characterized by the
minimum temperature approach ðDTminÞ, which is set in a first
approximation to 10 C. The hot CO2 stream flowing out from the
turbine (which needs to be cooled) and the cold CO2 stream in
the pre-heating stage are indicated as CO2;c and CO2;p respectively.
The average thermal capacity FCp of the streams is plotted in
Fig. 12 as a function of the value of the CaO conversion X (referring
to layout 1). The values are averaged between the heat exchanger
input and output temperature. Exchanger HXF couples the CaO
cold stream with the CO2;c stream at the turbine output, while a
stream of solids is used to preheat the CO2,p stream. In a counter-
current heat exchange process, the best exergy performances are
obtained when thermal capacities of the two streams are identical.
As can be seen in Fig. 12, the exchange of heat is rather optimized
for low values of X while for high values of X there is still room for
further improvement.
Fig. 10. Efficiency as a function of carbonator and turbine outlet pressure calculated
using layout 2 configuration (Fig. 9) and for a fixed value of CaO conversion X = 0.20.
Dashed white lines show iso-efficiency curves.
Table 2
Streams identification in the carbonator side.
Stream Description Type Tin Tout
1 CO2 at turbine output (CO2;c) Hot Tout;turbine Tamb
2 CO2 at compressor output (CO2;p) Cold Tout;compressor Tcarb
3 CaO Cold Tamb Tcarb
4 Solids (CaCO3 + CaO) Hot Tcarb Tamb
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– The cold streams should be preheated at a temperature as high
as possible before flowing into the carbonator.– The heat available from the carbonator effluent streams needs
to be recovered. After heat recovery, such streams should be
at the lowest temperature achievable.
– The lowest temperature achievable for the hot streams is ambi-
ent temperature while the target high temperature for the cold
streams is the carbonator temperature. In addition, the CO2
temperature must be as low as possible at the compressor inlet
in order to reduce the compression work.
Fig. 12. Average thermal capacity (FCp) of the streams in the carbonator side as
indicated vs CaO conversion (XÞ for HXE and HXF heat exchangers cases.
Table 3
Streams characterization for X = 0.2.
Stream Type Fcp (kW/K) Tin (C) Tout (C) U (MW)
1 Hot 75.3 426 20 30.6
2 Cold 94.65 20 875 80.9
3 Cold 65.92 20 875 56.4
4 Hot 87.35 875 20 74.7
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Fig. 13. Composite curve of carbonator-side streams derived from the pinch
analysis for hot streams (solid line) and cold streams (dotted line) for different
values of a fixed CaO conversion X.
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using an ambient temperature of 20 C, a carbonator temperature
of 875 C and a turbine outlet temperature of 426 C which is the
expected outlet temperature for a 7–0.2 bar expansion. The com-
pressor output temperature has been set equal to ambient temper-
ature in order to simplify calculations. This choice is justified by
the fact that CO2 compression is performed with intercooling and
temperature is brought down by the low-T heat available from
the CO2 expansion. Table 3 shows the values of the stream param-
eters used in the calculations. A fixed value of CaO conversion
(X ¼ 0:2Þ has been employed.4.1.2. Composite curves
Streams data are combined in the so-called ‘composite curves’,
one for hot streams (defined as the streams releasing heat), one for
cold streams (streams requiring heat). From the composite curves,
it is possible to get information on the minimum heating and cool-
ing requirements of the system considered. Once the minimum
heating and cooling requirements are calculated, the energy tar-
gets are achieved through heat exchangers. The composite curves
obtained from the pinch analysis and for fixed values of CaO con-
version in the carbonator, X ¼ 0:2 and X ¼ 0:5, are shown in
Fig. 13. As can be seen, additional external heat is needed to bring
the reactants at the carbonator temperature. On the other side, the
minimum cooling requirement can be interpreted as the external
power that must be subtracted to the CO2c stream in order to cool
it down to ambient temperature before the compression stage.
Both heating and cooling requirements increase with the CaO
conversion.4.1.3. Heat exchangers network. Resulting plant
The heat exchangers’ network has been designed following the
basic rules of pinch-analysis and including some additional techni-
cal constraints:– Coupling between the two solid streams (CaO and CaCO3) are
avoided since gas-solid and gas-gas exchangers show better
performance and rely on more mature technologies.
– Splitting of the solid streams is technologically much more dif-
ficult (although possible by means of pneumatic conveying)
than splitting the gas streams. Thus, any splitting involves CO2
when possible.
The final goal of the analysis is to infer a network configuration
that remains valid for a wide range of operating conditions. In par-
ticular, the configuration should be able to exchange the entire
exchangeable heat (according to the minimum external heat
requirement calculation) for any value of CaO conversion X and
for any pressure ratio imposed at the turbine (which determines
the pinch-point temperature). Fig. 14 shows the network configu-
ration inferred that fulfils these requirements. This configuration
provides a good flexibility by splitting the two CO2 gas streams.
In this way it is possible to regulate case-by-case the mass fraction
in each branch. This configuration ensures also an optimal internal
heat-recovery performance, with a relatively reduced number of
heat exchangers and for a broad range of changes of any of the fol-
lowing parameters: carbonator temperature, turbine outlet tem-
perature (or turbine pressure ratio), ambient temperature, CO2
compressor outlet temperature, CaO conversion and minimum
temperature difference in the heat exchangers. The resulting plant
is shown in Fig. 15.
5. Optimized CaL- power cycle integration (layout 3)
According to the pinch analysis results, the proposed final plant
configuration (shown in Fig. 16) is equipped with a solid-solid heat
exchanger (HXA), four gas-solid heat exchangers (HXB, HXF, HXE,
HXI) and with a gas-gas regenerator (HXG). The CO2 stream from
storage (produced in the calciner side operation) and the CO2
stream coming from the power loop are mixed, flowing through
a heat exchangers train (HXG and HXI) which optimize heat recov-
ery at low temperature. On the other hand, the CO2 stream flowing
out from the turbine is divided into two sub-streams through HXF
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into the carbonator respectively. In HXE, the high-temperature
sensible heat from the CaCO3 stream is used in the final stage of
CO2 stream preheating above the pinch, which serves to maximize
the gas temperature at the carbonator inlet and therefore the cycle
performance. Table 4 shows a comparison of the main data accord-
ing to an energy balance for each configuration. At a fixed CaO con-
version of 0.2, the global net efficiency increases of about 5% with
respect to the base case.
Concerning the storage capacity, the volumetric energy density
is usually expressed as the ratio between the stored thermal
energy and the reactant storage volume [9]. The amount of solid
stored material is highly influenced by the CaO conversion (X).
By considering all the tanks in the plant, for the base case of theoptimized cycle (Fig. 16), assuming X = 0.2, vessels volumes
needed are 989.6 m3, 633.7 m3 and 1227 m3 for CaO, CO2 and
solids (CaO + CaCO3) respectively. On the other hand, thermal
energy production during the night from the storage reaches
2124 GJ, which implies a global energy storage density of
1.26 GJ/m3, still being higher than in the case of molten salts
(0.5 GJ/m3) [57]. Considering power production from the storage
stage, from the CaL cycle is possible to store 170.53 kW he/m3. In
addition to the chemical storage heat, the sensible heat stored in
the reaction by-products is also usable.
The results obtained from the model for the optimized plant
configuration (Fig. 16) have been analyzed as a function of CaO
conversion ðXÞ, pressure ratio ðPRÞ in the power cycle, absolute car-
bonator pressure ðPcarbÞ and carbonator temperature ðTcarbÞ, which
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Fig. 16. Plant diagram of the highest efficiency integration layout for Thermochemical Energy Storage in a CSP plant using the CaL process (layout 3). Stream main data are
shown in Appendix A.
Table 4
Energy balance of for the three configurations.
Parameter Configuration 1 (Fig. 4) Configuration 2 (Fig. 9) Configuration 3 (Fig. 16)
Solar thermal power (MWth) -12 h- 100 100 100
Heat exchangers
Thermal Power
(MWth)
HXA 120.0 120.0 120.0
HXB 23.2 23.2 23.2
HXF 26.8 26.8 46.0
HXG – 3.4 78.6
HXI – – 53.7
HXE 70.4 67.1 15.5
Auxiliary cooler 3.9 0.6 6.9
Power outlet (MWe) Compressor calciner (storage) 7.0 7.0 7.0
Compressor carbonator (power cycle) 16.7 16.8 14.0
Solids conveying (average) 1.8 1.8 1.8
Power inlet (MWe) Turbine (storage) 1.2 1.2 2.2
Main turbine (power cycle) 38.6 38.8 37.3
Global net efficiency 0.356 0.358 0.403
Fig. 17. Efficiency curves obtained for the diverse layout configurations described
in the present work at the optimum pressure ratio. Solid lines are derived by
including energy consumption due to solids conveying.
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tests have been carried out to compare the cycle efficiency with
the results from the previous layouts (layout 1 in Fig. 4 and layout
2 in Fig. 9). For this purpose, the same model conditions (detailed
in Table 1) were used for the three layouts.
Fig. 17 shows a comparison of the efficiency curves obtained for
the three proposed configurations as a function of CaO conversion.
As can be seen, the enhancement of heat recovery derived from the
pinch analysis yields a relevant increase of the cycle performance
(layout 3 configuration), which is further improved as CaO conver-
sion is increased. For layouts 1 and 2 the best performance is pro-
vided by high values of the pressure ratio, by CaO conversions close
to 0.2 and with overexpansion in the gas turbine. In layout 3 an
optimum performance is obtained also for much smaller
pressure-ratios and both atmospheric turbine outlet pressure (as
may be seen in Fig. 18) or atmospheric carbonator (Fig. 17). Consid-
ering that rather high CaO conversion is foreseen to be achievable
with high-T and high CO2 partial pressure carbonation [37], effi-
ciency values close to the maximum are expected to be reached.
Fig. 18. Contour plot of efficiency vs carbonator and turbine outlet pressure
including energy consumption for solids conveying. Black lines: constant pressure
ratio. Dashed white lines: iso-efficiency curves. A fixed value of CaO conversion
X = 0.50 is used.
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In this work, several schemes for Thermochemical Energy Stor-
age (TCES) of Concentrated Solar Power (CSP) using the Calcium
Looping (CaL) process have been analyzed. High values of globalTable 5
Main stream data for the base case of each CSP-CaL configuration.
Stream ID Configuration 1 (Fig. 4) - PR = 30, X = 0.2 Configuration
P ðbarÞ T ðCÞ _m ðkg=sÞ P ðbarÞ
s1 1.01 875 88.5 1.01
s2 1.01 68 88.5 1.01
s3 1.01 20 177.0 1.01
s4 1.01 20 146.3 1.01
s5 1.01 20 30.7 1.01
s6 1.01 802.9 30.7 1.01
s7 1.01 863 146.3 1.01
s8 1.01 852.6 177.0 1.01
s9 – – – –
c1 1.01 900 153.0 1.01
c2 1.01 40 153.0 1.01
c3 1.01 20 76.5 1.01
c4 1.01 427.2 76.5 1.01
g1 1.01 900 24.0 1.01
g2 1.01 35 24.0 1.01
g3 75 40 24.0 75
g4 75 20 12.0 75
g5 6 10.8 12.0 6
g6 6 53 85.8 6
g7 6 795.6 85.8 6
g8 6 875 73.8 6
g9 0.2 442.2 73.8 6
g10 0.2 90.1 73.8 6
g11 0.2 30 73.8 6
g12 6 59.6 73.8 0.2
g13 – – – 0.2
g14 – – – 0.2
g15 – – – 0.2
g16 – – – 0.2
g17 – – – 0.2
g18 – – – 6
g19 – – – –efficiency are achievable by working at high carbonator to turbine
outlet pressure ratios according to layouts 1 and 2 based on a
closed CO2 Brayton cycle. High values of the carbonator to turbine
outlet pressure ratio are preferably attained by over-expanding up
to pressures below 1 atm in order to keep the carbonator absolute
pressure at reasonable values (normally not exceeding 15 bar).
Moreover, operation under a high carbonator pressure allows to
raise the carbonation temperature (according to the reaction equi-
librium), which leads consequently to higher efficiencies. In these
layouts (1) and (2) higher global integration efficiencies are
obtained with CaO conversions (X) close to 0.2. Results from TGA
experiments at realistic CSP-CaL conditions reported elsewhere
show that conversion of CaO derived from either natural limestone
or dolomite could reach residual values even higher. In layout 3,
derived from a pinch-analysis thermal optimization, larger perfor-
mances are predicted using much lower ratios of carbonator to tur-
bine outlet pressures, with a predicted power production efficiency
up to 44–46% for X = 0.5 and showing an increasing trend with CaO
conversion.Acknowledgements
This work was supported by the Spanish Government Agency
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52763-C2-2-R).Appendix A. Main stream data for the base case of each CSP-CaL
configuration
See Table 5.2 (Fig. 9) - PR = 30, X = 0.2 Configuration 3 (Fig. 16) - PR = 3.2, X = 0.2
T (C) _m ðkg=sÞ P ðbarÞ T (C) _m ðkg=sÞ
875 88.5 1.01 875 88.5
110 88.5 1.01 708.8 88.5
20 177.0 1.01 83.0 88.5
20 146.3 1.01 20 177.1
20 30.7 1.01 20 146.3
802.9 30.7 1.01 20 30.7
863 146.3 1.01 802.9 30.7
852.6 177.0 1.01 863 146.3
– – 1.01 852.6 177.1
900 153.0 1.01 900 153.0
40 153.0 1.01 40 153.0
20 76.6 1.01 20 76.5
427.2 76.6 1.01 693.9 76.5
900 24.0 1.01 900 24.0
35 24.0 1.01 35 24.0
40 24.0 75 40 24.0
20 12.0 75 20 12.0
10.8 12.0 1 1.3 12.0
53 85.8 1 56.5 191.3
53 9.0 1 56.5 113.6
53 76.7 1 56.5 77.7
427.2 9.0 1 693.8 113.6
796 85.8 1 693.8 77.7
875 73.8 1 693.8 191.3
442.2 73.8 1 759.7 191.3
442.2 8.9 1 875 179.3
442.2 64.9 0.313 708.9 179.3
35 64.9 0.313 708.9 115.1
68 8.9 0.313 49.9 64.2
30 73.8 0.313 87.1 115.1
59.61 73.8 0.313 30 179.3
– – 1 60.2 179.3
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Efficient, low-cost and environmentally friendly storage of thermal energy stands as a main challenge for
large scale deployment of solar energy. This work explores the integration into concentrated solar power
plants of the calcium looping process based upon the reversible carbonation/calcination of calcium oxide
for thermochemical energy storage. An efficient concentrated solar power-calcium looping integration
would allow storing energy in the long term by calcination of calcium carbonate thus overcoming the
hurdle of variable power generation from solar. After calcination, the stored products of the reaction (cal-
cium oxide and carbon dioxide) are brought together in a carbonator reactor whereby the high temper-
ature exothermic reaction releases the stored energy for efficient power production when needed. This
work analyses several power cycle configurations with the main goal of optimizing the performance of
the overall system integration. Possible integration schemes are proposed in which power production
is carried out directly (using a closed carbon dioxide Brayton power cycle) or indirectly (by means of a
steam reheat Rankine cycle or a supercritical carbon dioxide Brayton cycle). The results obtained show
that the highest plant efficiencies (up to 45–46%) are achievable using a closed carbon dioxide Brayton
power cycle.
 2017 Elsevier Ltd. All rights reserved.1. Introduction
The commercial expansion of renewable energy technologies is
an urgent need to limit global warming to ‘‘well below” 2.0 C (by
2100) and pursue 1.5 C above pre-industrial levels as was agreed
at Paris COP21 Conference [1]. In particular, Concentrated Solar
Power (CSP) should play a leading role within the new energy land-
scape as it lends itself to potentially cheap storage of energy in the
form of heat [2]. Thus, efficient and affordable thermal energy stor-
age systems must be developed in order to decouple production
and demand [3], which would allow a deep penetration of solar
energy power generation into the grid.
In recent years a large number of potential thermal storage
technologies for medium to high temperature CSP systems have
been proposed [4] based upon three main concepts: (i) sensible
Thermal Energy Storage (TES), such as direct steam storage [5] or
molten salt systems [6]; (ii) latent heat storage using Phase Change
Materials (PCMs), on which Zalba et al. [7] published a comprehen-
sive review of materials and applications; and (iii) Thermochemi-cal Energy Storage (TCES). Regarding TCES, a large number of
potential systems [8], experimental research under practical condi-
tions [9] and TCES reactor designs [10] can be found in the recent
literature. Essentially, TCES consists of using the heat obtained
from an external source, such as CSP, to drive an endothermic reac-
tion. When energy is needed, the separately stored by-products of
the reaction are brought together at the necessary conditions for
the reverse exothermic reaction to occur, which releases the previ-
ously used heat for power production. The main advantages of
TCES as compared to TES and PCMs are the considerably high
energy density attainable, which is well above the energy density
of molten salts currently used in commercial plants (0.5 GJ/m3)
[11], and the possibility of storing energy in the long term [8].
An extended review on long-term solar heat storage can be found
in Ref. [12]. Moreover, in addition to the chemically stored heat,
sensible heat stored in the reaction by-products is also usable.
The focus of the present manuscript is on TCES in CSP tower
plants. In order to achieve an efficient and cost-effective thermo-
chemical storage process, a proper selection of the reversible reac-
tion is a crucial issue. Among the possibilities explored for TCES in
CSP tower plants at large scale, one of the most promising systems
is the Calcium Looping (CaL) process, which relies on the
Notation
cp;i specific heat (kJ/(kmol K))
dT min HE minimum temperature approach (C)
Fi molar flow rate of component i (kmol/s)
FCaCO3 molar flow rate of CaCO3
FCaCO3 ;carb molar flow rate of CaCO3 (carbonator side)
FCaCO3 ;clc molar flow rate of CaCO3 (calciner side)
FCaO;crb molar flow rate of CaO (carbonator side)
FCaO;clc molar flow rate of regenerated sorbent
FCaO;unr;carb molar flow rate of unreacted CaO (carbonator side)
FCaO;unr;clc molar flow rate of unreacted CaO (calciner side)
FCO2 ;clc;out molar flow rate of CO2 at calciner outlet
FR;carb recirculating molar flow rate (carbonator side)
FR;clc recirculating molar flow rate (calciner side)
hi enthalpy (kJ/kmol)
HXA solid-solid heat exchanger
HXB gas-solid heat exchanger
HXE gas-solid heat exchanger
HXF gas-solid heat exchanger
HXI gas-solid heat exchanger
HXG gas-solid heat exchanger
_mCO2 ;crb CO2 mass flow rate through carbonator
_msolids solids mass flow rate (kg/s)
Pcarb absolute carbonator pressure (bar)
Qinput thermal power input (MW)
Peq CO2 partial pressure at equilibrium (bar)
PR pressure ratio
pdrop pressure drops in CO2 circuit, bar
Pvv live steam pressure (bar)
yCO2 ;carb;in inlet molar fraction of CO2 in the carbonator
Pout;turb outlet turbine pressure (bar)
yeq equilibrium fraction of CO2 in the carbonator
T temperature (K)
Tcarb carbonator temperature (K)
Tin;CO2 CO2 temperature at carbonator inlet (C)
Tin;CaO CaO temperature at carbonator inlet (C)
Treheat reheat temperature (Rankine cycle) (C)
Tvv live steam temperature (C)
Wcomp;1 compressor 1 power, sCO2 (MW)
Wcomp;2 compressor 2 power, sCO2 (MW)
Wturb turbine power, sCO2 (MW)
_W mechanical power (kW)
X CaO conversion
Xslp split factor, sCO2
gc isentropic compressor efficiency
gt isentropic turbine efficiency
gintegration global integration performance
gstorage storage performance
gcycle power cycle performance
gcc combined cycle performance
/cycle power cycle practicability
Dtsun average daytime period
DHRðTreactÞ heat of reaction at the reactor temperature
n extent of reaction per unit time
U heat flux
Ucarbonation available heat of carbonation
erec recuperator efficiency (%)
DPR;hot pressure drop recuperator- hot side (%)
DPR;cold pressure drop recuperator- coldside (%)
DPR;HE pressure drop heat exchanger- sCO2 (%)
816 C. Ortiz et al. / Energy Conversion and Management 149 (2017) 815–829carbonation-calcination reaction of calcium oxide (CaO) (Eq. (1))
[13]. The use of several CaO precursors for TCES in CSP plants has
been analysed in [14].
CaOðsÞ þ CO2ðgÞ¢CaCO3ðsÞ DH0r ¼ 178 kJ=mol ð1Þ
Generally, the CaL process would begin with the decomposition
of calcium carbonate (CaCO3) particulate solids in a calcination
reactor (calciner) yielding CaO and CO2 as by-products. A high
energy input is necessary to rise the solids stream temperature
up to the value required for the reaction to occur at a sufficiently
fast rate and to carry out the endothermic calcination reaction
[15]. Thus, the optimum calcination temperature is essentially
determined by the composition of the gas in the calcination envi-
ronment [16]. Once the sensible heat from the calciner outlet
streams (CaO and CO2 streams) is recovered, these products are
separately stored. Storage conditions and time are flexible and
could be accommodated to energy demand and environmental cir-
cumstances. When needed, the CaO and CO2 products are circu-
lated into a carbonator reactor, where energy is recovered from
the carbonation reaction.
A great benefit of the CaL process is the low price (10 $/ton),
wide availability and harmlessness towards the environment of
natural limestone or dolomite to be used as CaO precursor [17].
However, a usually claimed drawback of the CaL process is the
marked deactivation of CaO derived from these natural minerals
with the number of carbonation/calcination cycles. CaO deactiva-
tion is indeed particularly relevant when the CaL process is used
for CO2 capture [18] under conditions that necessary involve
regeneration of CaO by high temperature (around 950 C) calcina-
tion at high CO2 partial pressure and carbonation at low CO2 partialpressure (0.15 bar). Nevertheless, CaL conditions to achieve a
high global efficiency for TCES and electricity generation in CSP
plants can be radically different to those corresponding to its appli-
cation for CO2 capture [19]. In the CSP-CaL integration, carbonation
would be carried out under high CO2 partial pressure and high
temperature (around or above 850 C) whereas calcination could
be ideally performed at relatively low temperature (700 C)
under a gas easily separable from CO2 such as Helium [16] or
superheated steam [20]. Under these conditions, CaO derived from
natural limestone or dolomite may exhibit a high value of the
residual conversion [19].
In addition to enhancing solar energy storage capacity,
advanced high efficiency CSP-TES-power cycle integrations should
be developed exploiting energy storage conditions to achieve a sig-
nificant improvement of CSP plant performance. Integration of
power cycles in commercial CSP tower plants with thermal storage
in the form of sensible heat using molten salts is limited by a max-
imum temperature achievable around 550–600 C. This limitation
is mainly imposed by the degradation of molten salts at higher
temperatures [21]. In recent years, molten alkali carbonates salts
(MACs) have been investigated for energy storage. According to
Frangini et al. [22], temperature stability of additives limits the
applicability of oxidizing MAC salts at temperatures below
650 C. On the other hand, thermal radiation losses at the open
focal point [23] adds a further temperature limitation in currently
CSP plants. This implies that most of the commercial CSP tower
plants currently under operation are based in Rankine cycle pro-
cess [24]. Peak solar to electricity conversion efficiencies in these
commercial CSP tower plants are around 25–30%, with an annual
solar-to-electricity conversion efficiency lower than 20% [25]. In
C. Ortiz et al. / Energy Conversion and Management 149 (2017) 815–829 817this regard, Liu et al. [26] show current annual efficiencies as a
function of solar technology used: 13–15% for parabolic trough,
14–18% for tower ad 9–13% for Fresnel. On the other hand, the
European Academies Scientific Advisory Council [27] points out
the difference of annual solar to electricity efficiencies between
conceptual (around 22–28%) and industrial (around 14–18%)
status.
This manuscript analyses several integration schemes to use the
CaL process for TCES in CSP plants. Integration models aimed at
similar goals have been already investigated by other authors. Tre-
gambi et al. [28] proposed a scheme whereby calcination in the CaL
process is assisted by CSP for CO2 capture in a coal fired power
plant. Edwards et al. [29] investigated a CSP-CaL integration in
which the heat produced in the carbonator reactor is used for
power generation through a CO2/air open cycle. This configuration
assumes that the CO2 stream entering into the carbonator reacts
completely with the CaO solids to produce CaCO3. However,
attending to the reaction equilibrium, carbonation will be ceased
when the CO2 partial pressure in the carbonator reactor reaches
the equilibrium partial pressure (see Eq. (8)). Thus, a certain
amount of CO2 in the carbonator effluent gas will be unavoidably
released to the environment in a CO2/air open cycle at a concentra-
tion depending on the carbonator temperature. In order to guaran-
tee the absence of CO2 emissions, alternative power cycles must be
employed. In this regard, Chacartegui et al. [30] have recently pro-
posed a CSP-CaL integration wherein the TCES system is integrated
with a closed CO2 power cycle directly coupled to the carbonator
following a pinch-analysis methodology [31]. In the discharge
operation the circulating CO2 passes directly to the carbonator
and power turbine. The present manuscript explores the integra-
tion with the TCES core system of alternative direct and indirect
cycles (steam turbine, closed Brayton CO2 and indirect-
supercritical CO2) for relevant CSP-CaL integration conditions.
The obtained results show that the highest efficiencies are
achieved using direct cycles, potentially reaching global power effi-
ciencies above 44%.2. Concentrated solar power-calcium looping integration model
In this section the main aspects of the concentrated solar
power-calcium looping integration model based on mass and
energy balance in heat exchangers, solid reservoirs, CO2 storage
tank and reactors are summarized. The interested reader is
referred to [30] where the model is described in detail. Moreover,
the main CSP-CaL model simulation results are analysed as a pre-
vious step to discuss the power cycle integration.Fig. 1. CSP-CaL integ2.1. Model description
Fig. 1 shows a schematic representation of the CSP-CaL integra-
tion model. The process starts in the solar receiver, where solar
energy input is used to carry out the calcination of CaCO3
(endothermic reaction). Currently commercial CSP tower systems
would allow achieving temperatures in the range of 700–900 C,
which are high enough to drive limestone calcination in short res-
idence times [19] using a solar calciner reactor among those
already proposed in the literature [32]. For example, Meier et al.
[33] have developed a solar multi-tube rotary kiln prototype for
carrying out the calcination reaction at temperatures up to
1100 C. Once calcination takes place, the released CO2 is sent to
a storage tank after being cooled and compressed whereas the
CaO stream is transported to a solids reservoir. Both streams exit-
ing the calciner at high temperature are passed through a heat
exchanger network to extract their sensible heat as a previous step
to storage at ambient temperature. This is a main advantage of the
CSP-CaL integration over current state of the art sensible heat stor-
age using molten salts, whose temperature must be kept above
200 C to avoid solidification [34]. In order to use reasonably
sized CO2 storage volumes a minimum pressure of 75 bar is needed
to store CO2 under supercritical conditions (considering storage at
ambient temperature) [30]. The high compression ratio from cal-
ciner to storage conditions (1:75) requires the use of intercooling
compression to minimize the efficiency penalty. Solids transport
can be carried out by means of pneumatic conveying, an already
mature technology to transport high temperature granular solids
[35]. For Ca based particles and a typical transport length of
200 m, an energy consumption of 20 MJ/ton has been used in the
CSP-CaL integration model [30].
When power is needed the energy stored is released in the car-
bonator through the exothermic carbonation reaction. According
to thermodynamic reaction equilibrium carbonation can be carried
out at high temperature (>850 C) under high CO2 partial pressure
[36]. This would allow a highly efficient generation of electricity
thus overcoming temperature limits (T  550–600 C) in currently
commercial CSP plants with thermal storage in molten salts. Solids
exiting the carbonator are passed through another heat exchanger
network to preheat the CaO and CO2 streams entering the carbon-
ator. After the storage step, the CO2 stream is expanded to the
selected carbonator pressure, which must be below the storage
pressure in order to use the commercial fluidized bed technology.
As can be seen in Fig. 1, compression-expansion process of CO2
before and after the storage step resembles a compressed air
energy storage (CAES) system [4]. Thus, besides of sensible and
thermochemical energy storage, the integration energy storageration scheme.
Table 1
CSP-CaL reference case simulation data.
Net absorbed solar heat flux in calciner 100 MWt
Thermal dispersions in carbonator 10 %
Calciner temperature 900 C
Calciner pressure 1 bar
Ambient temperature 20 C
CaO average conversion (X) 0.5
Carbonator temperature 875 C
Carbonator pressure 7 bar
CO2 storage conditions 75 bar, T ambient
Solid phase conveying energy consumption 20 MJ/ton
Daylight hours (constant solar flux) 8 h
Isentropic efficiencies (compression/expansion) 0.89
Fig. 2. Solids mass flow rate (left axis) and daily energy consumption (right axis)
due to solids conveying as a function of average CaO conversion (X).
Fig. 3. Thermal power fluxes (left axis) and energy storage efficiency (right axis) as
a function of average CaO conversion in the carbonator.
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about 67% using a compression-expansion train (see [30] for fur-
ther details).
As can be seen in Fig. 1, only a fraction of the total flow rate of
the CaO entering into the carbonator (FR;crb) reacts with CO2 to pro-
duce CaCO3 (FCaCO3 ;crb), remaining the rest as unreacted CaO
(FCaO;unr). The average CaO conversion (or activity) X determines
the amount of CaO converted to CaCO3 in the carbonator
(X ¼ FCaCO3 ;crb=FR;crb). On the other hand, the carbonated particles
entering into the calciner reactor are assumed to achieve a com-
plete decomposition, yielding one mole of CO2 (FCO2 ;clc;out) and one
mole of regenerated CaO (FCaO;clc) for each mole of CaCO3
(FCaCO3;clc ) according to Eq. (1).
The streams circulating in either the calciner or carbonator
sides are decoupled. Thus, the solar calciner only works in the day-
time and under clear sky conditions whereas the carbonator reac-
tor must operate on demand during a 24 h period, which requires a
properly storage vessel sizing. More sophisticated control strate-
gies should be devised within a framework of long-period control
to ensure steady operation over time lags beyond 24 h. Such con-
trol should rely on meteorological forecasts and the power load
curve. Thus, in order to guarantee a steady-state operation, the
mass-balance equation:Z
24h
FCaCO3 ;clcðtÞ dt ¼
Z
24h
FCaCO3 ;crbðtÞ dt ð2Þ
must be satisfied. An average daytime period (Dtsun) is assumed dur-
ing which solar irradiation is sufficiently intense to attain full calci-
nation. In this case Eq. (2) can be derived to obtain:
FCaCO3 ;clc  Dtsun ¼ FCaCO3 ;crb  24 ð3Þ
For energy balance, the first thermodynamics law is applied to
the carbonator and calciner reactors:X
i
Fi;outhi;out 
X
i
Fi;inhi;in ¼ U _W ð4Þ
Fi;out  Fi;in ¼ nmi ð5Þ
where n denotes the extent of reaction per unit time. Arranging and
considering that output conditions are reactor conditions, it is:
nDHRðTreactÞ þ
X
i
Fi;inðhi;react  hi;inÞ ¼ U _W ð6Þ
with
DHRðTreactÞ ¼
X
i
mihi;T ¼ DH0R þ
X
i
mi
Z Treact
ref
cp;idT ð7Þ
being the reaction enthalpy change at the reaction temperature.
2.2. Model results
The proposed CSP-CaL integration model has been simulated to
assess the integration efficiency. A sensitivity analysis has been
carried out on relevant CaL cycle parameters such as CaO conver-
sion X and carbonation equilibrium conditions [37]. Data used for
the reference case are reported in Table 1.
CaO conversion has a significant influence on the solids flow
rates, storage vessels, power production and consumption, and
heat exchangers network configuration. Thus, a high CaO conver-
sion leads to a low fraction of unreacted CaO left, which affects rel-
evantly the plant’s performance. Also, as the CaO conversion
increases the solids mass flow rate is decreased (Fig. 2), therefore
energy consumption due to solids conveying is reduced.
Fig. 3 shows the effect of the CaO conversion on the thermal
power effectively used for energy storage. Keeping fixed a100 MWth of CSP input ð/CSPÞ into the system, the thermal power
used to carry out the calcination reaction ð/calcination ¼ 92 MWthÞ
does not depend on the solids conversion in the carbonator while
the rest (8 MWth) is employed to raise the solids temperature
before entering into the calciner. A part of the released power in
the carbonator /released;crb is used to increase the temperature of
the inlet streams up to the carbonation temperature, which leaves
the rest of thermal energy available /available to be used in the power
Fig. 4. (a) Solids storage mass as a function of average CaO conversion. (b) CO2 storage volume as a function of average CaO conversion for several storage conditions.
Fig. 5. Minimum carbonator pressure as a function of carbonator temperature Tcarb
for several CO2 molar fractions at the carbonator inlet (yCO2 ;in).
C. Ortiz et al. / Energy Conversion and Management 149 (2017) 815–829 819cycle for electricity production. The difference between calcination
and carbonation power is due to thermal energy dispersions in the
carbonator (10%).
Another relevant issue to be considered is that increasing the
average CaO conversion allows for an important reduction of the
solids storage volumes as can be seen in Fig. 4a. On the other hand,
a change in X does not yield a significant variation of the CO2 stor-
age volume, which is however quite sensitive to CO2 density as
determined by storage pressure and temperature (Fig. 4b).
Previous works on the CaO multicycle conversion in the CaL
process have been mostly focused on Post-Combustion CO2 Cap-
ture (PCCC) conditions, either on laboratory-scale analysis [38],
reactor modelling [39] or process integration models [40], involv-
ing in all cases carbonation under relatively low CO2 partial pres-
sure (0.15 bar) and calcination at very high temperatures
(950 C) under high CO2 partial pressure. Under these conditions
the CO2 sorbent (CaO) presents a severe drop of conversion after a
few cycles converging towards a residual value of just about 0.07–
0.08 [41]. Nevertheless, it is important to remark that the CSP-CaL
integration for thermochemical energy storage involves CaL condi-
tions radically diverse from those in the case of PCCC. Thus, ther-
mogravimetric analysis (TGA) tests show that the residual
conversion of limestone derived CaO can be as large as Xr = 0.5
for conditions that correspond to the optimum CSP-CaL integration
shown in the present work that involve carbonation at high tem-
perature under high CO2 partial pressure [19]. Moreover, according
to TGA results fast calcination may be achieved at a reduced tem-
perature of just 700–725 C under a gas which is easily separable
from CO2 (either He as in the TGA experiments described in [19]
or superheated steam [20]). Attaining such a low calcination tem-
perature would allow the use of already mature and inexpensive
metallic solar receivers thus reducing technological risks. Never-
theless, the work of He/CO2 or H2O/CO2 separation should be also
included in an extended techno-economic energy analysis.
Carbonator conditions (pressure and temperature) are highly
relevant for the global CSP-CaL power cycle integration. Carbonator
pressure is selected by considering the most favourable conditions
for the CaL-power cycle integration, i.e. a fluidized bed reactor
operated under atmospheric pressure if an indirect power cycle
is integrated and a pressurized fluidized bed reactor for direct inte-
gration with a power cycle, in order to achieve the higher integra-
tion performance. Increasing the carbonator temperature ðTcarbÞleads to higher power cycle efficiencies and therefore enhances
the CSP-CaL-power cycle integration performance. However, the
maximum temperature in the carbonator is limited by the thermo-
dynamic equilibrium of the carbonation/calcination reaction. Thus,
for a given CO2 partial pressure in the carbonator there is a maxi-
mum carbonator temperature above which the carbonation reac-
tion is not thermodynamically favourable. According to
thermochemical data [36], the CO2 partial pressure for the reaction
to be at equilibrium at a given temperature T(K) is given by:
Peq ðbarÞ ¼ P  yeq ¼ 4:137  107 exp 
20;474
T
  
ð8Þ
In Eq. (8), yeq is the molar fraction of CO2 in the carbonation envi-
ronment. For a fixed carbonator temperature, there is a minimum
carbonator pressure below which the CO2 partial pressure is insuf-
ficient for carbonation to occur. Fig. 5 shows the minimum carbon-
ator pressure as a function of reactor temperature to carry out
820 C. Ortiz et al. / Energy Conversion and Management 149 (2017) 815–829carbonation and for different CO2 molar fractions (Eq. (8)). It is clear
that operating under pure CO2 ðyCO2 ;in ¼ 1Þ allows working under
higher temperatures and low carbonator total pressures.Fig. 7. Left axis: Temperature of CaO (TinCaO) and CO2 (TinCO2 ) streams entering into
the carbonator reactor as a function of Pressure Ratio (PR). Right axis: CO2 mass
flow rate entering into the carbonator. The carbonator temperature (Tcarb) is fixed to
875 C.3. Power cycle integration
This section is devoted to the study of several power cycle inte-
grations into the CaL based CSP storage system. Power cycles are
classified in two categories: power cycles with direct integration
(CO2 regenerative Brayton cycle) and power cycles with indirect
integration (Rankine reheat cycle and supercritical CO2 recompres-
sion cycle).
3.1. Direct integration
In power cycles with direct integration the heat transfer fluid
used in the carbonator is sent directly into a gas turbine. In the fol-
lowing a CO2 closed Brayton cycle is analysed.
3.1.1. CO2 closed Brayton cycle
In this integration scheme (Fig. 6), the heat released by the car-
bonation reaction is delivered to a gas turbine by the excess CO2
that does not participate in the reaction and is used as carrier
through a Joule-Brayton cycle. This is therefore a direct integration
between the heat released and power cycle, which has been
recently studied in [30].
Fig. 6 shows the CO2 closed Brayton cycle scheme. This CO2
power cycle is a closed and regenerative cycle, whereby the heat
removed by the reaction products in the carbonator is recovered
in an open cyclone exchanger (HXF in Fig. 6). Thus, in this heat
exchanger (HXF) heat from the exhaust CO2 stream serves to heat
the CaO solids before entering the carbonator while in HXE the
residual heat from the solids at the carbonator output is extracted
to pre-heat the CO2 stream at the carbonator inlet. Part of the
power needed in the compression stage of the Joule-Brayton cycle
is provided by the expansion of the pressurized CO2 used for reac-
tion in the carbonator. In the CO2 closed configuration the carbon-
ator operates under a 100% CO2 environment. Therefore, the molarNet absorbed solar flux in calciner 100 MW
Thermal dispersions in carbonator 10 %
Ambient temperature 20 °C
CaO conversion 0.5
Approach temperature solid-solid HX 20 °C
Approach temperature solid-gas HX 15 °C
Approach temperature CO2 cooler 10 °C
Intercoolings in CO2 storage compression 5
Interheatings in CO2 power cycle compression 8
Interheatings in CO2 expansion from storage 7
Solid phase conveying energy consumption 20 MJ/tonne
Daylight hours (constant solar flux) 8h
Isentropic efficiencies (compression/expansion) 0.89
900 [C]
1 [bar]
24.36 [kg/s]
900 [C]
900 [C]
62.07 [kg/s]
mCaO,unr,clc = 31.04 [kg
mCaCO3,clc = 55.4 [kg/s
48694 [kW]
23984 [KW]
824.1 [C]
7133 [kW]
570.7 [m3]
356.8 [m3]
571.2 [m3]
20 [C]
75
230
26
Fig. 6. CSP-CaL- CO2 closed Brflow rate of CO2 flowing into the carbonator is by large in excess
over the stoichiometric need. The CO2 stream in the carbonator
side is balanced out to use the non-reacting excess CO2 to deliver
heat of the carbonation reaction to the gas turbine for power pro-
duction. Main data set used in the simulations is shown in Fig. 6 as
well as results obtained.
The CO2 closed Brayton cycle presents the following
characteristics:
– Regarding to chemical equilibrium considerations, by operating
in a pure CO2 atmosphere, the minimum carbonator pressure
coincides with the CO2 partial pressure, making it possible to
attain carbonation temperatures of around 950 C for carbona-
tor absolute pressures above 2.2 bar and until around 890 C
for carbonator pressures above atmospheric pressure (Fig. 5)./s]
]
 [bar]
90.11 [kg/s]
81.99 [kg/s]
8.12 [kg/s]
9 [KW]
17 [kW]
20.69 [kg/s]
mCaCO3,crb = 18.47 [kg/s]
mCaO,unr,crb = 10.35 [kg/s]
751.6 [kW]
10889 [kW]
10450 [kW]
36965 [kW]
15821 [kW] 8642 [kW]
593.1 [C]
677.5 [C]
7 [bar]
pcarb,lim = 0.7452 [bar]
875 [C]
27058 [kW]
0.4199
Electricitygenerated = 649.4 [MWh]
Electricityused = 300.4 [MWh]
Electricityproduced = 349 [MWh]
608.1 [C]
7 [bar]
875 [C]
1 [bar]
Global integration efficiency
ayton integration scheme.
Fig. 8. Global integration efficiency (CO2 closed Brayton cycle) as a function of
pressure ratio for several carbonator operation points as indicated.
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expansion work compared to air.
– The CO2 Brayton cycle provides a higher useful to expansion
work ratio than an air Brayton cycle. Therefore, for a given use-
ful work produced, the CO2 at the turbine output presents a
higher enthalpy. This is beneficial from the point of view of
thermal energy recovery to preheat the streams entering into
the carbonator (Fig. 6), which enhances the plant efficiency.
– Regarding to isentropic efficiency of compressor and turbine,
CO2 is less sensitive than air, especially at the compressor [42].
– Being a closed cycle, a more flexible operation is possible as
compared to open cycles since possible CO2 emissions to the
atmosphere are avoided. Thus, the closed Brayton cycle could
use a mix of several components as carrier fluid.Fig. 9. Base reheat RanA sensitivity analysis has been carried out in order to assess the
global cycle performance under several Brayton cycle conditions.
The cycle behaviour is analysed as affected by the pressure ratio
(PR) value. PR is defined as the ratio between pressure at turbine
inlet to pressure at outlet, which in this integration is given by
the ratio of the carbonator pressure to the turbine outlet pressure.
Fig. 7 shows the relationship between PR and the carbonator inlet
stream (CaO and CO2) temperatures by keeping a fixed value of the
carbonator pressure at 7 bar. As PR is increased, the turbine outlet
temperature is decreased (lower value of enthalpy), which implies
a lower heating capacity on the carbonator inlet streams (by means
of the heat exchangers HXG, HXI and HXE in Fig. 6) and therefore
more carbonation heat must be used to bring the CaO and CO2
streams to the carbonation temperature. Thus, on one hand, a high
value of PR yields a higher power production in the Brayton tur-
bine, which increases the global cycle performance. On the other,
it reduces the heat available for power production, which implies
a lower CO2 mass flow rate entering into the carbonator as heat
transfer fluid (left side of Fig. 6). The effect of increasing PR and
temperature on the global plant efficiency is shown in Fig. 8. As
can be seen, an increase of the carbonator temperature leads
always to a higher global efficiency whereas efficiency at a given
temperature has a maximum at a given value of PR.
3.2. Indirect integration
In indirect power cycle integration, heat from the carbonator is
transferred to the power cycle through a heat exchanger network.
In this section a Rankine Reheat cycle and a supercritical CO2
recompression cycle are analysed. Moreover, a special case based
on a combined cycle is investigated.
3.2.1. Reheat Rankine cycle
Currently commercial CSP tower plants incorporate the steam
Rankine power cycle technology for power production [26]. As a
previous step to integration within the CSP-CaL cycle, a simple
reheat Rankine cycle has been modelled to analyse the power cycle
efficiency. Fig. 9 shows a schematic of the cycle model, which is
based on a reheat Rankine cycle with regeneration from fivekine cycle layout.
Table 2
Main simulation Rankine cycle results for a 50MWth steam power
cycle (Pvv = 160 bar, Tvv = 540/540 C).
Qinput 50 MWth
Qreheat 9.1 MWth
Wpump;HPP 0.35 MWe
Wpump;LPP 0.03 MWe
Wturb;HP 6.99 MWe
Wturb;LP 18.82 MWe
PHE1 5.46 MWth
PHE2 2.68 MWth
PHE3 8.64 MWth
PHE4 3.88 MWth
gcycle 43.07%
Table 3
Stream data for a 50MWth steam power cycle (Pvv = 160 bar, Tvv = 540/540 C).
Stream _m ðkg=sÞ T ðCÞ P ðbarÞ Stream _m ðkg=sÞ T ðCÞ P ðbarÞ
1 22.67 315.9 204 5.2.1 1.16 132 4.95
2 22.67 540 200 5.3 1.08 99.63 1
2.1 2.45 452.1 93 5.3.1 2.23 58.6 0.99
2.1.1 2.45 294.8 92.1 6 14.29 43.77 0.09
3 20.18 352 46 7 16.53 43.58 0.09
3.1 2.02 352 46 8 16.53 43.59 18.4
3.1.1 4.51 215 45.5 9 16.53 122 18.2
4 18.16 352 46 10 16.53 159.8 18
5 18.16 540 45.5 11 22.67 202.9 18
5.1 1.63 403.7 18 12 22.67 205 208
5.2 1.16 248.5 5 13 22.67 284.8 205.9
Fig. 11. Efficiency of the CaL-Rankine integration as a function of carbonator
pressure and for diverse temperatures. Note that a minimum carbonator pressure is
required according to thermochemical equilibrium as temperature is increased.
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ger type (DEA). For this reason, a series of steam extractions
(Fig. 9) are implemented. The steam operational parameters and
benchmarking have been chosen from data of similar real power
plants [43]. Turbine and pump efficiencies values of 0.9 have been
considered, as well as a heat exchangers minimum temperatureFig. 10. CSP-CaL- Regenerative Rankine integration scheme and mdifference of 10 C. On the other hand, a 1% pressure drop is
assumed in all heat exchangers. Tables 2 and 3 show the main sim-
ulation results obtained for the system schematized in Fig. 9.
Once the power cycle block model is developed, it is integrated
into the CSP-CaL scheme. CSP-CaL main operation parameters are
the same as in previous schemes (Fig 6). Pure CO2 is used for car-
bonation, which allows operating at high carbonator temperatures.
Fig. 10 shows a schematic representation of the CSP-CaL-
Rankine integration and main simulation results considering car-
bonation at 875 C under atmospheric pressure. The integration
efficiency is shown in Fig. 11 as a function of the carbonator pres-
sure for diverse temperatures. As can be seen, the maximum effi-ain simulation results for carbonation under 1 bar at 875 C.
Fig. 12. Global integration efficiency as a function of (LEFT) steam turbine inlet and (RIGHT) reheat temperature conditions.
Fig. 13. Global integration efficiency as a function of minimum temperature approach in HRSG.
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spheric pressure, which is well over conventional CSP plant perfor-
mances. Higher temperatures in the carbonator would require
higher minimum carbonator pressures for carbonation to be ther-
modynamically favourable at which efficiency is decreased.
A sensitivity analysis has been carried out in which the main
Rankine cycle parameters have been tuned. As can be seen in
Fig. 12, the global integration efficiency is promoted by increasing
live steam conditions (pressure (Pvv) and temperature (Tvv)). It may
be also seen that efficiency is enhanced as the reheat temperature
is increased.
As seen in Fig. 10, the preheat water of the Rankine cycle is
heated by the exhaust CO2 stream from the carbonator in a heat
recovery steam generator (HRSG) until the super-heated regime
is reached. One key parameters in Rankine power cycles is the
HRSG efficiency, which can be analysed from the pinch point value
across the steam production process. Fig. 13 shows that lower val-
ues of the pinch point (higher HRSG efficiency) causes an increase
in the global cycle efficiency.3.2.2. Supercritical carbon dioxide (sCO2) recompression cycle
The supercritical CO2 (sCO2) Brayton cycle, which was originally
introduced by Feher [44], has emerged in the last years as a
promising technique for high-efficiency power production. It basi-
cally consists of a closed-loop Brayton cycle that operates entirely
above CO2 critical pressure (73.77 bar and 30.98 C) and presents a
high drop in compressibility, which brings about a similar reduc-
tion in compression work while the turbine operates with CO2 in
a close to ideal behaviour. Among different layouts proposed for
sCO2 cycles, a recompression scheme seems to be the highest effi-
ciency cycle [45], which is thus the one used in the present study.
Fig. 14 shows the recompression cycle model. An important feature
of the regeneration process in the sCO2 Brayton cycle is that the
specific heat of the cold side is 2–3 times higher than the hot side.
Thus, the CO2 stream is split (stream 5b in Fig. 14a) to compensate
for the specific heat difference in the low temperature recuperator,
which maximizes the heat recuperation.
CSP-sCO2 integration models have been already developed to
increase the CSP power plant performance. Thus, Chacartegui
et al. [46] compared the integration of supercritical and transcriti-
Fig. 14. (a) Base recompression - sCO2 Brayton cycle layout. (b) Temperature-
entropy diagram.
Table 4
Input data parameters for the sCO2 cycle [52].
gc (%) 85
gt (%) 90
erec (%) 95
DPR;hot (%) 0.5
DPR;cold ð%Þ 1.5
DPR;HE (%) 0.5
Table 5
Main sCO2 cycle simulation results .
Qinput 50 MWth
Wcomp;1 7.14 MWe
Wcomp;2 5.74 MWe
Wturb 33.38 MWe
gcycle 41.01%
/cycle 69%
Table 6
Stream data for sCO2 recompression cycle.
Stream _m ðkg=sÞ T ðCÞ P ðbarÞ
1 223.6 650 213.9
2 223.6 521.1 78
3 223.6 200.2 77.61
4 223.6 117.2 77.22
5 158.8 35 75
5b 64.85 117.2 77.22
6 158.8 113.1 225
7 158.8 166.0 223.9
8 64.85 229.8 221.6
9 223.6 183.1 221.6
10 223.6 471 218.3
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a topping Brayton CO2 cycle and a bottoming Organic Rankine
Cycle. Iverson et al. [47] presents the behaviour of Brayton cycle
turbomachinery including a data set for stable supercritical CO2
Brayton cycle operation. Moreover, Ma et al. [48] analyses the inte-
gration of sCO2 power cycles by considering sensible heat storage
(thermocline system). One of the most important advantages of
the sCO2 Brayton cycle is its compact turbomachinery, albeit it is
still under development [49]. A sCO2 technology review is pre-
sented in [42], from which values on turbomachinery efficiency
and pressure drops are taken in the present work. Thus, the recom-
pression sCO2 cycle has been simulated using data specified in
Table 4.
Fig. 14a shows the recompression sCO2 Brayton scheme pro-
posed. Thermodynamic parameters of the streams involved in
the cycle are shown in Fig. 14b in a temperature (T)-entropy (S)
diagram. Main sCO2 cycle simulation results are shown in Tables
5 and 6. A cycle efficiency of around 41% is obtained from this con-
figuration, which is in agreement with results from previous works
[50].
Once the recompression sCO2 cycle is analysed and bench-
marked it is integrated in the CSP-CaL configuration as shown in
Fig. 15. A global integration efficiency close to 32% is achieved,
although it must be taken into account that a large amount of
energy, linked to the cooling process before the compression stage,
is not used. This suggests that a bottoming cycle could serve to
improve the cycle performance [46].
Results from a sensitivity analysis are shown in Fig. 16. It is
observed that the recuperation process in the sCO2 Brayton cycle
greatly influences the thermal efficiency since CO2 properties are
very sensitive to pressure and temperature near the critical point.
Therefore, the hot and cold sides in the regenerator are strongly
unbalanced. As can be seen in Fig. 16, by increasing the turboma-
chinery efficiency (which depends upon further technology devel-
opment) the global cycle performance is significantly enhanced.
3.2.3. Combined cycle
The combined cycle is based on the integration of two subsys-
tems consisting of a gas turbine (Brayton cycle) and a steam tur-
bine (Rankine cycle), which leads to an improvement of
efficiency due to the synergy between both cycles [51].
A number of integrated solar combined cycle (ISCC) systems
have been proposed to improve the power plant efficiency [52].
ISCCS power plants currently in operation employ the parabolic
trough concentrator technology. Further work is still needed to
advance in the technological readiness of solar tower – ISCC power
plants [53]. ISCC cycles operate using a solar-fuel combination [54],
with the gas turbine being fuelled by a non-solar source (based on
fossil or renewable fuel) due to the temperature limitation in CSP
power plants imposed by degradation of molten salts and thermal
radiation losses at the focal point. Solar power share in ISCC power
plants is on average below 34% [53]. Compared with the solar-only
power plants, ISCC plants exhibit several advantages such as higher
solar-to-electricity conversion performance. Moreover, thermal
inefficiency associated with the daily start-up and shutdown of
the steam turbine can be avoided [55]. Another configuration pro-
posed in a recent work [56] evaluates a combined cycle based on a
closed Brayton and organic Rankine cycle for solar power tower
plants by means of energy and exergy analysis, showing that
higher performance than using steam and supercritical CO2 cycles
can be achieved.
Fig. 17 shows the global cycle integration proposed by consider-
ing a combined cycle for power production. The combined cycle
involves a hybrid direct-indirect power cycle integration with the
CSP-CaL system. The CO2 stream exiting the carbonator is
expanded in a gas turbine as a previous step for transferring heat
Fig. 15. CSP-CaL- sCO2 integration scheme and main simulation results.
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Fig. 16. Sensitivity analysis results of the CSP-CaL- sCO2 integration.
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also in Fig. 17.
Fig. 18 shows the global cycle performance as a function of the
carbonator pressure (or, equivalently, the inlet turbine pressure)
for different values of the turbine outlet pressure. As can be seen,
a higher performance is obtained by decreasing the outlet turbine
pressure, reaching a maximum value of 40.4% for operation under
an inlet/outlet turbine pressure ratio of 3.6/1. In order to simplify
the heat exchanger network, an atmospheric outlet turbine pres-
sure will be next considered.4. Comparative analysis on the power cycles integration
In order to compare the performances of the diverse CSP-CaL-
power cycle integrations a sensitivity analysis has been carried
out using reference parameters for which the efficiency of these
integrations is optimized. Main power cycle parameters for each
integration scheme are given in Table 7. A carbonator temperature
of 875 C has been selected, which guarantees carbonation under
the different carbonator pressures of each cycle. Unless otherwise
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Fig. 19. Global cycle integration efficiency as a function of carbonator pressure for
the different power cycles coupled to the CSP-CaL system (using data showed in
Table 7).
Fig. 17. CSP-CaL- CC integration scheme and main simulation results.
Fig. 18. Efficiency of the CSP-CaL-CC integration as a function of the carbonator
pressure for several values of the Brayton turbine outlet pressure.
826 C. Ortiz et al. / Energy Conversion and Management 149 (2017) 815–829indicated, the values of the parameters employed for the CaL cycle
are those previously specified in Table 1. Note that temperatures
for the steam turbine in the case of the combined cycle are condi-
tioned by the Brayton turbine exit and therefore the values shown
in this table correspond to the maximum temperatures achievable.
Fig. 19 shows the global integration efficiency obtained for the
different power cycles analysed in this work as a function of the
carbonator pressure. As can be seen, the CO2 closed cycle direct
integration yields the best efficiency results. Only by means of
the indirect integration is possible to operate the carbonator under
atmospheric pressure, being the efficiency hampered in this inte-
gration as the carbonator pressure is increased further. The oppo-
site trend occurs in the CO2 closed and CC power cycles. Using
these power cycles, the global efficiency is promoted as the car-
bonator pressure is increased up to a certain optimum value, which
is around 4.2 bar for the CO2 closed cycle and 5.1 bar for the CC
cycle (atmospheric turbine outlet pressure). Results show also that
despite the sCO2 recompression cycle could be a potentially attrac-tive choice from a thermodynamic point of view, the conservative
values used for the turbomachinery efficiencies (in accordance
with the current state of art [42]) prevents the CSP-CaL-sCO2 cycle
integration from reaching very high global efficiencies. Efficiency
results are plotted in Fig. 20 as a function of the CaO average con-
version. Generally, the enhancement of CaO conversion promotes
efficiency as would be expected.
Additional considerations regarding costs must be addressed to
further assess the applicability of these power cycle integrations in
the CSP-CaL. As this technology is in an early concept stage, data
from prototypes or experimental installations are not available
for the TCES core. A detailed economic prospective analysis is
under development and will be presented in future works. How-
Table 7
Main power cycle parameters for each integration scheme.
Closed CO2
Brayton
Reheat
Rankine
sCO2
recompression
Combined
cycle
Pout;turb ðbarÞ 1 – – 1
Pcarb ðbarÞ 3.2 1 1 3.2
Pvv ðbarÞ – 160 – 160
Tcarb ðCÞ 875 875 875 875
Tvv ðCÞ – 540 – 540
Treheat ðCÞ – 540 – 540
DTmin – 10 10 10
P½05 ðbarÞ – – 75 –
T½05 ðCÞ – – 32 –
PR 3.2 – 3 3.2
X 0.5 0.5 0.5 0.5
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Fig. 20. Global cycle integration efficiency as a function of average CaO conversion
for the different power cycles coupled to the CSP-CaL system (using data showed in
Table 7).
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extrapolating components information from other technologies.
In commercial CSP plants, the power block cost percentage is esti-
mated around 32% [57] and power cycle integration has a critical
influence on capital investment. Some considerations may be made
also on the maturity of the power technologies analysed in this
work. These include one full mature technology (steam power
cycle), two fully feasible power technologies with already available
commercial components (real gas CO2 closed cycle and the derived
combined cycle) and a promising power technology with great
advances expected (supercritical CO2 cycle).
Steam power cycles fulfilling specific conditions for their inte-
gration in CSP plants (optimized for complex and challenging cycle
conditions) are at the commercial level [58]. For conventional
steam power cycles, capital and O&M costs can be estimated as
1280 $/kW and 5.7CO2 $/MW h, respectively [59]. For the CO2
closed-cycle gas turbine, although not fully available, main compo-
nents are already usable or can be integrated from different appli-
cations. Thermal turbomachinery, compressors and turbines are
already in use at commercial scale using as working fluid air, e.g.
the Gelsenkirchen plant [60] and Oberhausen I [61], or Helium,
e.g. Oberhausen II [61]. In the case of CO2 as working fluid, com-
pressors are being widely analysed and tested in recent years as
fundamental equipment within the Carbon Capture and Storage
(CCS) technology [62]. Thermal machinery characteristics for thepressure ratios and temperatures presented in this work will be
quite similar to the ones operating with air and combustion gases,
as shown by Najjar et al. [63] for compressor pressure ratios of 5,
compressor temperature inlet of 310 K and turbine temperature
inlet of 1100 K. Therefore, already available technologies for tur-
bines and compressors could be employed. In the case of closed-
Brayton cycles, the introduction of additional heat exchangers
increases capital investment [46]. Therefore, technologies for the
conditions presented in this work are already available, and costs
for the fully developed technology could be expected as similar
to the ones in the range between current gas turbines and com-
bined cycles. For a 100 MWe power block estimated capital and
total O&M costs for an open gas turbine combined cycle (consider-
ing only the power block) are around 660 $/kW and 2.2 $/MW h,
respectively [59] whereas for an air-open Brayton cycle they can
be estimated as 1026 $/kW and 3.42 $/MW h respectively [64].
Finally, in the case of supercritical CO2 technology, in spite of that
sCO2 cycle is a non-mature technology, in a project under develop-
ment granted by US DOE through the Sunshot initiative [65] a
power plant investment cost of 1200 $/kW at the commercial stage
is assumed [66].
Regarding the CaL thermochemical energy storage system, it
implies an intrinsic benefit regarding life cycle cost and system sus-
tainability as it is based on the use of lowprice, non-toxic andwidely
available natural CaO precursors such as limestone and dolomite.
According to [67], the use of the CaL process for TCES would make
it possible to achieve a thermal storage cost lower than 15$/kWht.
This preliminary approach shows the potential of these integrations.
Detailed and fully developed life cycle and economic analysis are
under development and will be the subject of future works.
5. Conclusions
This manuscript analyses several CSP tower plant integration
schemes with thermochemical energy storage (TCES) using the
Calcium-Looping (CaL) cycle. The work is focused on assessing
the power production cycle. The CSP-CaL integration yields high
temperatures (above 850 C) at the power cycle inlet, which allows
using high efficiency power cycles employed in fuel based power
plants (or combined CSP-fuel power plants). Thus, the CSP-CaL
integration achieves high density/long term storage capacity and
lends itself for the integration of higher performance power cycles
as compared with the current state of the art in commercial CSP
plants.
In regards to direct-indirect cycles integration, results show
that the highest performance is achieved for direct integration.
On the other hand, higher efficiencies are attained as the CaO con-
version is increased. Among the power cycles analysed in the pre-
sent work, the CO2 closed Brayton cycle shows the best overall
performance, reaching efficiencies potentially above 44–45%
(including penalty for solids conveying) if the carbonator is oper-
ated at temperatures around 950 C and under pressures about
3.5 bar for atmospheric pressure at the Brayton turbine outlet.
Importantly, carbonation conditions in this integration allows for
high values of the residual conversion of CaO derived from natural
minerals such as limestone and dolomite as recently demonstrated
by thermogravimetric studies. The wide availability, abundance,
lack of corrosiveness, non-toxicity and cheapness (10 $/ton) of
these natural minerals makes the proposed integration an attrac-
tive technology for large-scale storage of solar energy and highly
efficient grid-level power production.
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h i g h l i g h t s
 A novel CO2 capture process (Oxy-CaL) is proposed.
 Carbonation in the diffusion stage is analyzed by varying the CO2 concentration.
 Simulation results show that energy consumption in the Oxy-CaL is below of 4 MJ/kg.
 Smaller amounts of solids inventory are needed in the Oxy-CaL system.a r t i c l e i n f o
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This paper proposes a novel CO2 capture technology from the integration of partial oxy-combustion and
the Calcium-Looping capture process based on the multicycle carbonation/calcination of limestone
derived CaO. The concentration of CO2 in the carbonator reactor is increased by means of partial oxy-
combustion, which enhances the multicycle CaO conversion according to thermogravimetric analysis
results carried out in our work, thus improving the CO2 capture efficiency. On the other hand, energy con-
sumption for partial oxy-combustion is substantially reduced as compared to total oxy-combustion. All in
all, process simulations indicate that the integration of both processes has potential advantages mainly
regarding power plant flexibility whereas the overall energy penalty is not increased. Thus, the resulting
energy consumption per kilogram of CO2 avoided is kept smaller than 4 MJ/kg CO2, which remains below
the typical values reported for total oxy-combustion and amine based CO2 capture systems whereas CO2
capture efficiency is enhanced in comparison with the Calcium-Looping process.
 2017 Elsevier Ltd. All rights reserved.1. Introduction
Carbon Capture and Storage (CCS) is considered as one key short
to médium-term measure to mitigate global warming [1,2]. In
order to achieve a commercial deployment of post-combustion
CO2 capture in fossil fuel power plants, several technologies are
being analyzed aimed mainly at maximizing the capture efficiency
while energy penalty and capital cost are minimized [3,4]. Among
diverse possibilities, already commercial amine-based capture sys-
tems and the Calcium-Looping (CaL) process, currently under pilot-
scale stage, have attracted a great deal of attention in the last years
[5,6]. Although CO2 capture by using MEA (monoethanolamine) isan industrial mature process, its commercial deployment as
post-combustion CO2 capture technology is hampered by the high
energy penalty (8–12%) mainly due to sorbent regeneration [7–9],
amine toxicity [10] and degradation [11].
The CaL process is based on the carbonation/calcination reac-
tion of solid CaO particles, which is carried out in two intercon-
nected circulating fluidized bed (CFB) reactors [12]. This second
generation capture technology has several potential advantages
when compared with amine-based process such as a lower energy
penalty over the power plant (4–9%) [6], higher CO2 capture
efficiency (above 90%) and the use of low cost, widely available
and non-toxic natural minerals as CaO precursors such as lime-
stone or dolomite [13]. Even though several pilot scale plants
(1–2 MWth) are already showing promising results [14,15] the
CaL technology has not reached a demonstration stage yet. The
Nomenclature
½CO2 average CO2 concentration, mol/m3
½CO2eq equilibrium concentration of CO2, mol/m3
Deff equivalent diffusion constant, m
3/(mols)
E emissions ratio after CO2 capture, kg CO2/kW he
ECO2 carbon capture efficiency
Eref emissions ratio before CaL, kg CO2/kW he
Emax maximum capture efficiency
FCO2 mole flow rate of CO2 in flue gas entering the carbona-
tor, kmol/h
FO mole flow rate of fresh makeup limestone, kmol/h
FR mole flow rate of CO2 in flue gas entering the carbona-
tor, kmol/h
Ffg flue gas molar flow rate, kmol/s
FRP fast reaction controlled phase
SDP solid-state diffusion controlled phase
ks intrinsic kinetic constant m4/(mols)
k deactivation constant of a sorbent particle
_m mass flow, kg/s
_mCO2;calc CO2 mass flow exiting the calciner, kg/s
_mgas;calc total gas mass flow exiting the calciner, kg/s
NCa mol of Ca in the carbonator, mol
P pressure, bar
Pvv live steam pressure, bar
PHE;solids solid-solid thermal power exchanged, MW
SPECCA energy consumption for kg CO2 avoided, MJ/kg CO2
rave;SDP average reaction rate in the diffusion regime, s1
rave;FRP average reaction rate in the kinetic regime, s1
Save average surface area available for reaction, m1
t time, s
Tcalc calciner temperature, C
Tcarb carbonator temperature, C
Tvv live steam temperature, C
t0 time lag of TGA multicycle test, s
tFRP time of the carbonation fast phase, s
tmax total carbonation time, s
vCO2 CO2 v/v concentration at CFPP outlet
vO2 O2 v/v concentration at CFPP outlet
Ws solid inventory in the carbonator per MW of a typical
power plant, kg
_WASU power consumption in the ASU, MW
_Wsec net power production in secondary steam cycle, MW
_Wcomp;CO2 power consumption in CO2 compression, MW
_Wcomp;fg power consumption in flue gas compression, MW
_Wsolid power consumption in solids transport, MW
X carbonation degree of CaO
Xave average conversion of the sorbent
Xave;SDP average conversion of the sorbent in the diffusion phase
Xave;FRP average conversion of the sorbent in the kinetic phase
Ws solid inventory in the carbonator per MW of a typical
power plant, kg
xCO2 CO2 molar fraction exiting the plant
xO2 O2 molar fraction exiting the plant
yCO2;in CO2 molar fraction at carbonator inlet
yCO2;eq CO2 molar fraction at carbonation equilibrium
gboiler boiler efficiency
gCFPP coal fire power plant efficiency
gref reference plant efficiency
gint new global efficiency (CFPP-capture system)
s average residence time in the carbonator, s
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sively large size of the capture system (carbonator reactor height
40 m; carbonator solids inventory 400 ton; additional coal con-
sumption for CO2 capture 45–55%), which increases significantly
both capital and operating costs (CAPEX and OPEX) for power gen-
eration [16,17].
Another interesting possibility to mitigate CO2 emissions from
power plants is the oxy-combustion technology, which has been
successfully demonstrated in large-scale pilot projects (30 MWe)
[18–20]. Essentially, oxy-combustion consists of replacing air by
pure O2 (mixed with CO2-rich flue gas recycled) as combustion
gas, which yields a highly-concentrated CO2 flue gas stream. After
purification, the CO2 stream (95% vol) is suitable for compression
and storage or utilization [21]. The main drawback for the large-
scale deployment of oxy-combustion is the high energy consump-
tion for pure O2 production in the cryogenic Air Separation Unit
(ASU), which causes an energy penalty in the range of 7–13%
[22,23] or, equivalently, over 20% additional fuel consumption for
power production.
In this paper a novel system (Oxy-CaL) for CO2 capture is inves-
tigated based on the combination of partial oxy-combustion and
the CaL process with the goal of exploiting the synergies between
such technologies. Basically, Oxy-CaL consists of carrying out a par-
tial oxy-combustion process to produce a flue gas with a CO2 con-
centration in the range 30–60% vol, which is then sent to the CaL
capture process. In a similar way, other authors have analyzed
the integration of partial oxy-combustion and MEA [24], which is
expected to help mitigating MEA degradation and energy
consumption.
The manuscript starts by showing experimental results from a
thermo-gravimetric analysis (TGA) on the multicycle conversion
of limestone derived CaO under realistic calcination conditions(high temperature and high CO2 concentration). In these TGA tests,
the CO2 concentration in the carbonation environment was varied
in the range 15–60% vol in order to address the effect of an excess
of CO2 in the carbonator over the typical vol% in the flue gas at typ-
ical combustion conditions (15%). Moreover, the carbonation
temperature was varied in the range 625–680 C, which affects
critically the carbonation kinetics in the solid-state diffusion-
controlled stage as will be seen. These TGA results are used
afterwards in the Oxy-CaL integration model to calculate the CO2
capture efficiency from process simulations. The energy penalty
arising from the diverse CO2 capture technologies considered
(total oxy-combustion, CaL and Oxy-CaL) is analyzed. Finally, the
oxy-CaL performance is assessed and compared with those of other
CO2 capture systems.
Our results show that the Oxy-CaL system is a promising hybrid
concept to be implemented in new power plants, allowing for a
substantial reduction of energy penalty as compared to total
oxy-fuel combustion. Moreover, the Oxy-CaL system leads to a
high CO2 capture efficiency in comparison with the CaL process,
which would serve to reduce significantly the carbonator reactor
size.2. Thermogravimetric analysis
2.1. Materials and methods
The material employed in this work was natural limestone of
high purity (99.6%wt CaCO3), received from Segura S.L (Matagallar
quarry, Pedrera, Spain). Carbonation/calcination multicycle tests
were carried out using a thermogravimetric analyzer TGA Discov-
ery (TA Instruments 2011) equipped with an infrared halogen lamp
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to a SiC enclosure to minimize undesired heat transfer phenomena.
This setup allows for high heating/cooling rates (300 C/min),
which is a necessary requirement to mimic realistic conditions in
the CaL process where the solids are rapidly circulated between
the reactors. The TGA instrument is also equipped with a high sen-
sitivity balance (<0.1 lg) characterized by a small baseline
dynamic drift (<10 lg). A thermocouple is located close to the sam-
ple and underneath it for a reliable measurement and control of
temperature in the sample.
TGA experiments consisted of 20 carbonation/calcination cycles
preceded by a calcination of the sample at 950 C for 5 min under a
30% air/70% CO2 vol/vol. atmosphere. Then, the temperature was
decreased at 300 C/min to introduce the carbonation stage at
the desired temperature and under a given CO2/air mixture. After
that, the sample was calcined for CaO regeneration by quickly
increasing the temperature at 300 C/min to 950 C under a high
CO2 concentration environment (30% air/70% CO2 vol/vol.) as rep-
resentative in the calciner environment [25,26]. Short residence
times of 5 min for both calcination and carbonation stages haveFig. 1. Time evolution of the sorbent mass % during the carbonation and calcination stag
CaL (15% vol CO2 carbonation) and Oxy-CaL (30%, 45%, 60% vol CO2 carbonation) conditio
the transition stage and III the calcination stage. Mass gain in the two phases of carbon
SDP) are indicated.been employed as corresponds to realistic conditions. In order to
mimic the integration of the CaL process with oxy-fuel combustion
(Oxy-CaL), four different CO2/air mixtures were tested for the car-
bonation stage: 15% CO2/85% air, 30% CO2/70% air, 45% CO2/55% air
and 60% CO2/40% air (vol/vol). Three different carbonation temper-
atures (625 C, 650 C and 680 C) were used. Tests are labeled as
CaL-T for those in which carbonation was performed under 15%
CO2, where T stands for the carbonation temperature, and Oxy-
CaL-vol-T, where vol is the vol% of CO2 in the CO2/air mixture
and T is the carbonation temperature. Samples of small and fixed
mass (10 mg) were employed to avoid mass transfer resistance
within the sample. Intraparticle pore diffusion limitations on the
reaction rate were mitigated by using particles of size below
100 lm [27,28].
2.2. Experimental results and discussion
Fig. 1 shows examples of thermograms obtained for the 1st
(Fig. 1a) and 20th (Fig. 1b) carbonation/calcination cycles under
CaL (15% vol CO2 carbonation) and Oxy-CaL (30%, 45% and 60%es in the (a) 1st cycle (N = 1) and (b) 20th cycle (N = 20) for limestone tested under
ns. Carbonation temperature is fixed to 650 C. I indicates the carbonation stage, II
ation (fast reaction-controlled phase FRP and solid-state diffusion controlled phase
4 C. Ortiz et al. / Applied Energy 196 (2017) 1–17vol CO2 carbonation) conditions. These thermograms show the
time evolution of temperature and sample mass% along the cycles
and demonstrate an important effect of raising the carbonation
CO2 vol concentration on the reaction kinetics. As well-known
from previous studies CaO carbonation is seen to take place along
two well-differentiated stages [29–31]. The first stage consists of a
reaction-controlled fast phase on the surface of the particles that
ends up when a 30–50 nm thick carbonate layer is built up on
the CaO surface [29]. This first phase is followed up by a second
slower phase limited by the solid-state diffusion of CO32 mobile
ions and counter-current diffusion of O2 anions across the CaCO3
product layer [31,32].
As may be seen in Fig. 1, carbonation in the fast phase is mark-
edly enhanced as the CO2 concentration is increased, whereas, on
the contrary, solid-state diffusion-controlled carbonation is mark-
edly hindered. Thus, carbonation in the diffusion-controlled stage
contributes significantly to the overall capture capacity under
CaL conditions but loses relevancy as the CO2 vol% is increased.
As will be seen from process simulations this effect on the
carbonation kinetics has remarkable implications on the role of
key process operation parameters such as the solids residence time
in the carbonator.Fig. 2. Time evolution of the sorbent mass % during the 1st cycle (N = 1) for limestone un
conditions for different carbonation temperatures (625 C, 650 C and 680 C) as indicatFig. 2a shows the thermograms corresponding to the 1st cycle
obtained from TGA tests performed at different carbonation tem-
peratures (625, 650 and 680 C) under CaL conditions (15% vol
CO2 carbonation). As may be observed, a variation of just about
25 C around the typical carbonation temperature used in pilot-
scale plants (650 C) has a significant effect on the CO2 uptake
in the diffusion-controlled stage, which notably affects the overall
capture capacity. Thus, carbonation in this phase is enhanced with
temperature while a decrease of the carbonation temperature
yields a rapid decay of the carbonation rate in this solid-state
diffusion-controlled stage. This result is consistent with the strong
dependence on temperature measured elsewhere for C14 isotope
diffusivity in CaO and for the effective product layer diffusivity of
CO32 mobile ions in the range of carbonation temperatures used
in our work [30,33]. A similar behavior has been observed for the
samples tested under Oxy-CaL conditions. Nonetheless, the varia-
tion with the temperature of the CO2 capture capacity in the
diffusion-controlled stage plays a relatively minor role on the over-
all capture capacity under Oxy-CaL conditions as compared to CaL
conditions. This may be seen in Fig. 2b, which shows the 1st cycle
of the thermograms obtained under different carbonation temper-
atures for the sample tested under Oxy-CaL 45 conditions.der (a) CaL (15% vol CO2 carbonation) and (b) Oxy-CaL 45 (45% vol CO2 carbonation)
ed.
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performance of limestone under CaL and Oxy-CaL conditions is
CaO conversion, defined as the ratio of CaO mass converted to
CaCO3 in the carbonation stage of each cycle to the sorbent mass
before carbonation. Multicycle CaO conversion data can be
generally well fitted by the following semi-empirical equation
[6,34,35]:Fig. 3. (a) CaO conversion versus cycle number for carbonation/calcination tests
carried out under CaL and Oxy-CaL conditions. (b) Conversion in the fast reaction
controlled phase. (c) Conversion in the solid-state diffusion controlled phase.
Carbonation is carried out at 650 C under 15% vol CO2 (CaL) and 30% vol, 45%CO2
and 60% vol CO2 for the Oxy-CaL tests as indicated. Calcination in all the tests is
performed at 950 C (70% CO2/30% air vol/vol). Solids lines are the best fits of
equation 1 to data.XN ¼ Xr þ X1
kðN  1Þ þ 1 XrX1
 1 ; ðN ¼ 1;2; . . . :Þ ð1Þ
where N is the cycle number, X1 is CaO conversion at the first cycle,
k is the deactivation rate constant and Xr is the residual CaO conver-
sion. Fig. 3a shows multicycle CaO conversion data and best fit
curves from Eq. (1) for the samples tested under CaL and Oxy-CaL
conditions for a carbonation temperature of 650 C. Best fitting
parameters are summarized in Table 1. As well known, CaO conver-
sion decreases progressively with the cycle number due to
enhanced grain sintering in the calcination stage at high tempera-
ture and under high CO2 partial pressure [6,36,37], which reduces
the CaO surface area available for fast carbonation in each cycle.
Note however, that the deactivation rate is decreased as the CO2
concentration in the carbonation stage is increased. Thus, the resid-
ual conversion Xr takes values of 0.062, 0.070, 0.076 and 0.081 for
the samples tested under CaL-650, Oxy-CaL 30-650, Oxy-CaL
45-650 and Oxy-CaL 60-650 conditions, respectively.
The relative contributions to the overall CaO conversion of car-
bonation in the fast reaction controlled phase (FRP) and in the
solid-state diffusion controlled phase (SDP) have been analyzed
by extracting from the thermograms the values of CaO conversion
in each one of these phases (XFRP and XSDP, respectively, see
Fig. 1a). Data on XFRP and XSDP are shown in Fig. 3b and c, respec-
tively. As was inferred from Fig. 2, it is seen that XFRP becomes
increasingly relevant while XSDP is decreased as the CO2 concentra-
tion in the carbonation environment is increased.
The effect of varying the carbonation temperature around
650 C on the multicycle CaO conversion performance for the dif-
ferent CaL and Oxy-CaL conditions was also investigated in our
work. Data on the multicycle CaO conversion (XN, XFRP and XSDP)
for the tests carried out under CaL and Oxy-CaL-45 conditions at
625, 650 and 680 C are given in Appendix A. The results show that
the overall conversion increases with the carbonation temperature
while conversion in the fast reaction controlled phase is essentially
independent of the carbonation temperature in the range of tem-
peratures tested. The main effect of varying the carbonation tem-
perature in that range is therefore observed on conversion in the
solid-state diffusion controlled phase, which is significantly
enhanced with the carbonation temperature (see Fig. 15c and f in
Appendix A).3. The Oxy-CaL process
3.1. Description
The Oxy-CaL process newly proposed in the present manuscript
is a CO2 capture hybrid system based on the combined use of par-
tial oxy-combustion and the CaL capture process. The basic idea
behind Oxy-CaL is to exploit the enhancement of CO2 capture
capacity in the CaL process as the CO2 concentration in the carbon-
ation environment is increased (as seen above from the TGA tests)
whereas the energy penalty for partial oxy-combustion to increase
the CO2 concentration in the flue gas is notably reduced as com-
pared to total oxy-combustion. Fig. 4 shows a schematic represen-
tation of this integration as applied to CO2 capture in a coal fired
power plant (CFPP).
As can be seen in Fig. 4, the Oxy-CaL process is initiated by par-
tial oxy-combustion of coal using to this end a mixture of air,
nearly pure oxygen (purity 95%) and CO2-enriched recycled flue
gas at combustor temperatures between 850 C and 950 C. As a
result, the flue gas stream exiting the boiler reaches a CO2 vol
concentration in the range 30–60% (depending on the air/O2/CO2
mixture composition) instead of the typical 15% vol concentration
obtained from combustion with just air. The heat released by
Table 1
Values of the deactivation rate constant j and residual conversion Xr obtained from the best fits of Eq. (1) to TGA experimental data for carbonation at different CO2
concentrations (15% vol in the CaL tests; 30%, 45%, and 60% vol in the Oxy-CaL tests).
CaL-650 Oxy-CaL30-650 Oxy-CaL45-650 Oxy-CaL60-650
XN X1 0.373 0.388 0.407 0.425
j 0.731 0.667 0.651 0.633
Xr 0.061 0.070 0.076 0.081
Rsqr 0.999 0.999 0.999 0.999
XFRP X1 0.207 0.293 0.344 0.374
j 0.660 0.661 0.641 0.674
Xr 0.037 0.053 0.060 0.068
Rsqr 0.999 0.999 0.999 0.998
XSDP X1 0.166 0.095 0.063 0.051
j 0.828 0.686 0.711 0.633
Xr 0.025 0.016 0.016 0.014
Rsqr 0.998 0.998 0.993 0.980
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Fig. 4. Oxy-CaL process schematics.
6 C. Ortiz et al. / Applied Energy 196 (2017) 1–17combustion is used for electric power production by means of a
steam power cycle. Once partial oxy-combustion is carried out,
the CO2-enriched flue gas is sent to the CaL process. The CO2 pre-
sent in the flue gas reacts in the carbonator with a fluidized bed
of CaO particles at temperatures around 650 C. The carbonated
particles are then circulated to the calciner reactor in which fast
decomposition of CaCO3 occurs to regenerate the CaO solids and
produce a rich CO2 stream ready to be compressed and transported
for storage or other uses.3.2. CO2 capture efficiency (carbonator model)
The CO2 capture efficiency in the CaL process will be analysed
by means of the carbonator model described in detail elsewhere
[38]. Accordingly, the CO2 capture efficiency can be expressed as
a function of the total solids inventory in the carbonator ðWs), or
the moles number of Ca-based solids ðNCa), the CaO/CaCO3 particles
residence time in the carbonator (s) and the makeup flow of fresh
limestone fed into the system (F0). In this model an average CaO
conversion (Xave) is defined by the sum of the average conversion
in the fast reaction-controlled phase (Xave;FRP) and conversion in
the solid-state diffusion controlled phase (Xave;SDP), where both
Xave;FRP and Xave;SDP are calculated by assuming that the gas passes
in plug flow across a bed of perfectly mixed solids in the carbona-tor. The interested reader may see the work of Ortiz et al. [38] for
an extended description on the carbonator model.
According to this carbonator model, the average reaction rates
in the FRP and SDP phases are expressed as:
raveFRP ¼
XaveFRP
tFRP
for t 6 tFRP ð2Þ
raveSDP ¼
XaveSDP
t0  tFRP for tFRP < t 6 tmax ð3Þ
where rave;i is the average reaction rate in the i-phase (either FRP or
SDP), tFRP is the time lag of the FRP phase, tmax is total carbonation
time, Xave;i is the average capture capacity in the i-phase, and t0 is
the overall carbonation time lag in the carbonation TGA test
(Section 2).
The average rate of CaO conversion in the kinetically controlled
fast phase (raveFRP ) at atmospheric pressure can be approximated by
a first-order kinetic law [30]:
raveFRP ¼ ksSaveð1 XÞ
2
3ð½CO2  ½CO2eqÞ ð4Þ
where ½CO2 and ½CO2eq are the actual and equilibrium CO2 concen-
trations, respectively, ks is the kinetic constant and Save is the aver-
age CaO specific surface area available for reaction after N cycles.
Table 2
Kinetic model parameters obtained from the best fits of Eqs. (4) and (5) to
experimental TGA data.
ks ð
1010Þ m4mols
h i
Deff ð
105Þ m
3
mols
h i
CaL-625 8.87 2.70
CaL-650 10.00 4.63
CaL-680 12.27 8.09
Oxy-CaL30-625 4.429 1.07
Oxy-CaL30-650 6.08 1.61
Oxy-CaL30-680 4.51 2.75
Oxy-CaL45-625 3.21 0.61
Oxy-CaL45-650 3.60 1.02
Oxy-CaL45-680 2.75 1.68
Oxy-CaL60-625 2.00 0.61
Oxy-CaL60-650 2.38 0.71
Oxy-CaL60-680 1.98 1.10
Fig. 5. CO2 capture efficiency as a function of the residence time in the carbonator,
which is varied by changing the FR=FCO2 ratio. Calculations are made for fixed values
of the solids inventory Ws ¼ 400 ton and F0=FCO2 ¼ 0:05 and different carbonation
temperatures. (a) Tcarb ¼ 625 C; (b) Tcarb ¼ 650 C and (c) Tcarb ¼ 680 C.
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fusion controlled phase can be expressed by means of an effective
diffusion constant (Deff ) [38].
raveSDP 	 Deff ð½CO2  ½CO2eqÞ ð5Þ
Both Eqs. (4) and (5) can be well fitted to the experimental TGA
data shown above, which allows us obtaining the values of ks and
Deff to be used in the kinetic model for each one of the CaL and oxy-
CaL systems considered. Values of best fitting parameters are
shown in Table 2.
Once the average CaO conversion is calculated, the capture effi-
ciency in the carbonator ðECO2Þ can be obtained as:
ECO2 ¼ FRFCO2 Xave ð6Þ
where FR is the solids recirculation flow rate between the carbona-
tor and calciner reactors, which is given by FR ¼ Ws=NCa.
Fig. 5 shows the evolution of the CO2 capture efficiency ðECO2Þ as
the solids recirculation flow rate between reactors is decreased or,
equivalently, the solids residence time in the carbonator
(s ¼ NCa=FRÞ is increased. As may be seen, a significantly higher
capture efficiency is achieved by increasing the CO2 concentration
in the carbonator in the Oxy-CaL systems. Note the differences on
the maximum capture efficiency (Emax ¼ ðyCO2;in  yeqÞ=yCO2;in) for
the different systems (obtained for very short residence times) as
a consequence of the variation of the CO2 vol% in the carbonator.
Even though the use of short residence times leads to relatively
high capture efficiencies it must be kept in mind that short resi-
dence times would rise the cost for solids transportation. The sen-
sible heat needed to increase the temperature of the solids stream
entering the calciner would be also raised as the solids recircula-
tion rate is increased to achieve short residence times.
A shown in Fig. 5, the capture efficiency is decreased as the
solids residence time in the carbonator is prolonged albeit at a
minor rate for the CaL process in comparison with the Oxy-CaL sys-
tems. This is due to the relatively higher conversion in the solid-
state diffusion controlled phase for the CaL process (as seen above
from the TGA tests). This result becomes more marked as the car-
bonator temperature is increased (compare Fig. 5a and c) as a con-
sequence of the enhancement of solid-state diffusivity with
temperature. The results obtained up to this point show already
some hints concerning the CFPP-CO2 capture integration. An
increase in the solids residence time in the carbonator would argu-
ably allow for a reduction of the energy penalty although the cap-
ture efficiency would be hampered depending on the capture
system. Thus, a comparative assessment of the diverse capture sys-
tems and their integration into CFFP must necessarily include an
evaluation of the energy penalty. This will be the subject of the
next section.4. CFPP-CO2 capture integration models
This section is devoted to a comparative assessment of several
CO2 capture technologies, namely oxy-combustion, CaL and Oxy-
CaL, and their integration into a Coal Fired Power Plant (CFPP).
Regarding energy penalty, the parameter usually employed in the
Table 3
Main inputs and results for the base case of diverse CO2 capture systems.
Parameter Reference CFFP (air combustion) Case a Case b Case c
Oxy-combustion CaL Oxy-CaL 30 Oxy-CaL 45 Oxy-CaL 60
CFPP _mcoal ðkg=sÞ 42.20 55.05 42.20 46.10 47.50 48.15
_mair ðkg=sÞ 475 – 475 208.90 100.20 43.54
_mO2 ðkg=sÞ – 136.91 – 68.85 96.35 110.503
vCO2 0.15 0.89 0.15 0.30 0.45 0.60
gCFPP 0.3777 0.2872 0.3777 0.3517 0.3437 0.3374
network ðMWÞ 490.47 488.80 490.47 498.30 502.30 499.75
Penalty – 9.05% – 2.60% 3.40% 4.03%
SPECCA ðMJ=kgCO2Þ – 4.06 – 0.94 1.25 1.50
CaL Tcalc ðCÞ – – 950 950 950 950
Tcarb ðCÞ – – 650 650 650 650
ECO2 – 0.827 0.950 0.976 0.981
_mcoal ðkg=sÞ – – 18.48 22.34 23.40 23.84
_mO2 ðkg=sÞ – – 48.00 58.41 61.00 62.49
_Wsec ðMWÞ – – 75.80 113.90 126.46 130.88
gint – – 0.3030 0.2909 0.2882 0.2853
Penalty – – 7.47% 6.08% 5.55% 5.21%
SPECCA ðMJ=kgCO2Þ – – 3.28 2.63 2.37 2.29
Total _mcoal;total – – 60.68 68.44 70.90 71.99
Penaltytotal – 9.05% 7.47% 8.68% 8.95% 9.24%
SPECCAtotal ðMJ=kgCO2Þ – 4.06 3.28 3.56 3.62 3.79
Bold indicate the most relevant values.
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(SPECCA) [7], which quantifies the additional fuel consumption
(in MJ) needed to avoid the emission of 1 kg of CO2 into the atmo-
sphere (Eq. (6)).
SPECCA ½MJ=kgCO2  ¼ 3600
1
gplant
 1gref
Eref  E ð7Þ
where gref , gplant are the CFPP efficiency, and Eref , E are the emissions
ratio (in kg CO2/kW he) without and with the capture system inte-
grated, respectively.
A 490 MWe CFPP has been chosen in our work as reference
plant, which is modelled using the commercial software ASPEN
PLUSTM. The main model assumptions are summarized as follows:
(i) the system operates at steady conditions; (ii) minimum tem-
perature difference is 20 C for all heat exchangers; (iii) ideal
behavior of cyclones; (iv) solid–solid heat exchange is simulated
as a transfer of heat between solids; (v) 89% isentropic efficien-
cies are assumed as constant for all turbomachinery. In this
CFPP, air-combustion of 42.2 kg/s of coal Pittsburgh No. 8 (see
[39] for coal type details) takes place in the steam boiler (oper-
ating at an average temperature of 900 C) to generate 1297
MWth, which releases to the atmosphere 513.4 kg/s of flue gas
with a CO2 vol concentration of 15% at atmospheric pressure.
Electric power is produced by means of a reheat supercritical
steam cycle (Pvv = 290 bar, Tvv = 600/620 C), wherein the steam
regenerative process is carried out from four feed-water heaters,
one of which is a total mixer exchanger type (degasifier).
Selected conditions lead to a 44% thermal to electric net effi-
ciency. Taking into account parasitic electricity, the overall net
efficiency drops to 37.77%. This value will be used as a reference
to calculate the penalty arising from the integration in this plant
of the diverse CO2 capture systems. Main inputs and results from
the reference plant model are summarized in Table 3. An
extended table showing additional parameters is given in Appen-
dix B. Table 3 shows main inputs and derived outputs for the
three cases analyzed in this section: oxy-combustion (case a),
calcium looping (case b) and hybrid combinations of both (case
c) with different values of CO2 in vol%. A detailed description
is given below.4.1. Total Oxy-combustion
Firstly, an oxy-fuel combustion process will be analyzed in
order to assess the CO2 capture efficiency and the energy consump-
tion in comparison with the above-mentioned reference plant. The
CFPP oxy-combustion model has been developed using ASPEN
PLUSTM and the same coal (Pittsburgh No. 8). Fig. 6 shows a flow
diagram of the oxy-combustion model that highlights the differ-
ences with respect to the reference air-combustion plant. For sim-
ulating coal oxy-combustion a reactor model based on Gibbs’ free
energy minimization method is used.
In this CFPP oxy-combustion case, combustion of 55.3 kg/s of
coal Pittsburgh No. 8 with 137.6 kg/s of a high purity (95%) O2
stream from ASU releases 187.8 kg/s of flue gas with a CO2 vol con-
centration (dry-basis) of 89% at atmospheric pressure, which, after
purification and compression, is ready to be stored [40] or used in
other industrial processes [41,42]. A flue gas recirculation with a
recycle ratio of 0.78 is carried out in order to control the flame tem-
perature in the boiler [43]. A compressor (C1 in the figure) is used
to overcome the pressure drop in the reactor. ASU energy con-
sumption has been estimated as 200 kW h per kg of pure O2
[44,45]. CO2 purification unit (CPU) specific energy consumption
has been fixed to 143 kW h/tCO2 [22] in order to simplify the
model. Power is produced using the same reheat supercritical
steam cycle (Pvv = 290 bar, Tvv = 600/620 C) as in the reference
air-combustion CFPP case. Main inputs and results from the model
are summarized in Table 3. From the simulations, the resulting
specific CO2 emissions are 86.2 g/kW h corresponding to 90% CO2
capture efficiency. Remaining CO2 emissions result from the nearly
8% of CO2 lost in the purification process, which is consistent with
results from previous works [40]. A net thermal to electric effi-
ciency of 28.8% is achieved yielding an energy penalty of 9.1%
points, which is within the range of previously reported results
(8–12%) [18,46].
4.2. Calcium-Looping
In this section, the CaL integration model for post-combustion
CO2 capture used in the present work is summarized. The reader
interested in further details may see the work of Ortiz et al. [47]
Dry coal
O2 (ASU)
BOILER
900ºC
fg-1
rec-fg
C1
fg-2
solids
CPU
Storage/other uses
High purity CO2
Pre-heated water
super-heated steam
re-heated steam
power
138 kg/s
25ºC; 1,2 bar
55 kg/s  
120ºC; 1 bar
5.0 kg/s
183ºC; 1 bar
188 kg/s
183ºC; 1 bar
666 kg/s
203ºC; 1 bar
366 kg/s
620ºC; 11.5 bar
188ºC; 12 bar
423 kg/s
600ºC; 290 bar
423 kg/s
163ºC; 300 bar
solid
gas
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POWER 
CYCLE
Fig. 6. Schematics of the total oxy-combustion CFPP. Differences with air-combustion CFPP are highlighted in blue color (for interpretation of the references to color in this
figure, the reader is referred to the web version of this article.)
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accomplished by using two interconnected circulating- fluidized-
bed (CFB) reactors, both operated under atmospheric pressure at
gas velocities of approximately 5 m/s [48,49]. CaO particles react
in the carbonator according to the carbonation reaction (Eq. (7))
at temperatures between 625 and 680 C with the CO2 present in
the flue gas stream coming from the CFPP plant. The partially car-
bonated particles are then circulated into the calciner reactor in
which fast decomposition of CaCO3 occurs at 950 C [15,25,50,51]
to regenerate the sorbent and produce a rich CO2 stream to be
compressed and transported for storage or other uses. At the cal-
ciner exit, CaO particles are recovered by a cyclone and sent back
to the carbonator for a new cycle. CO2 capture in this reactor is
modelled according to an equilibrium reactor following the model
described in Section 3.2:
CaOþ CO2¢CaCO3 DH0r ¼ 178
kJ
mol
ð8Þ
Fig. 7 shows a schematic representation of the CaL process.
Steam is used as heat carrier fluid to take advantage of heat pro-
duced in the exothermic carbonation reaction for electricity gener-
ation by means of a secondary steam cycle. Moreover, the sensible
heat from the CO2 stream exiting the calciner is also used to
increase the steam production. Since a large flow rate of solids
are recirculated in the CaL cycle, a heat exchanger (simplified as
a heat transfer between solids with a temperature approach of
20 C) is incorporated for transferring sensible heat between the
CaO particles leaving the calciner (FR in Fig. 7, with a temperature
of about 950 C) and the solids (CaCO3 and unreacted CaO parti-
cles) entering into it to be heated up to the calcination
temperature.
In order to attain full calcination in short residence times of the
limestone makeup fed into the calciner, the temperature in the cal-
ciner reactor must be 930 o even higher [14,52]. This makes nec-
essary to supply a large amount of heat to the calciner, which is
accomplished by in-situ oxy-fuel combustion in order not to dilute
CO2 in this reactor. CO2 compression is modelled as a multi-stage
compression to 100 bar refrigerated with water from the low-
pressure section of the steam cycle. Pressure drop of the flue gas
across the carbonator is calculated from the Kunii–Levenspiel (K–L) fluid dynamics model [53,54]. A compressor is used to counter-
act this pressure drop. Energy consumption derived from solids
transportation has been set at 20 MJ per ton of solids [55]. Main
inputs and results from the model are summarized in Table 3.
The base case for the CFPP-CaL integration leads to a CO2 capture
efficiency of 82.7% for an overall plant efficiency of 30.3%, which
implies an energy penalty of 7.4% points in the range of previous
values reported in literature [6,56,57]. As regards specific energy
consumption (Eq. (6)), a SPECCA value of 3.3 MJ/kg CO2 is achieved.4.3. Oxy-CaL
This section describes the novel Oxy-CaL hybrid system pro-
posed in the present work. Fig. 8 shows a schematic representation
of the process, which has been simulated for several values of the
CO2 vol% in the flue gas effluent from partial oxy-combustion. As
can be seen in Fig. 8, the process is initiated by an oxy-fuel com-
bustion similar to that described in Section 4.1. Partial oxy-
combustion is carried out to obtain a CO2 vol% in the range of
30–60% in the flue gas at the boiler exit. To this end, a mixture of
air and O2 is used in the boiler for combustion. The air/O2 ratio is
calculated to achieve a given CO2 vol% in the flue gas (45% in the
case illustrated in Fig. 8). As in the case of total oxy-combustion,
recirculation of the flue gas serves to control the flame tempera-
ture in the boiler, whose value is kept the same for all the
simulations.
Since the amount of pure O2 for partial oxy-combustion is sub-
stantially decreased (99.3 kg/s to achieve a 45% vol CO2 concentra-
tion instead of 138 kg/s for total oxy-combustion), power
consumption in the ASU is notably reduced. Furthermore, the
CPU unit for CO2 purification is not needed since this step is carried
out after the CaL process. Altogether, the energy penalty for partial
oxy-combustion is significantly reduced. Thus, energy penalty is
3.40% in the Oxy-CaL 45 system as compared to 9.05% for total
oxy-combustion.
After partial oxy-combustion, the CO2 rich flue gas is sent to the
carbonator reactor to follow up with the CaL process, being before
slightly compressed (to overcome the pressure drop in the carbon-
ator) and preheated with the hot gas streams exiting the CaL cycle.
In contrast with the CaL scheme (Fig. 7), flue gas preheating is car-
Fig. 7. CFPP-CaL integration scheme.
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Fig. 8. General Oxy-CaL-45 (45% vol CO2 concentration in the flue gas by partial oxy-combustion) integration scheme.
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Fig. 9. SPECCA values and CO2 capture efficiencies for the CO2 capture systems
analyzed in this work and using reference parameters shown in Table 3. Figures (a)
and (b) correspond to different values of the solids residence time s in the carbonator
for the CaL process. (a) FR/FCO2 = 15 (s = 2 min) and (b) FR/FCO2 = 4 (s = 10 min).
Fig. 10. SPECCA values as a function of solids residence time in the carbonator for CaL
andOxy-CaL systemsoperatingat Tcarb = 650 C (solids inventoryfixedatWs = 400 ton).
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Fig. 11. 90% capture iso-efficiency lines as a function of solids inventory and solids
residence time in the carbonator for CaL and Oxy-CaL systems at a carbonator
temperature Tcarb = 650 C (a) and for the CaL and Oxy-CaL-45 systems at
carbonation temperatures of 625, 650, and 680 C (b).
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12 C. Ortiz et al. / Applied Energy 196 (2017) 1–17ried out in the Oxy-CaL system by using firstly the compressed CO2
stream since the thermal capacity of the flue gas at the carbonator
exit is lower than in the case of the CaL. The CO2 entering into the
carbonator reacts with the CaO solids coming from the calciner as
in the conventional CaL model (Section 4.2) according to the car-
bonation reaction (Eq. (7)). As discussed in Section 3, the capture
efficiency is significantly enhanced when the CO2 concentration
in the flue gas is increased (Fig. 5). Thus, the Oxy-CaL-45 system
has a CO2 capture efficiency of 97.6% in the base case (see
Fig. 5a) as compared to 82.7% in the base case of the CaL system.
Such increase in the capture capacity implies also the handling of
a larger amount of CaCO3, which leads to higher heat needs in
the calciner for CaO regeneration, and therefore to a higher
consumption of coal and O2 as can be seen by comparison of
Figs. 7–9. Nonetheless, the amount of CO2 captured in this
Oxy-CaL-45 system is 29% over that captured bymeans of CaL (Sec-
tion 4.2) and 14% above the CO2 captured by total oxy-combustion
(Section 4.1).
Despite the need of additional coal and O2 for oxy-combustion
in the calciner, the increase in CO2 capture efficiency obtained by
increasing the CO2 concentration in the flue gas leads to a reduc-
tion of energy consumption in the CaL cycle. Thus, a SPECCA value
of 2.37 MJ/kg CO2 is obtained for the Oxy-CaL-45 system, which is
28% below the SPECCA obtained for the conventional CaL system.
Nevertheless, the SPECCA for the complete oxy-CaL process is
3.62 MJ/kg CO2, which is 10% higher than in the CaL base case.
On the other hand, the Oxy-CaL system allows for a reduction by
11% of energy consumption in comparison with the total oxy-
combustion case. The next sections are devoted to a deeper com-
parative analysis of both capture efficiency and energy penalty
resulting from the diverse capture systems with the goal of finding
the most feasible choice to be implemented in practice.150
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As was shown in Sections 2.2 (TGA results) and 3.2 (carbonator
model), the CO2 capture efficiency in the CaL process is remarkably
enhanced by increasing the CO2 concentration in the flue gas
stream entering into the carbonator. This is reflected also in the
SPECCA, which is decreased due to the higher efficiency of the
CO2 capture process. On the other hand, partial oxy-combustion
carried out to increase the CO2 concentration at the inlet of the car-
bonator in the CaL process contributes also to an additional energy
penalty. The use of the CaL process, total oxy-combustion or a
hybrid Oxy-CaL process for CO2 capture in CFPP is carefully
assessed below on the basis of the benefits and drawbacks of each
one of these systems.0
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Fig. 13. SPECCA values for the CaL and Oxy-CaL systems obtained by considering a
fixed solids inventory of Ws = 450 tons and capture efficiency to 90%.Fig. 9 shows the CO2 capture efficiency and SPECCA values for
total oxy-combustion, CaL, and Oxy-CaL systems obtained for the
base cases analyzed in Section 4. As seen in Fig. 9a, the part of
SPECCA that corresponds to the CaL process in the Oxy-CaL sys-
tems is decreased as the carbonation CO2 vol% is increased if the
oxy-CaL process is operated with a high solids recirculation flow
rate (FR/F0 = 15 corresponding to s = 2 min for the solids residence
time and fixing Ws = 400 tons as solids inventory). Nevertheless,
energy consumption in the partial oxy-combustion part of the pro-
cess leads to global oxy-CaL SPECCA values somewhat higher than
for the purely CaL process. On the other hand, the oxy-CaL 30, 45
and 60 systems have a SPECCA smaller than total oxy-
combustion. Note also that the CO2 capture efficiency is notably
increased for the oxy-CaL systems as compared to oxy-
combustion and is especially increased over the CaL process.
Fig. 9b shows however that under prolonged solids residence times
of s = 10 min (corresponding to a reduced solids recirculation flow
FR/F0 = 4 and fixing Ws = 400 tons as solids inventory) the capture
efficiency of the oxy-CaL systems is hindered since carbonation in
the solid-state diffusion controlled stage is not significant for car-
bonation under relatively high CO2 vol% as was seen from the
TGA tests (Section 3.2).150
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Fig. 14. SPECCA and solids inventory for the CaL and Oxy-CaL systems operating
under (a) short (2 min) and (b) prolonged (10 min) solids residence times. The effect
of changing the carbonator temperature (between 625 C and 680 C) is also shown.
Capture efficiency is fixed to 90%.
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energy consumption in the CaL process is highly dependent on
the carbonation rate in the solid-state diffusion controlled phase
(SDP), which determines the role of the solids residence time s in
the carbonator. Fig. 10 shows how SPECCA evolves as s is increased
for the CaL and hybrid oxy-CaL processes. In the case of the CaL
process, the rate of carbonation in the solid-state diffusion con-
trolled phase is not negligible as compared to the carbonation rate
in the fast reaction controlled phase, which leads to a considerable
reduction of the energy consumption as s is increased [13,47]. On
the other hand, the rate of carbonation in the solid-state diffusion
controlled phase is decreased by increasing the CO2 concentrationFig. 15. (a and d) Overall CaO conversion versus the cycle number for carbonation/calcin
in the fast reaction controlled phase. (c and f) Conversion in the solid-state diffusion cont
vol CO2 (Oxy-CaL-45 conditions) at 625 C, 650 C and 680 C as indicated. Calcination iin the flue gas as occurs in the oxy-CaL systems (see Fig. 1), which
hinders a further reduction of SPECCA as s is increased. For the
Oxy-CaL-60 case, the SPECCA is even raised as s is prolonged
beyond 4 min. On the other hand, the SPECCA values for the
CaL and oxy-CaL systems are similar for short solids residence time
(of about 2 min). Thus, it may be concluded that optimum opera-
tion of the oxy-CaL system is under short residence times.
5.1. Role of solids inventory
A straightforward consequence of the improvement of CO2 cap-
ture efficiency in the CaL process as the CO2 vol% in the carbonatoration cycles carried out under CaL and Oxy-CaL-45 conditions. (b and e) Conversion
rolled phase. Carbonation is carried out under 15% vol CO2 (CaL conditions) and 45%
s performed at 950 C (70% CO2/30% air vol/vol) in all the tests.
14 C. Ortiz et al. / Applied Energy 196 (2017) 1–17is increased (Oxy-CaL) is the possibility of reducing the solids
inventory (Ws) and the limestone makeup flow (F0), which could
lead to a potentially relevant capital and operational cost cutback.
Fig. 12a shows the variation of the solids inventory (Ws) in the
CaL and oxy-CaL processes with the solids residence time for a fixed
value of the capture efficiency (ECO2 = 90%). As can be seen, signifi-
cantly lower solids inventories are needed in the Oxy-CaL processes
under carbonation residence times below12 min that would con-
form to usual operation conditions in CFB reactors. This result
implies an important potential for reducing the CaL size in the
hybrid oxy-CaL systems. It must be reminded that system size is
currently one of the main limitations for the CaL process to reach
a demonstration stage [4,16]. Moreover, a lower solids inventory,
as would be possible in the Oxy-CaL system, leads to a reduction
of power consumption to overcome the gas pressure drop across
the reactor. The oxygen production and coal input needed for
heating-up the additional quantity of solids in calciner are also
diminished.
Fig. 11b shows the evolution ofWs with the solids residence time
in the carbonator for carbonation temperatures T = 625 C, 650 C
and 680 C and a fixed capture efficiency (ECO2 = 90%). As may be
observed, the relative decrease of the carbonation rate in the solid-
state diffusion controlled stage when T is decreased to 625 C leads
to a remarkable increase of Ws for solids residence times beyond
3 min. Thus, the CaL process operated under long residence times,
whichwould allow decreasing notably SPECCA [13,47], can be ham-
pered by a small decrease of the carbonator temperature that could
be expected locally under practical conditions [14,48] due to ineffi-
cient mass and/or energy transfer. Note that chemical equilibrium
prevents in the case of the CaL process to achieve a 90% capture effi-
ciency when operating at 680 C (see the maximum capture value
possible in Fig. 5a). On the other hand, since the Oxy-CaL system
would be ideally operated under short residence times, its perfor-
mance would not be essentially affected by temperature changes.
As seen in the results obtained from our TGA experiments
(Fig. 2), the rate of carbonation in the solid-state diffusion con-
trolled phase depends critically on the carbonator temperature.
Thus, carbonation in this phase is hindered if the temperature is
decreased just from 650 C to 625 C whereas it becomes enhanced
by an increase of temperature up to 680 C. It is therefore interest-
ing to assess the sensitivity of SPECCA and solids inventory needed
in the CaL process to this small change of carbonation temperature
that might occur in practice.
Despite the potential for reducing the CaL size in the Oxy-CaL
process, the additional energy consumption due to partial oxy-
combustion, and therefore O&M costs, must be also considered to
assess the Oxy-CaL feasibility. In this regard, a further benefit of
the Oxy-CaL hybrid system is that the higher capture efficiency
achieved allows to reduce the fresh limestone makeup, which
yields a decrease of energy penalty. Fig. 12 shows the relationship
between the solids inventory and make-up flow for the diverse
systems analyzed at a fixed capture efficiency of 90%.
As can be seen in Fig. 12, by using the Oxy-CaL hybrid system it
is possible to reduce considerably the fresh limestone makeup in
comparison with the CaL process. For example, if we consider the
Oxy-CaL 45 system with a solids inventory of 450 tons, the ratio
of limestone makeup to CO2 flow rates (F0/FCO2) is just around
0.015, which is quite below the amount needed for the CaL process
under the same operation conditions and capture efficiency
(F0/FCO2 = 0.12). Fig. 13 shows the SPECCA values obtained by fixing
the solids inventory at 450 tons and varying the makeup flow to
attain with each system a capture efficiency of 90%.
As shown in Fig. 13, using a given solids inventory of 450 tons in
the carbonator, SPECCA values for Oxy-CaL systems are lower than
for the CaL process when operating under solids residence times
below 7.5 min due to the lower makeup flow needed to reach a90% capture efficiency. Thus, the use of the Oxy-CaL systems would
allow also for a reduction of O&M costs associated to the capture
process using typical reactor sizes. On the other hand, if the solids
residence time is prolonged to 10 min, the CaL process yields a
lower SPECCA due to promoted carbonation in the solid-state dif-
fusion controlled phase.
Fig. 14 shows data on SPECCA and solids inventory for the CaL
and Oxy-CaL (carbonator temperatures of 625 C, 650 C and
680 C) systems for a fixed capture efficiency (ECO2 = 90%), and
short (2 min) and prolonged (10 min) solids residence times. A
may be seen, for operation under short residence times, the Oxy-
CaL systems (especially Oxy-CaL-30 and 45) lead to a considerable
reduction of the solids inventory (from 400 tons for the CaL-650
system to 286 tons for Oxy-CaL-45-650) and therefore to a reduc-
tion of the CaL system size whereas the SPECCA is only slightly
increased (from 3.59 MJ/kg for the CaL-650 system to 3.7 MJ/kg
for the Oxy-CaL-45-650). Regarding the effect of carbonator tem-
perature on the CaL and Oxy-Cal systems for a given solids resi-
dence time of 2 min, there is not a clear evidence on the
optimum system choice (lower SPECCA). On the other hand, for
longer residence times (Fig. 14b), the CaL-625 system shows a bet-
ter performance in terms of efficiency albeit a considerable higher
solids inventory is required in this case. Thus, the CaL process
advantage is lost by a modest decrease of the carbonator tempera-
ture, which would require a considerable increase of the solids
inventory to ensure a high capture efficiency. At this point, it is
important to note that both the CaL and Oxy-CaL systems yield a
lower energy consumption than the conventional oxy-fuel com-
bustion process regardless of the carbonator temperature and car-
bonator CO2 concentration.
Concerning the Oxy-CaL-30 system operated under short resi-
dence times, it would allow reducing the solids inventory from
400 tons (CaL-625) system to 300 tons (33% relative reduction)
and thus the reactors (carbonator and calciner) size could be
decreased, which should be quantitatively assessed in future
works. Thermal inertia and flexible operation of the installation
must be also carefully addressed in further analysis. These effects
are amplified when the residence time is increased to 10 min for
the CaL process. The efficiency penalty is then reduced by around
1 MJ/kg CO2 but the solids inventory is increased over a 200% up
to near 700 ton. Care should be taken in this case to design and
operate a system with such a large thermal inertia due to solids
heat capacity. Starts-up and shuts-down would be also risky. This
could be a suitable option if the CO2 capture system is to be used in
base load power plants. When power plant flexibility is required,
the smaller inventory allowed by the Oxy-CaL hybrid system is
preferred to better accommodate the installation to load changes.6. Conclusions
This work analyzes a novel CO2 capture system (Oxy-CaL) based
on the integration of the CaL process with partial oxy-combustion,
the latter used to raise the CO2 concentration in the flue gas thus
enhancing the CaL capture efficiency. Results from thermogravi-
metric analysis experiments are used to simulate the hybrid cap-
ture system when integrated into a coal fired power plant (CFPP).
Energy penalty and capture efficiency are analyzed for diverse
Oxy-CaL systems to reach a CO2 vol% in the flue gas in the range
30–60% and the results are compared with those obtained for the
pure CaL and oxy-combustion processes.
Main highlights concluded from the study are:
– A higher CO2 capture efficiency is achieved by means of the
Oxy-CaL hybrid system while the specific energy consumption
per kg of CO2 avoided (SPECCA) is kept below 4 MJ/kg, which
C. Ortiz et al. / Applied Energy 196 (2017) 1–17 15is a typical value usually reported for oxy-combustion or amine-
based CO2 capture systems. Thus, CO2 capture using an Oxy-CaL
system could be a potentially attractive alternative to total oxy-
combustion for newly erected CFPPs.
– The CaL process seems to be the most advantageous CO2 cap-
ture process when operating under relative long solids resi-
dence time in the carbonator. However, its performance has a
strong sensitivity to the carbonation rate in the solid-state dif-
fusion controlled stage, which depends critically on tempera-
ture within the range of temperatures practically attainable in
the carbonator.
– The effect of varying the carbonation temperature is more rele-
vant when operating under long residence times due to the
strong sensitivity of CaO carbonation to temperature in the
solid-state diffusion controlled stage, especially for the pure
CaL process.
– The higher CO2 capture efficiency using Oxy-CaL systems allows
to reduce the fresh limestone makeup flow, which leads to a
reduction of energy consumption when operating under solids
residence times below 7.5 min.
– In spite that SPECCA in the CaL process could be somewhat
smaller than for the Oxy-CaL system when operating under pro-
longed solids residence times, the latter shows potentially
important benefits regarding plant operation flexibility. Sub-Table 4
Values of the deactivation rate constant j and residual conversion Xr obtained from the b
(625, 650, and 680 C) and CO2 concentrations (15% vol in the CaL tests; 30%, 45%, and 60
T carb = 625 C CaL-625 Oxy
Xoverall X1 0.321 0.3
j 0.753 0.6
Xr 0.053 0.0
Rsqr 0.999 0.9
XFRP X1 0.216 0.2
j 0.737 0.6
Xr 0.038 0.0
Rsqr 0.999 0.9
XSDP X1 0.105 0.0
j 0.792 0.5
Xr 0.015 0.0
Rsqr 0.997 0.9
T carb = 650 C CaL-650 Oxy
Xoverall X1 0.373 0.3
j 0.731 0.6
Xr 0.061 0.0
Rsqr 0.999 0.9
XFRP X1 0.207 0.2
j 0.660 0.6
Xr 0.037 0.0
Rsqr 0.999 0.9
XSDP X1 0.166 0.0
j 0.828 0.6
Xr 0.025 0.0
Rsqr 0.998 0.9
T carb = 680 C CaL-680 Oxy
Xoverall X1 0.474 0.4
j 0.737 0.6
Xr 0.074 0.0
Rsqr 0.999 0.9
XFRP X1 0.240 0.2
j 0.876 0.7
Xr 0.037 0.0
Rsqr 0.997 0.9
XSDP X1 0.233 0.1
j 0.609 0.6
Xr 0.037 0.0
Rsqr 0.998 0.9stantially smaller amounts of solids inventory are needed in
the Oxy-CaL system, which would allow a more efficient
response to load changes in coal fired power plants.
In a future work, a detailed techno-economic study must be
developed in order to assess quantitatively the cost of CO2 capture
by means of the Oxy-CaL system as compared to CaL and oxy-
combustion and for same values of SPECCA and capture efficiency.
Acknowledgements
This work was supported by the Spanish Government Agency
Ministerio de Economia y Competitividad and FEDER Funds
(contracts CTQ2014-52763-C2-1-R, CTQ2014-52763-C2-2-R and
MAT2013-41233-R). We gratefully acknowledge the Functional
Characterization Services of the Innovation, Technology and
Research Centre of the University of Seville (CITIUS). The authors
also thank VPPI-US for the AP current contract.
Appendix A
Fig. 15 shows data on the multicycle overall CaO conversion
(XN, XFRP and XSDP as a function of the cycle number for the tests
carried out under CaL and Oxy-CaL-45 conditions and for theest fits of Eq. (1) to TGA experimental data for carbonation at different temperatures
% vol in the Oxy-CaL tests).
-CaL30-625 Oxy-CaL45-625 Oxy-CaL60-625
38 0.378 0.400
65 0.675 0.623
67 0.072 0.077
99 0.999 0.999
60 0.329 0.350
97 0.683 0.647
56 0.062 0.067
98 0.999 0.999
78 0.049 0.050
73 0.615 0.464
11 0.010 0.0103
96 0.990 0.994
-CaL30-650 Oxy-CaL45-650 Oxy-CaL60-650
88 0.407 0.425
67 0.651 0.633
70 0.076 0.081
99 0.999 0.999
93 0.344 0.374
61 0.641 0.674
53 0.060 0.068
99 0.999 0.998
95 0.063 0.051
86 0.711 0.633
16 0.016 0.014
98 0.993 0.980
-CaL30-680 Oxy-CaL45-680 Oxy-CaL60-680
72 0.472 0.474
81 0.636 0.636
81 0.085 0.086
99 0.999 0.999
99 0.352 0.391
16 0.630 0.673
57 0.060 0.066
99 0.999 0.999
73 0.120 0.083
27 0.655 0.478
25 0.025 0.020
99 0.999 0.990
Table 5
Inputs and results of diverse CO2 capture systems for the base case.
Parameter Reference CFFP (air combustion) Oxy-combustion CaL Oxy-CaL 30 Oxy-CaL 45 Oxy-CaL 60
CFPP _mcoal ðkg=sÞ 42.20 55.05 42.20 46.10 47.50 48.15
_mair ðkg=sÞ 475 – 475 208.90 100.20 43.54
_mO2ðkg=sÞ – 136.91 – 68.85 96.35 110.503
cfg – 0.78 – 0.63 0.72 0.75
Ffg ðkmol=s 17.12 3.85 17.12 10.13 7.25 5.74
FCO2 ðkmol=sÞ 2.60 3.39 2.60 2.84 2.93 2.96
vCO2 0.15 0.89 0.15 0.30 0.45 0.60
vO2 0.023 0.025 0.023 0.025 0.025 0.025
gboiler 0.90 0.90 0.90 0.90 0.90 0.90
gCFPP 0.3777 0.2872 0.3777 0.3517 0.3437 0.3374
network ðMWÞ 490.47 488.80 490.47 498.30 502.30 499.75
Penalty – 9.05% – 2.60% 3.40% 4.03%
SPECCA ðMJ=kgCO2Þ – 4.06 – 0.94 1.25 1.50
CaL FR=FCO2 – – 15 15 15 15
F0=FCO2 – – 0.05 0.05 0.05 0.05
sðminÞ – – 3.05 2.79 2.71 2.68
Tcalc ðCÞ – – 950 950 950 950
Tcarb ðCÞ – – 650 650 650 650
ECO2 – 0.827 0.950 0.976 0.981
_mcoal ðkg=sÞ – – 18.48 22.34 23.40 23.84
_mO2 ðkg=sÞ – – 48.00 58.41 61.00 62.49
cfg – – 0.7 0.7 0.7 0.7
_mgas;calc ðkg=sÞ – – 165.07 203.6 214 218.34
_mCO2;calc ðkg=sÞ – – 150.45 185.70 195.40 199.19
xCO2 – – 0.030 0.019 0.017 0.026
xO2 – – 0.028 0.032 0.042 0.058
PHE;solids – – 640.92 697.60 717.80 727.29
_Wsec ðMWÞ – – 75.80 113.90 126.46 130.88
_Wsolids ðMWÞ – – 45.70 49.72 51.16 51.82
_WASU ðMWÞ – – 34.56 42.05 43.92 44.99
_Wcomp;CO2 ðMWÞ – – 57.55 71.01 74.59 75.20
_Wcomp;FG ðMWÞ – – 12.53 7.27 4.90 3.66
gint – – 0.3030 0.2909 0.2882 0.2853
Penalty – – 7.43% 6.04% 5.48% 5.27%
SPECCA ðMJ=kgCO2Þ – – 3.28 2.63 2.37 2.29
Total _mcoal;total – – 60.68 68.44 70.90 71.99
Penaltytotal – 9.05% 7.47% 8.68% 8.95% 9.24%
SPECCAtotal ðMJ=kgCO2Þ – 4.06 3.28 3.56 3.62 3.79
Bold indicate the most relevant values.
16 C. Ortiz et al. / Applied Energy 196 (2017) 1–17diverse carbonation temperatures employed (625, 650 C and
680 C). Values of the deactivation rate constant and residual con-
version obtained from the fittings of Eq. (1) to experimental data
are also shown in Table 4.
Appendix B
See Table 5.
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A B S T R A C T
Capture and sequestration of CO2 released by conventional fossil fuel combustion is an urgent need to mitigate
global warming. In this work, main CO2 capture and sequestration (CCS) systems are reviewed, with the focus
on their integration with renewables in order to achieve power plants with nearly zero CO2 emissions. Among
these technologies under development, the Dry Carbonate Process shows several advantages. This manuscript
analyses the integration of a CO2 sorption-desorption cycle based on Na2CO3/NaHCO3 into a coal ﬁred power
plant (CFPP) for CO2 capture with solar support for sorbent regeneration. The Dry Carbonate Process relies on
the use of a dry regenerable sorbent such as sodium carbonate (Na2CO3) to remove CO2 from ﬂue gases. Na2CO3
is converted to sodium bicarbonate (NaHCO3) through reaction with CO2 and water steam. Na2CO3 is
regenerated when NaHCO3 is heated, which yields a gas stream mostly containing CO2 and H2O. Condensation
of H2O produces a pure CO2 stream suitable for its subsequent use or compression and sequestration. In this
paper, the application of the Dry Carbonate CO2 capture process in a coal-based power plant is studied with the
goal of optimizing CO2 capture eﬃciency, heat and power requirements. Integration of this CO2 capture process
requires an additional heat supply which would reduce the global power plant eﬃciency by around 9–10%. Dry
Carbonate Process has the advantage compared with other CCS technologies that requires a relatively low
temperature for sorbent regeneration ( < 200 °C). It allows an eﬀective integration of medium temperature
solar thermal power to assist NaHCO3 decarbonation. This integration reduces the global system eﬃciency drop
to the consumption associated with mechanical parasitic consumption, resulting in a fossil fuel energy penalty
of 3–4% (including CO2 compression). The paper shows the viability of the concept through economic analyses
under diﬀerent scenarios. The results suggest the interest of advancing in this Solar-CCS integrated concept,
which shows favourable outputs compared to other CCS technologies.
1. Introduction
There is a worldwide interest in ﬁnding competitive solutions for
capturing and sequestering the carbon dioxide (CO2) released from
fossil fuel combustion processes to mitigate global warming. In the
2015 Paris Climate Conference (COP21), a universal agreement signed
by the consensus of 195 countries was reached, which has been ratiﬁed
in 2016, to drastically reduce CO2 emissions in order to keep global
warming below 2 °C from preindustrial levels [1]. To this end future
coal-ﬁred power plants (CFPPs) must be near to CO2 emissions free.
Currently, 76.5% of the electricity generation in the world is produced
by non-renewable sources [2]. The main R &D challenge for the
viability of CFPPs and other fossil fuel based facilities is to capture
CO2 by means of feasible and aﬀordable technologies while, at the same
time, penalties on power production and eﬃciency are minimized.
Carbon capture and storage (CCS) technologies can be classiﬁed
into three main groups: pre-combustion, post-combustion and oxy-fuel
combustion processes [3]. Despite post-combustion capture (PCC)
processes are being widely investigated in the last years, Boundary
Dam (100MWe) in Canada is currently the only commercial CFPP that
applies CCS by using a chemical absorption process based on mono-
ethanolamine (MEA). In amine-based systems the CO2 loaded solvent
is separated from the rest of the exhaust gas and heated, which yields
relatively pure CO2 ready for compression and sequestration. After
regeneration, the solvent is cooled to be reused [4]. A main issue of
systems based on amine absorption is the large amount of heat
http://dx.doi.org/10.1016/j.rser.2017.06.061
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required to regenerate the solvent. This heat, which is usually obtained
from the steam cycle, penalizes signiﬁcantly the power plant eﬃciency.
Moreover, amine-based systems have serious problems related to
toxicity and corrosion [5]. In addition, additional power is required
to compress the captured CO2 for transporting it through the pipeline
network to the storage site.
Among the new generation of CCS technologies under R &D the
Dry Carbonate Process stands as one of the most interesting options.
This process uses Na2CO3 solid particles as dry sorbent to separate CO2
from other ﬂue gases through the gas-solid carbonation reaction. An
important advantage of this approach is that sorption can occur at
relatively low temperature (below 100 °C) to achieve a high capture
capacity whereas regeneration is also carried out at relatively low
temperatures (around 200 °C). Such temperatures do not cause
signiﬁcant degradation of the sorbent besides of not requiring high
amounts of energy supply [6]. Other advantages of the Dry Carbonate
Process are the low cost of the sorbent as well as the high CO2 sorption
capacity [7]. Due to the high interest attracted by this technology, CO2
capture pilot plants have been integrated in CFPP in USA and Korea
[8]. Recent studies have analyzed also its potential integration with the
production of chemical products [9].
In this paper, a novel integration of the Dry Carbonate Process for
CO2 capture with solar thermal power is analyzed. The relative low
temperature in the regeneration reactor allows for an eﬀective integra-
Nomenclature
AC avoiding CO2 cost
ASU air separation unit
BAC biomass annual cost
BFB bubbling ﬂuidized bed
CaL calcium-looping process
CARB carbonation
CCS carbon capture and storage
CFB circulating ﬂuidized bed
CFPP: coal-ﬁred power plant
COE cost of electricity
COECCS cost of electricity associated to CCS system
cCO2 carbon tax
COP21 2015 Paris Climate Conference
CPU CO2 puriﬁcation unit
CSP concentrated solar power
DCP dry carbonate process
DECARB:decarbonation
ECCS emission ratio with dry carbonate process integrated
ECO2 AVOIDED avoided cost due to the avoided emission of CO2,
EDRYCARBONATE carbon capture system installation cost
ENET, GAIN, year annual beneﬁt due to avoided emissions.
EO&M operation and maintenance cost
EINCR revenues due to electricity incremented cost
Eref reference plant emission ratio
ESOLAR solar plant installation cost
ETOT, REV total annual revenues
ETOT total investment cost
FB ﬂuidized bed
FC fuel cost
FCF ﬁxed charge factor
FGD ﬂue gas desulfurization
FGPLAN4 cooled ﬂue gas
FGPLANT CO2 input ﬂow to the carbonator
GHG greenhouse gases
IPCC Intergovernmental Panel on Climate Change
IRR internal rate of return (%)
mCO2, FGPLANT CO2 mass ﬂows of ﬂue gas exits the CFPP
mCO2, CARB.OUT CO2 mass ﬂows of ﬂue gas exits the carbonator
MEA monoethanolamine solvent
NGCC natural gas combined cycles
NPV net present value
O&M operation and maintenance
PCC post-combustion capture
PNET, year total electric energy per year produced by the plant.
QCFPP CFPP thermal power consumptions
QDC dry carbonate thermal power consumption
SE-SMR sorption-enhanced steam methane reforming
SMR steam methane reforming
SPB simple payback
SPECCA speciﬁc energy consumption for CO2 avoided
TCR capital cost
tonCO2, ref reference plant CO2 emissions
tonCO2, CCS CO2 emissions with the dry carbonate process inte-
grated
VOM variable cost
WCFPP CFPP net power production
WCOMP electric consumption for CO2 compression
Wcons, DC dry carbonate electric power consumption
Wsolid electric consumption for solids conveying
WGS water gas shift
WHATHOT water inlet stream
YR yearly revenues
εABS absorption eﬃciency
ηplant plant eﬃciency
ηCCS plant eﬃciency with the dry carbonate process integrated
Fig. 1. Overview of technologies for CO2 capture.
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tion with solar thermal power, which supplies medium temperature
heat at relatively reduced cost. This combination yields a signiﬁcantly
reduced penalty in the global eﬃciency compared with other technol-
ogies. Therefore, the Dry Carbonate Process has the potential for a real
breakthrough as CO2 capture system integrated in CFPP with a reduced
penalty on the global process and a high CO2 capture eﬃciency, which
would help achieving a near to zero CO2 emissions power plant. The
deployment of the Dry Carbonate process could represent an enormous
step forward to eﬃciently retroﬁt power plants based on no-renewable
fossil fuels. Such ambitious goal is fully aligned with both the IPCC
projections (CCS should contribute by about 55% to the cumulative
global mitigation eﬀort until 2100 [10]) and the IEA roadmap
(1000 GW of installed Concentrated Solar power capacity by 2050
[11]).
The present paper has the following structure. Firstly, an overview
of CO2 capture technologies is given. Diﬀerent alternatives are dis-
cussed, highlighting advantages and challenges of the Dry Carbonate
Process as compared to other techniques. Secondly, a case study based
on the integration of a CFPP with the Dry Carbonate Process is
described (layout, processes and chemistry). Based on these analyses
an economic study is carried out to assess the proposed plant viability
and sensitivity to diﬀerent relevant parameters (price of electricity, cost
of technologies, fuel cost variability, energy penalty, carbon taxes). The
results obtained suggest the high interest of the proposed integration
under some particular scenarios.
2. CO2 capture technologies. A brief review
This section is devoted to an overview of the state of art regarding
CO2 capture technologies. It is structured around the three main CCS
technologies (Fig. 1), namely pre-combustion, post-combustion and
oxy-fuel combustion processes [3].
2.1. Pre-combustion CO2 capture
Pre-combustion CO2 capture is based on the reaction of a fuel with
oxygen or air with or without the presence of steam to produce a
gaseous fuel, synthesis gas or syngas, which mainly consists of
hydrogen and carbon monoxide. Carbon monoxide reacts afterwards
with steam in a catalytic reactor (or shift converter) to produce CO2 and
more hydrogen. Finally, CO2 is separated by means of physical or
chemical absorption processes to obtain a hydrogen-rich fuel [10].
Syngas is usually generated from coal, biomass or natural gas by
adding steam to the fuel (steam reforming) or by fuel partial oxidation.
When natural gas is used as primary fuel in the conventional steam
methane reforming (SMR) method the main reaction takes place in
reformer tubes ﬁlled with catalyst [12]. In the case coal or biomass are
used as fuel, gasiﬁcation is the main conversion technology used to
produce syngas. After syngas production, the water gas shift (WGS)
reaction (Eq. (1)), involves the reaction between CO and steam to yield
CO2 and H2 as products.
CO H O CO H H kJ
mol
+ ⇌ + ∆ = −41g g g K( ) 2 ( ) 2( ) 2 298 (1)
The high pressure (15–40 bar) of the produced gas stream (with a
CO2 content in the range of 15–60% in dry basis) facilitates the
removal of CO2 [13]. The captured CO2 is ready to be compressed and
stored whereas the rich H2-product can be used for power production
through a gas turbine [14], combined cycles [15] or in fuel cells [16].
The main advantage of pre-combustion capture is the production of
CO2 at elevated pressure, which reduces energy consumption for compres-
sion, and the production of a carbon-free fuel [10]. According to the IEA
GHG program [17], an eﬃciency penalty of 16% is expected for natural gas
combined cycles (NGCC) with pre-combustion CO2 capture. This eﬃciency
drop is caused by syngas production (6%), H2/CO2 separation (5%), the
WGS process (3%), and CO2 compression (2%) [12].
Due to the expected eﬃciency drop, current research is focussed on
reducing energy losses and investment costs associated with CO2
capture equipment. The most promising solution under study is based
on the combination of reforming and the WGS reactions with CO2
removal in one single stage, which shifts the reaction equilibrium
towards the production of hydrogen. Thus, several H2/CO2 separation
technologies have emerged in the last years based on membranes and
solid sorbents [12]. In this regard, an modiﬁcation of this process is the
sorption-enhanced steam methane reforming (SE-SMR), where the
process is enhanced by using a CO2 sorbent in the reactor, which
promotes the WGS reaction and achieves in situ CO2 separation [18].
An option widely investigated in recent years is to integrate pre-
combustion and post-combustion technologies, which allows exploiting
potential synergies between both technologies [19]. Thus, SE-SMR-CaL
and CaL enhanced gasiﬁcation are being investigated. SE-SMR-CaL
integration is based on CO2 capture by CaO solids, which is thermo-
dynamically favourable at the process conditions [20]. According to
Martinez et al. [21], the SE-SMR-CaL integration achieves much higher
H2 production eﬃciencies (above 77%) in comparison with a conven-
tional steam methane reforming (SMR) based plant using commer-
cially available amines for CO2 capture.
In the case of solid fuel gasiﬁcation, it is also interesting to integrate the
CaL process for increasing the hydrogen content in the syngas. According to
Ramkumar and Fan thermodynamic analysis [22], the addition of CaO as
sorbent allows to attain a hydrogen purity over 99% in the absence of a
water-gas shift catalyst at near-stoichiometric steam to carbon (S:C) ratios,
especially when operating at high pressures ( > 21 atm) [22].
2.2. Oxy-fuel combustion
In oxy-fuel combustion a fuel is burned using pure oxygen rather
than air as the primary oxidant. As a result, fuel consumption is
diminished and ﬂame temperature is higher as compared to air
combustion, where part of the released heat is absorbed by nitrogen.
Oxy-combustion requires an air separation process to remove nitrogen
from the intake air to obtain an enriched oxygen stream with an oxygen
concentration as high as 95%. To avoid a too high ﬂame temperature by
directly ﬁring the fuel with pure oxygen, the mixture is diluted with
CO2 rich recycled ﬂue gas [23,24]. In this way combustion temperature
and heat transfer rate are controlled, and conventional equipment
designed for conventional fuel/air combustion can be used in the coal
power plant retroﬁtting process [25]. According to Kather et al. [26] the
ﬂue gas recirculation ratio appropriate to yield a mixture in the boiler
with combustion temperatures and heat transfer ﬂuxes similar to those
obtained with conventional coal/air-combustion is in the range of
0.65–0.75 [27]. An alternative method to control ﬂame temperature is
the use of steam injection [28]. Although oxy-fuel combustion allows
reducing CO2 emissions quite eﬃciently, oxygen separation from air is
a high energy demanding and costly process. Thus, the main drawback
for the commercial deployment of oxy-combustion is the high energy
consumption for pure O2 production in the air separation unit (ASU).
Cryogenic distillation is the common technique for this purpose, which
requires an energy consumption of about 200 kWh per kg of pure O2
[29,30].
After a puriﬁcation process, the almost pure CO2 stream (~ 95 vol%) is
suitable for compression and storage or utilization [31,32]. According to
Escudero et al. [33], CO2 puriﬁcation unit (CPU) speciﬁc energy consump-
tion can be estimated as 143 kWh/tCO2. The energy penalty associated to
the integration of oxy-fuel combustion is in the range 7–13% [26,33,34].
Oxy-combustion has been successfully demonstrated in large-scale
pilot projects (30 MWe) [27,35,36]. Currently, most of the research
activities on oxy-combustion are focused on pulverized coal combus-
tion. However, Fluidized Bed (FB) combustion seems to be also an
interesting alternative technology for oxy-combustion [37]. FB oxy-
combustion was employed in CIUDEN project [38] with a thermal
power of 30 MWth obtained from burning diverse fuels (petroleum
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coke, subbituminous coal and biomass among others) in a Circulating
Fluidized Bed (CFB) boiler. Oxy-combustion using bubbling ﬂuidized
beds (BFB) has been also tested at the pilot scale [39]. A detailed
review on current and proposed large scale oxy-coal combustion
demonstration projects is presented in [25].
2.3. Post-combustion CO2 capture
Post-combustion capture refers to CO2 removal from the exhaust
gas of fossil fuel power plants, which can be accomplished by using
chemical solvents, solid sorbents or electrochemical processes.
In the currently mature chemical absorption technology, the solvent
(typically an amine solution such as MEA) binds chemically with the
CO2. Amine absorption and stripping consists of passing the post-
combustion ﬂue gas through an aqueous amine solvent, which absorbs
CO2 by chemical reaction [40]. Then, the solvent loaded with CO2 (the
“rich” solvent) is heated up above typically 120℃ in the regenerator
reactor wherein the CO2-amine chemical reaction is reversed to release
nearly pure CO2 and regenerate the amine. The so-called “lean” solvent
is recycled back to the absorber to restart the process while the released
CO2 is compressed to a suitable pressure for an eﬃcient transportation
and storage [41]. Amine-based PCC can eﬃciently remove around 90%
of the CO2 emissions.
In spite that CO2 capture by chemical absorption using MEA is a
well-established process in industry, the commercial deployment of
this technology for post-combustion CO2 capture at large scale is
hindered by a combination of factors such as high energy penalty (8–
12%) due to regeneration of the solvent [42,43], amine toxicity [44],
solvent degradation [45] and equipment corrosion [46].
Sorption of CO2 by solids (either by chemical reaction or physical
adsorption) is an alternative method to chemical absorption with
potential advantages linked to the arguably lower energy requirement
for regeneration and easier operation and maintenance. Suitable
sorbents for CO2 removal should meet several requirements including
high sorption capacity, high selectivity towards CO2, fast kinetics, mild
conditions for desorption, and high multicycle stability [47].
The calcium looping (CaL) process [48] is at the basis of a 2nd
generation PCC technology [47] that uses CaO, typically derived from
natural limestone, to capture CO2 from ﬂue gases by means of the
reversible carbonation/calcination reaction (Eq. (2)):
CaO CO CaCO H kJ
mol
+ ⇌ ∆ = −178s g s K( ) 2( ) 3( ) 298 (2)
The sorbent is repeatedly cycled between two CFB reactors. In the
carbonator, CO2 from the ﬂue gas is captured by carbonation of the
CaO particles. Taking into account that ﬂue gases exiting from CFPP
generally contain a mole fraction of CO2 in the range 10– 15% [48,49],
carbonation proceeds at a satisfactory high rate at temperatures in the
range 625–700 °C while the reverse reaction to regenerate the sorbent
is carried out in the calciner under high CO2 partial pressure, thereby at
much higher temperatures (900–950 °C) in order to achieve complete
decarbonation in a typically short residence time of a few minutes [50–
53]. The regenerated CaO particles are returned to the carbonator
while a concentrated stream of CO2 is released from the calciner ready
for compression, transport and sequestration. A drawback of the
process is the progressive deactivation of the regenerated CaO with
the number of cycles due to the harsh calcination conditions leading to
marked grain sintering. Thus, the CaO residual conversion at these CaL
conditions is just around 0.07–0.08 [54,55], which requires a periodic
feed of fresh limestone (make-up) to replace the poorly active sorbent.
The endothermicity of the calcination reaction and the temperature
diﬀerence between sorbent streams entering and leaving the calciner
make it necessary to provide a high-energy input to the calciner. In
order to achieve the required calcination temperature without CO2
dilution, Shimizu and co-workers [56] proposed to oxy-ﬁre coal
(auxiliary fuel) in the calciner with O2 provided by an external air
separation unit, whose estimated size would be approximately one
third of that required for an oxy-fuel power plant. This option serves to
reach the high temperatures in the calciner typical of oxy-ﬁring while
CO2 is not diluted, albeit CaO deactivation is further enhanced by
irreversible CaO sulphation and ashes due to in-situ coal oxycombus-
tion [55–58]. Recently, a combination of Oxy-combustion and CaL
technologies has been proposed for coal power plants with some
expected beneﬁts such as the reduction of the CaL system size [59].
The CaL technology has several potential advantages when com-
pared to amine scrubbing including a higher CO2 capture eﬃciency
(above 90%) with minor energy penalty over the power plant (4–9%)
[19,60] and the low cost, wide availability and non-toxicity of natural
CaO precursors such as natural limestone or dolomite [61]. Even
though several pilot plant projects (~ 1–2 MWth) are already showing
promising results [52,62] the CaL technology has not yet reached a
demonstration stage.
Another option for PCC is based on membrane separation, which
uses the pressure diﬀerence between the ﬂue gas and the removed CO2.
The membrane technology is generally useful to treat high-pressure
gases [63,64] in spite of which a large number of researches have
adapted it for post-combustion capture [43,65,66]. Regarding eﬃ-
ciency penalty associated to membranes use for PCC, it is estimated in
the range of 4.9–8.5% [63]. Membrane separation is a promising
solution to reduce the costs of PCC. However, the maximum pressure
ratio attainable by feed compression and/or permeate vacuum is
limited to approximately 10, due to cost and energy considerations
[65].
A recently proposed option for PCC is the use of electrochemical
processes in Molten Carbonate fuel cells. Some studies show that
electricity generation in the fuel cell partially compensates the penalty
on the original cycle in wastewater treatment plants [67] and power
plants [68–70].
The development of dry CO2 capture processes based on cheap
materials operating at relatively low temperatures, which would
require relatively low energy for sorbent regeneration, is considered
as a promising pathway to advance in the deployment of CO2 capture
technologies [3,71]. In the present manuscript, the use of an abundant
and cheap material such as sodium carbonate (Na2CO3) with a high dry
CO2 sorption capacity at relatively low temperatures is studied. Na2CO3
is the sorbent employed in the Dry Carbonate Process (DCP) early
proposed in [72,73] and currently being demonstrated at the pilot-
scale stage [74]. As Nelson et al. report [6], this capture process
exhibits many potential advantages. First, sorbent regeneration is
achieved at relatively low temperatures (100–200 °C) and it uses a
dry sorbent. This helps decreasing considerably the energy required for
sorbent regeneration as compared to amine based absorption, wherein
much energy is lost due to the requirement of heating the large
amounts of water in which the amine is dissolved. The DCP does not
require any ﬂue gas pretreatment and the reactor materials are not
subjected to high thermal stresses or corrosive issues at the tempera-
tures of operation. A further important advantage, as proposed in this
work, is that dry sorbent regeneration in the range of working
temperatures can be eﬃciently assisted by medium temperature solar
thermal power, which signiﬁcantly reduces energy penalty at aﬀordable
costs.
2.4. Challenges in the road to the deployment of CO2 capture
technologies
Each one of the above reviewed PCC technologies show speciﬁc
advantages but also challenges to overcome at their diﬀerent R &D
development stages. Nonetheless, PCC is considered as the most
appropriate technique to be applied in the short-term for its relatively
easy integration in existing fossil fuel power plants [75]. PCC integra-
tion penalizes power plant performance and this hampers indirectly the
global CO2 emissions reduction. The use of renewable sources such as
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solar thermal energy or biomass to aid the process is a possibility for
mitigating this penalty. An intense R &D activity is being carried out to
assess the feasibility of PCC-solar integration with the focus on
reducing solar installation costs and providing a signiﬁcant fraction
of the heat required for sorbent regeneration [76].
The main drawbacks that hinder the deployment of PCC technol-
ogies are the high cost of the full CCS chain and the high eﬃciency
penalty imposed on the power plant. Further obstacles are the
ﬁnancing of CO2 transport infrastructure, legal and regulatory frame-
works and insurance for safe permanent CO2 storage or utilization [71].
As discussed below, diverse alternatives have been analyzed for
mitigating the eﬃciency penalty through the assistance of solar thermal
energy mainly focussed on amines and CaL based PCC systems.
However, these studies fail generally to demonstrate net beneﬁts from
the solar-PCC integration in the absence of external incentives [77]. A
main inconvenient for the integration of solar in the CaL process is that
sorbent regeneration is rather energy intensive requiring calcination of
large ﬂow rates of solids at very high temperatures (900–950 °C) [50].
On the other hand, sorbent regeneration in amine-based capture
systems is carried out at relatively much lower temperatures (slightly
above 120℃) [41]. Yet, regeneration of the aqueous amine solution
involves heating a large amount of water which requires a high energy
supply [78]. In this sense, the Dry Carbonate Process stands as a
promising alternative since it demands a relatively small amount of
energy supply for sorbent regeneration. In this process the dry sorbent
(Na2CO3) is regenerated at much lower temperatures (150–200 °C) as
compared to the CaL system [6,72,74]. Thus, solar thermal energy
requirements for sorbent regeneration would be signiﬁcantly reduced,
which would favour the ﬂexibility and economic viability of the solar-
PCC integration.
3. Integration of renewables on post-combustion carbon
capture systems
A main objective of R &D activities on PCC is to signiﬁcantly reduce
CO2 emissions from fossil fuel plants with a reduced penalty on the
power plant eﬃciency due to the high amount of energy required by the
CO2 capture processes. One way on the road to facilitate demonstration
and deployment of PCC technologies is the use of renewable energy
sources such as solar or biomass. The energy supplied by these
renewable sources does not contribute to additional CO2 emissions
and is thus CO2 neutral in the global process.
The integration of solar thermal energy in PCC technologies can be
achieved through two diﬀerent strategies: i) by assisting sorbent
regeneration, and ii) by contributing to power production to minimize
the eﬃciency penalty. Main research activities regarding solar-assisted
PCC are focused on amine-based CO2 capture and the recently emerged
CaL process. In order to mitigate the high penalty associated to amine-
based capture systems, a number of R &D activities have been carried
out to assess the use of solar thermal technologies:
• Parvareh et al. [76] analyzed the use of diﬀerent solar thermal
technologies to support amine-based PCC for retroﬁtting CFPPs.
They concluded that the large amount of thermal energy required for
solar integration in this PCC technology would need a huge thermal
storage and considerably high solar capital costs, which raises
doubts on the feasibility of solar integration in amine based CO2
capture systems. In addition, the huge solar thermal energy require-
ment for such integration to be eﬀective is not available in most
geographical locations globally.
• Mokhtar et al. [79] reported a study to reduce the energy intensity of
the CO2 separation process for retroﬁtting existing fossil fuel power
plants. Partial solar thermal energy integration was assessed to
reduce the penalty derived from amine-based PCC energy input in a
CFPP case study of 300 MWe. A main conclusion of this work is that
the proposed integration could be economically viable for solar
collector costs of USD100/m2 and if more than 22% of the required
solvent regeneration energy is provided by solar thermal energy.
• A techno-economic analysis of solar-assisted PCC applied to diﬀer-
ent locations in Australia has been recently reported by Qadir et al.
[77]. The application was divided into three subsystems: the power
plant (660 MWe), the amine-based PCC plant and the solar collector
ﬁeld. Diﬀerent solar technologies were compared under scenarios
without and with heat integration between the three subsystems.
Regarding solar collectors, the integration based on evacuated tube
collectors performed better when heat integration between the three
subsystems is properly accomplished, whereas parabolic trough
collectors were more eﬀective in the case without heat integration.
The study concludes that process design (heat integration) and
climatic constraints are important considerations for the eﬀective-
ness of solar-assisted PCC. However, the cases under study did not
yield net beneﬁts of using any of the solar collector technologies
analyzed in the absence of incentives.
• Li et al. [80] studied the feasibility of integrating solar thermal
energy into amine-based PCC for a 520 MWe CFPP. They concluded
that, in order to have an improvement on electricity and CO2
avoidance costs with the solar integration, the prices of solar
thermal collectors and vacuum tubes should be lower than 150
USD/m2 and 90 USD/m2 respectively. Also, the viability of solar-
assisted PCC was highly dependent on climate conditions.
• Cohen et al. [41] have reviewed the use of high temperature solar
thermal technologies to assist amine-based PCC. As a main outcome,
it is concluded that using high temperature solar thermal energy for
direct electricity generation is more eﬃcient than using solar energy
for assisting sorbent regeneration.
• A small-scale pilot study has been carried out by Wang et al. [81,82]
on amine-based PCC coupled with a solar thermal sub-system. Two
types of solar collectors were used to gain the required thermal
energy of the reboiler (parabolic trough collectors and linear Fresnel
reﬂectors). Both of them could provide the required temperature
heat source at the small-scale of the test. The results suggested that
the eﬃciency of parabolic trough collectors was higher and less
dependent on solar radiation.
• Carapellucci et al. [83] analyzed two options for integrating renew-
able energies into a CFPP with CO2 post-combustion capture either
using an auxiliary biomass boiler or a concentrating solar power
(CSP) system. The obtained results for the biomass boiler integra-
tion showed that the power plant capacity was increased by
approximately 14% whereas the energy penalty (− 8%) was weakly
reduced as compared to the reference case (with an eﬃciency of
42%). Regarding the CSP system it was shown that its integration
causes a net eﬃciency decrease to 31%.
• Sharma et al. [84] proposed a highly integrated amine-based CO2
capture power plant in which a solar thermal plant provides heat in
order to avoid steam extraction from HP and IP turbines, which
increases power production. By means of a Heat Exchanger Network
(HEN) analysis, where the compressed gas energy is also utilized in
the integration process, a signiﬁcant reduction of power plant output
penalty is achieved (eﬃciency is increased up to 34.9% from 29.4%
for the base case).
In the case of CaL process, recent works have assessed the use of
CSP to support CaL-based PCC for retroﬁtting fossil fuel power plants:
• Zhang et al. [85] evaluated the energy eﬃciency of the CaL system
when the calciner is driven by a combination of oxy-fuel combustion
and CSP, which provides 101 MWth (a 7.4% of the total energy input
in the calciner). An integration of the CCR process into an ultra-
supercritical 1019 MWth power plant was proposed. In this scheme,
part of the CO2 leaving the calciner was heated in the solar collectors
after which it was returned to the calciner. Fossil fuel consumption
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in the calciner was reduced by 6.9 g/kWh compared to the coal-
driven case, which entails a decrease of the additional CO2 generated
and a decrease of the mass ﬂow rate of fresh limestone makeup. This
scheme leads to an overall eﬃciency penalty of 9.63% points
associated to the CO2 capture process. The thermal eﬃciency of
co-driven case is just 0.28% points below that of the conventional
coal-driven case (without CSP) due to the big losses of solar
radiation to thermal conversion, which hinders the CSP eﬃciency.
Accordingly, the increase of the CSP capacity reduces fuel consump-
tion, but thermal eﬃciency is penalized due to the decrease of CSP
eﬃciency.
• Zhai et al. [86] analyzed the CaL-PCC integration partially assisted
by CSP for retroﬁtting existing CFPPs in order to recover the energy
of the capture system. The work analyzes the integration through
two diﬀerent strategies, i) CFPP with solar aided CO2 capture system
((solar + CC) + PP), which uses solar energy to reduce the fuel
consumption in the calciner (a similar case than in [85]), and ii)
solar aided CFPP plant with CO2 capture system ((solar + PP) + CC)
where solar energy is used in the main cycle for increasing power
production. In both cases the solar thermal power available for the
cycle is 88.58 MWth. Results show that the second case is more
beneﬁcial regarding technical and environmental aspects, whereas
the ﬁrst case ((solar + CC) + PP) achieve a thermal eﬃciency slightly
higher than in the ((solar + PP) + CC) case (31.20% against 31.09%).
• Tregambi et al. [87] assessed the performance of coupling the CaL
system to CSP for a 100 MWth CFPP with the goal of using
renewable energy for providing all the thermal energy required in
the calciner. The maximum thermal energy needed in the calciner to
be provided entirely by CSP was 135 MWth. As a novelty, the plant
allows storing the excess power produced during the daytime as CaO
resulting from the endothermic CaCO3 calcination reaction, which
could be recovered from the exothermic CaO carbonation reaction
during the nighttime. They concluded that the CO2 capture eﬃciency
reaches a value close to 90% whereas 80% of the thermal input from
the CSP system to the calciner can be recovered.
4. Detailed analysis on dry-carbonate process
In the rest of this work the use of an abundant and cheap material
such as sodium carbonate (Na2CO3) with a high dry CO2 sorption
capacity at relatively low temperatures is analyzed.
4.1. Description
CO2 is captured in the Dry Carbonate Process through the chemical
binding of CO2 to Na2CO3 in the carbonator reactor at operating
temperatures below 100 °C. Na2CO3 is converted to NaHCO3 through
the chemical reaction with CO2 in the presence of steam. The sorbent is
regenerated back to its carbonate form when heated at temperatures
above 100 °C, thus releasing a nearly pure CO2 stream after steam
condensation. The design of the Dry Carbonate Process takes into
account the need to periodically replenish a certain amount of sorbent
makeup due to particle attrition and the loss of sorbent activity by the
irreversible reaction with SO2 and HCl. It should be noted however that
in post- wet ﬂue gas desulfurization, SO2 and HCl are present in the
ﬂue gas at very low concentrations (less than 20 ppm for SO2 and
1 ppm for HCl), which would require a lower amount of fresh sorbent
makeup ﬂow. Fig. 2 shows a schematic ﬂow diagram of the Dry
Carbonate process.
The Dry Carbonate Process is particularly well suited for being
retroﬁtted into CFPPs with wet ﬂue gas desulfurization and for natural
gas–ﬁred power plants. In the work conducted by Nelson et al. [74] it
was estimated that a commercial-scale Dry Carbonate Process (a
500 MWe nominal power plant fed with natural gas and carbon) would
require an initial sorbent loading of roughly 387 t and a makeup rate of
fresh sorbent of about 0.2 t/h. After integration of the Dry Carbonate
Process, the net eﬃciency of the plant would suﬀer a drop from 40.5%
to 33.4% (7.1% penalty). In the case of power plants fed only with coal,
there is a larger concentration of CO2 in the ﬂue gas and a larger
amount of sorbent for CO2 capture is needed whereas a similar loss of
eﬃciency is expected.
The reactions involved in the capture of CO2 using Na2CO3 result in
the reversible formation of NaHCO3 and Wegscheider's salt (Na2CO3·
3NaHCO3) according to Eqs. (3) and (4) [74]:
Na CO CO H O NaHCO H kJ
mol
+ + ⇌ 2 ∆ = −135. 56s g g2 3( ) 2( ) 2 ( ) 3 (3)
Na CO CO H O Na CO NaHCO
H kJ
mol
+ 0, 6 + 0, 6 ⇌ 0, 4[ 3 ]
∆ = −135. 98
s g g s2 3 ( ) 2 ( ) 2 ( ) 2 3 3 ( )
(4)
Other possible reaction byproducts, such as sodium sesquicarbo-
nate (Na2CO3·NaHCO3·2H2O) and sodium bicarbonate hydrate
(NaHCO3·2H2O) are negligible at the reaction conditions of interest.
Both forward reactions are exothermic. Therefore, heat integration is
important for an eﬃcient implementation of the process in a commer-
cial system. Thermodynamically, the formation of Wegscheider's salt is
favored under practical H2O and CO2 partial pressures at reaction
temperatures of 70 °C and above. For regeneration of the sorbent,
NaHCO3 decomposes to Na2CO3, H2O and CO2 in the temperature
range of 100–200 °C [88] although ideally fast conversion is reached at
200 °C [89].
Multicycle carbonation/regeneration tests reported in [74] show
the results plotted in Fig. 3 for Na2CO3 conversion as a function of the
cycle number (carbonation at 60 °C and regeneration at 160 °C). Even
though further thermogravimetric analysis tests should be carried out
including a larger number of cycles and analyzing also the reaction
kinetics, these results suggest that conversion is kept stable at a
relatively high level (around 0.9), which may be explained by the
relatively low temperatures used for sorbent regeneration.
Potential contaminants present in the ﬂue gas, such as SO2 and
Fig. 2. General scheme of the dry carbonate process.
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HCl, could react irreversibly with Na2CO3 at process conditions
according to the following reactions (Eqs. (5) and (6)):
Na CO HCl NaCl CO H O+ 2 ⇌ 2 + +2 3 2 2 (5)
Na CO SO O Na SO CO+ + 1
2
⇌ +g2 3 2 2( ) 2 4 2s g( ) ( ) (6)
Formation of NaCl and Na2SO4 reduces the capacity of the sorbent
for CO2 capture in subsequent cycles. However, the relative concentra-
tions of HCl and SO2 are one order of magnitude lower than the CO2
concentration present in the ﬂue gas following wet FGD (ﬂue gas
desulfurization) treatment, which mitigates the irreversible loss of
conversion due to this issue.
4.2. Chemistry of the process
In order to gain further understanding of the dry carbonation
process, the reaction mechanisms of Na2CO3 carbonation are detailed
in this section. A possible mechanism by which Na2CO3 reacts with CO2
is (Eqs. (7)–(10)) [90]:
CO H O H O HCO+ 2 → +2 2 3 + 3− (7)
HCO H O H O CO+ → +3− 2 3 + 3− (8)
Na CO Na CO→ 2 +2 3 + 3− (9)
Na HCO NaHCO+ →+ 3− 3 (10)
If the gas contains SO2 other reactions would occur in the
carbonation process. SO2 can dissolve into water yielding sulfurous
acid (H2SO3), and then the sulfurous acid dissociates, forming H
+ and
HSO3
- (Eq. (11)):
SO H O H SO H HSO+ → → +g2( ) 2 2 3 + 3− (11)
Meanwhile, before the gas is dissolved into water, part of the SO2
can react with O2 to form SO3, after which the SO3 gas may dissolve
into water to form sulfuric acid, which dissociates to H+ and SO4
2− ions
leading to a reduction of the solution pH value. In addition, sulfurous
acid (H2SO3) can also react with O2 to form sulfuric acid. These
reactions are given by Eqs. (12)–(14):
SO O SO2 + → 2g g g2( ) 2( ) 3( ) (12)
SO H O H SO H SO+ → → 2 +g aq3( ) 2 2 4( ) + 42− (13)
H SO O H SO H SO2 + → 2 → 4 + 2aq g aq2 3( ) 2( ) 2 4( ) + 42− (14)
Also, chlorine present in the ﬂue gas could react with water to form
H3O
+ and Cl- (Eq. (15)):
HCl H O H O Cl+ → +2 3 + − (15)
Besides, part of Na+ could react with SO4
- and Cl- according to Eqs.
(16) and (17):
Na SO NaSO+ →+ 4− 4 (16)
Na Cl NaCl+ →+ − (17)
In order to model accurately the process, equilibrium reactions and
salts formation were implemented in the computational model of our
work. The salts formation reactions that can occur are (Eqs. (18)–
(21)):
Na CO H O Na CO H O2 + + 10 → ∙ 10+ 3− 2 2 3 2 (18)
Na CO H O Na CO H O2 + + 7 → ∙ 7+ 3− 2 2 3 2 (19)
Na CO H O Na CO H O2 + + → ∙+ 3− 2 2 3 2 (20)
Na CO HCO H O Na CO NaHCO H O3 + + + 2 → 2( ∙ ∙ 2 )+ 3−− 3− 2 2 3 3 2 (21)
Thus, in addiction to sodium bicarbonate (NaHCO3) other salts can
be formed from the reactions involving CO2, water and soda ash:
sodium carbonate decahydrate (Na2CO3·10H2O), sodium carbonate
heptahydrate (Na2CO3·8H2O), sodium carbonate monohydrate
(Na2CO3·H2O), Wegscheider's salt (Na2CO3·3NaHCO3) and trona
(Na2CO3·NaHCO3·2H2O) [91]. Fig. 4 shows the evolution of reaction
equilibrium constants with temperature for the production of NaHCO3
and other salts used in this work (adapted from [91]). The data was
well ﬁtted to the Eq. (22) [90]:
lnK A B
T
Cln T DT= + + ( ) +s (22)
Best ﬁtting parameters are shown in [90].
5. Case study: CFPP- dry-carbonate process (DCP)
integration
5.1. Baseline CFPP
This section shows results from the simulation of the retroﬁtting of a
150 MWe CFPP with a Dry Carbonate CO2 capture system to assess the
eﬀects on the power plant and global system performance and to assess
the feasibility of assisting sorbent regeneration by solar thermal energy.
Flue gas exiting the power plant is characterized by a dilute
concentration of CO2 and a large volumetric ﬂow at ambient pressure.
Thus, a typical 505 MWe pulverized CFPP plant produces 28,300 m
3 of
ﬂue gas per minute with a CO2 volume concentration between 10% and
15% [92]. In this work, a reference coal ﬁred plant of 150 MWe has
been considered. The reference plant scheme is illustrated in Fig. 5
taking as a reference the integration model developed by Ortiz et al.
[93]. The main data of the CFPP are given in Table 1.
Post-combustion ﬂue gas characteristics are detailed in Table 2:
5.2. Dry carbonate process (DCP) integration
A schematic representation of the integrated process for CO2 capture
proposed in this work is shown in Fig. 6. Simulations were done using
ASPEN PLUS™ environment [94]. Main units are indicated in the layout:
for carbonation (CARB) and decarbonation (DECARB) of the sorbent, two
separation units and heat exchangers for heat recovery and water
Fig. 3. Na2CO3 conversion as a function of the cycle number (data extracted from [74]).
Fig. 4. Ln(Ks) values for reactions involved in NaHCO3 production (derived from [90]).
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condensation at the end of the process are implemented. In the carbonator,
inlet streams are water (WATHOT), sodium carbonate (NA2CO3) and
cooled ﬂue gas (FGPLAN4). The following assumptions have been
considered in the simulation in ASPEN: i) ideal gas-solid separation, ii)
auxiliaries are enough for heating and cooling necessities in the plant, iii)
auxiliaries electric power consumption is not considered, iv) steady state
operation is assumed, v) the regenerator reactor model is based on
chemical and phase equilibrium through Gibbs’ free energy minimization
method, and iv) 90% isentropic eﬃciency is considered in the CO2
compressor
The carbonator works at 60 °C and absolute pressure 1.01 bar for
CO2 sorption. Under these conditions, formation of Weigscheider’ salt
is thermodynamically favored. The CO2 input ﬂow to the carbonator
(FGPLANT) is 136 t/h (3080 kmol/h) while the CO2 output ﬂow
(CARB-OUT) is 10.7 t/h CO2. Eﬃciency of CO2 capture in the
carbonator is evaluated as:
ε m m
m
= ̇ − ̇
̇
= 0, 92ABS CO FGPLANT CO CARB OUT
CO FGPLANT
2, 2, −
2, (23)
Here εABS is the eﬃciency of absorption, while mCO2, FGPLANT and
mCO2, CARB.OUT represent the CO2 mass ﬂows of ﬂue gas exiting the
CFPP and the carbonator, respectively.
Fig. 5. Reference coal ﬁred power plant scheme used in the present work.
Table 1
Reference data for a 150 MWe coal ﬁred plant (data scaled from [48]).
Item Magnitude Unit
Coal consumption 61 ton/h
Air intake 692 ton/h
Gross power introduced with fuel 447 MWth
Net power supplied 397 MWth
Net Power produced 150 MWe
Net eﬃciency 33.5 %
Table 2
Flue gas flow for a 150 MWe coal ﬁred plant (data scaled from [48]).
Coal ﬂue gas component Mole flow (kmol/h) Mass flow (tons/h)
N2 17,154.21 529.71
CO2 3085.62 135.96
H2O 1471.86 29.4
O2 781.8 27.57
CO 140.7 3.93
NO 135.36 4.47
SO2 37.53 2.64
Fig. 6. Dry carbonate process layout.
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Assuming a conservative value for Na2CO3 conversion (X = 0.75) in
the carbonator ([74], see Fig. 3), the required mas ﬂow of Na2CO3 is
430 t/h, which yields a mass ratio Na2CO3/CO2 of 3.2 kgNa2CO3/kgCO2.
In the best scenario (X = 1), this mass ratio would be 2.4 kgNa2CO3/
kgCO2. Na2CO3 carbonation proceeds at an equimolar amount of CO2
and H2O, which yields a hot water requirement of at least 55.4 t/h.
Within this amount, 27 t/h are taken directly from the residual steam
in the post-combustion ﬂue gas while the rest must be added from an
external source. Table 3 shows the values of main operation parameters
in the carbonator and calciner reactors.
Following the proposed layout (Fig. 6), the solids stream consists of
Na2CO3·3NaHCO3 since NaHCO3 and H2O (NAHCO3C) is separated in
the ﬁrst separation unit from air and ﬂue gas (FLUE) and is sent to the
regenerator. Sorbent regeneration is carried out in this reactor, which
releases a CO2 concentrated stream. The amount of CO2 released in the
regenerator is 127 t/h at 140 °C with a 100% eﬃciency of CO2 stripping
from the sorbent.
From the energy balance in the regenerator, it may be calculated
that a total 122.48 MWth are required for maintaining the process. This
heat can be obtained by burning additional coal or from another
external source. In this work, the novel use of solar thermal power is
proposed for that purpose. Pressurized hot water can be stored for a
relatively long time at temperatures above 140 °C. Table 4 details the
balances between the input and output ﬂows in the calciner. It must be
taken into account that part of the sorbent is lost during the overall
process because of the irreversible reactions with SO2 and HCl at the
process conditions (Eqs. (5) and (6)). The loss of sorbent requires a
make-up ﬂow of 3 t/h of Na2CO3 in order to maintain the capture
eﬃciency in the carbonator. After the regeneration stage, Na2CO3 is
separated from the gas stream and it is recirculated into the carbonator
at 80 °C.
From the calciner, a gas ﬂow of 17.8 t/h (29% steam and 71% CO2
by weight) is sent to a train of heat exchangers/coolers for heating and
H2O recovery. Finally, a ﬂow of 12.7 t/h of pure CO2 is compressed
through three intercooled stages up to 70 bar, with a global power
consumption of 1.5 MWe, after which it is sent to storage. Considering
the energy needed in the regenerator for sorbent regeneration,
integration of the DCP yields a plant eﬃciency given by Eq. (24):
η W W
Q Q
=
̇ − ̇
̇ + ̇plant
CFPP cons DC
CFPP DC
,
(24)
Here ηplant is the plant eﬃciency, WCFPP and QCFPP are the net
power production and the thermal power consumptions of the CFPP,
while Wcons, DC and QDC are the electric power consumption and the
thermal power consumption in the DCP, respectively. By considering
the work for CO2 compression (WCOMP) and solids conveying (Wsolid),
parasitic power consumption (Wcons,DC) is given by Eq. (25):
W W Ẇ = ̇ + ̇cons DC solid COMP, (25)
Here a conservative value of Wsolid = 5.5 kWh/ton can be used for
estimating the solids conveying energy [95], which yields (Eq. (26)):
W m kwh
ton
MWel̇ = ̇ ∙ 5, 5 = 2. 37solid Na CO2 3 (26)
being Na2CO3 the sodium carbonate mass ﬂow. A summary of the
global plant data is given in Table 5.
By considering the extra-heat that must be supplied from coal to
integrate the DCP, the global plant eﬃciency drops from 33.5% to
23.3%. The results obtained by imposing diﬀerent carbonator and
regenerator temperatures are shown in Fig. 7.
In the temperature range 50–70 °C for the carbonator, power
consumption varies within the range 126.5–138.8 MWth. As will be
seen below, integration of solar thermal power to aid sorbent regen-
eration, as newly proposed in this work, could serve to mitigate
signiﬁcantly the eﬃciency penalty related to the carbon capture system.
5.3. Optimized plant conﬁguration
The modiﬁed conﬁguration proposed in this section is schematized
in Fig. 8. A solid-solid heat exchanger (HEATEXCH) has been included
between the two reactors with the aim of reducing the total amount of
heat required in the regenerator. This heat exchanger allows for
increased temperatures in the regenerator, which enhances the reac-
tion rate with little additional expense of thermal power. The modiﬁed
conﬁguration also leads to a reduction of the power consumption for
compression by introducing a multi-stage compression with inter-
refrigeration included. A sensitivity analysis using this conﬁguration
has been also carried out to analyze the variation of power required for
diﬀerent carbonator/regenerator temperatures (Fig. 9).
In this case, the analysis shows (Fig. 9) that power consumption is
in the range 111.9–116.4 MWth. In this new conﬁguration, it is
possible to increase temperature in the regenerator with just a slight
increase of power consumption and the advantage of enhancing
reaction kinetics. Thus, heat recovery reduces the heat required for
sorbent regeneration by about a 10%. The heat required using this new
conﬁguration (with working conditions in the regenerator set to 200 °C
and 1.01 bar) is 114 MWth.
The integration of solar thermal heat for aiding sorbent regenera-
tion is a feasible option to achieve the required temperatures in the
regenerator. This renewable heat source support would mitigate
signiﬁcantly the operational expenditure (OPEX) penalty associated
to the carbon capture system integration.
In order to minimize the power consumption of CO2 compression a
multistage compression system is proposed. Conﬁgurations with two
and three stages and diﬀerent compression ratios were considered,
Table 6. A three-stage compression with an inter-refrigeration stage at
20 °C reduces the compression power from 15 MWe (baseline case) to
11.16 MWe
Table 7 shows power consumption in the diﬀerent parts of the
system after introducing the proposed modiﬁcations:
With these modiﬁcations, the global eﬃciency of the plant (coal
power plant + CCS) is increased by 0.9% (from 23.3% to 24.2%). In the
above calculations, a constant value of sorbent conversion X = 0.75 was
used. Table 8 shows the eﬀect of sorbent conversion (X) on global
eﬃciency. This parameter should be determined with further certainty
from lab-scale thermogravimetric studies under realistic process con-
ditions such as the solids residence time in the reactors in future works.
Nevertheless, the eﬃciency variation is just around 1% in a wide range
of sorbent conversions (between 0.4 and 0.95, Table 8).
To achieve a near to zero CO2 emissions global system, renewable
energy must be used for heating the regenerator, either solar or
biomass when there is no availability of solar direct irradiation, which
may be accomplished by storing heat. A number of storage materials
for sensible storage systems are listed in Table 9. Solid storage and
liquid storage media are presented for indirect storage of thermal
energy, i.e. thermal energy from a heat transfer ﬂuid (e.g. thermal oil,
air) is transferred to a solid storage medium [96].
For this study, the storage volume needed for supplying the heat for
regeneration during 12 h has been estimated. For example, a volume of
25 m × 25 m × 10 m is required for cast iron in order to cover a storage
capacity of 12 h while if sand-rock mineral oil is used the required
Table 3
Carbonator and calciner working conditions.
Carbonator Calciner
Outlet temperature [°C] 60 140
Outlet pressure [bar] 1,01 1.01
Net heat duty [MWth] −101.240 122.480
Total feed stream CO2 ﬂow [ton/h] 135.550 0
Total product stream CO2 ﬂow [ton/h] 10.620 127.010
Net stream CO2 production [ton/h] −124.930 127.010
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volume is 50 m × 50 m × 10 m (Table 9). Storage capacity has been
estimated including a utilization coeﬃcient futilization. This factor
depends on the heat conductivity of the storage medium and the
operational mode of the storage [97]:
Q f m c T= . . . ∆storage utilization p mix max/ (27)
where m is the mass [kg], cp is the mean heat capacity [J/(kg K)] and
ΔTmix/max is the temperature diﬀerence of the working ﬂuid. Estimated
associated costs of the solar system are included in the economic
sensitivity analyses. These storage volume sizes constrain the applic-
ability of the integrated CCS/solar solution as depending on space
availability.
Another possibility for achieving the near to zero CO2 emissions
global system would be using biomass to meet power requirements for
the regenerator. By considering an average heat capacity of biomass of
10.87 MJ/kg (Table 10), a biomass ﬂow rate input of 44.5 t/h is
necessary. If wood chips are used, the storage capacity for the biomass
needed for one week of plant operation would be around 17,500 m3.
Under the Carbon Emissions Reduction Target (CERT), a factor of
0.0249 kgCO2/kWh is assumed for wood [99]. In the case study a factor
of 0.03 tonCO2/MWh is considered. Thus, an additional amount of
3.5 t/h (from 10.7 t/h to 14.2 t/h) must be taken into account in the
analysis.
5.4. CFPP- dry-carbonate process integration: economic analysis
A detailed techno-economic analysis to assess the integration of
medium temperature solar thermal technology to assist regeneration of
the dry sorbent has been carried out. If heat for regenerator is obtained
from solar thermal power the economic eﬃciency (deﬁned in this case
as the ratio between power production −136 MWe- and fossil fuel
consumption −447 MWth- without considering solar thermal power)
would be 30.5%. A number of assumptions according to diﬀerent
scenarios were made for the economic analysis. These diﬀerent
scenarios were deﬁned in terms of:
– Electricity production, to take into account the penalty on electricity
generation of the ancillary equipment consumption and parasitic
loads (consumption in compressors, solids conveying and other
ancillary equipment). All these factors have been considered by an
electricity penalty of 10.1%.
– Variation of fuel costs, to include in the analyses the variability of
fuel costs.
– Uncertainties in plant installation costs, to take into account
uncertainty in the evolution of equipment costs. The maximum
deviation has been taken as a ± 9% of the average installation price.
– DCP costs. As for any novel technology, there is uncertainty on the
installation costs and its evolution. A range of ± 50% for CCS
installation cost has been considered.
– Diﬀerent ﬁxed charge factors were in addition considered for the
diﬀerent scenarios.
Under these considerations, three scenarios were deﬁned:
– Scenario P (Pessimistic Scenario). The pessimistic scenario implies a
combination of the following factors: highest penalty in electricity
generation (it has been taken as the maximum error in estimating
parasitic electricity losses), highest costs and a ﬁxed charge factor of
0.15.
– Scenario BE (Best Estimated Scenario). In this scenario, the values
derived from the simulation above described were used to deﬁne the
eﬃciency of the system. It considers a capital cost of 30 M€ [6] for
the CCS technology and a ﬁxed charge factor of 0.1.
– Scenario O (Optimistic Scenario). This optimistic scenario considers
a range of minor fuel cost and minor costs of the CCS technology and
plant installation. Furthermore, it considers the smallest change in
electricity production and the smallest ﬁxed charge factor of 0.075.
Table 11 summarizes the data used for calculating the costs
according to the diﬀerent scenarios for a total amount of 1089 kton/
year avoided CO2 emissions using the DCP.
Along with capital investment and operating and maintenance (O &
M) cost, energy consumption is a main factor that determines the
viability of a CO2 capture technology. The speciﬁc energy consumption
for CO2 avoided (SPECCA) is usually employed to quantify the
additional fuel consumption (in MJ) needed to avoid the emission of
1 kg of CO2 into the atmosphere [42] (Eq. (28)):
SPECCA
E E
MJ
kg
= 3600
−
−
η η
ref CCS CO
1 1
2
CCS ref ⎡
⎣⎢
⎤
⎦⎥ (28)
where ηref and ηCCS are the power plant eﬃciencies, and Eref and ECCS
are the CO2 emissions ratios (in kgCO2 /MWhel) without and with the
DCP integrated, respectively. Table 12 shows the results obtained from
the SPECCA analysis for the diﬀerent scenarios:
If the analysis is performed in terms of operational expenditures,
and heat for regeneration of the sorbent is provided by solar (evaluated
as a free energy intake from the point of view of OPEX), an operational
eﬃciency (ηCCS ECO, ) and a speciﬁc energy consumption for CO2 avoided,
considering only the fossil fuel (SPECCAECO) can be deﬁned as:
Table 4
Calciner streams composition.
CO2+ NA NAHCO3H
Temperature (°C) 140 60
Pressure (bar) 1.01 1.01
Mass ﬂow (ton/h)
H2O 50.28 1.44
CO2 124 0
Na2CO3 323.25 442.7
NaHCO3 0 11.39
Wegsheider's salt 44.39
Table 5
Power balance without heat recovery.
Power production Power consumption
CFFP 150 MWe 447 MWth
Decarbonator 122.5 MWth
COMP 15 MWe
Wsolid 2.37 MWe
Net Power 132.53 MWe
Total heat requirement 569.5 MWth
Fig. 7. Thermal power required for diﬀerent carbonator and regenerator temperatures.
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η Net Power Production MW
Fossil Fuel Consumption MW
= ( )
( )CCS ECO
e
th
, (29)
SPECCA
E E
MJ
kg
= 3600
−
−
η η
ref CCS CO
1 1
2
CCS ECO ref, ⎡
⎣⎢
⎤
⎦⎥ (30)
Fig. 8. Optimized plant conﬁguration proposed in this work.
Fig. 9. Power consumption for diﬀerent operating conditions (including heat recovery).
Table 6
CO2 compression power.
Two-stage compression Three-stage compression
Component Exhaust pressure
(bar)
Power
(MWe)
Exhaust pressure
(bar)
Power
(MWe)
COMP1 9 6.29 4.2 3.78
COMP2 75 6.02 17.6 3.78
COMP3 – – 75 3.6
Global Wcomp 12.31 11.16
Table 7
Global plant energy balance.
Power production Power consumption
CFFP 150 MWe 447 MWth
Decarbonator 114.9 MWth
COMP 11.16 MWe
Wsolid 2.47 MWe
Net Power 136.37 MWe
Total heat 561.9 MWth
Table 8
Efficiency values for different sorbent conversion factors (X).
X Na2CO3 ﬂow
( kmol/h)
Calciner
(MWth)
Carbonator (
MWth)
Wsolid
(MWe)
Efficiency (%)
0.4 84.5 119.5 − 104 4.6 23.2
0.75 42.93 114.9 − 101 2.47 24.2
0.95 32.86 111 − 98 1.89 24.37
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The economic cost of CO2 capture can be estimated in diﬀerent
ways, yet the most commonly used method contemplates incremental
cost of electricity (€/kWh) and avoiding CO2 cost (AC) expressed in
terms of €/tonCO2 avoided [100] (Eqs. (30) and (31)):
COE COE COEΔ = −CCS ref (31)
AC COE
ton
kWh
ton
kWh
= Δ
−CO
CCS
CO
CCS
2 2⎛
⎝⎜
⎞
⎠⎟
⎛
⎝⎜
⎞
⎠⎟ (32)
Here COE is the cost of electricity, the sub-index CCS represents the
carbon capture and storage system and the sub-index ref refers to the
reference plant (coal ﬁred plant). For an accurate economic analysis,
the lack of imposed taxes to CO2 emissions has been taken into
consideration. The costs of electricity in the three diﬀerent scenarios
for the reference plant are given by Eq. (33):
COE Fixed Cost Variable Cost Fuel Cost
TCR FCF
h
VOM FC
η
= + +
= ∙
8760
+ +
el (33)
where η is the global plant eﬃciency (η = 0.335 for the reference plant).
Regarding the solar thermal power technology that would be used
for producing the thermal power required for sorbent regeneration, a
cost range between 1500 and 3500 €/kW [11] has been estimated for a
parabolic trough plant with thermal energy storage [96]. This solar
thermal technology can supply heat for regeneration of the dry sorbent
at the required temperatures in the regenerator. Thus, to supply the
heat required for the CCS system the expected cost has been calculated
as (Eq. (34)):
E M c M
MW
MW( €) = € ∙ Φ ( )SOLAR SOLAR REGENERATOR
⎛
⎝⎜
⎞
⎠⎟ (34)
where cSOLAR is the solar plant cost and ΦREGENERATOR is the thermal
power required by the regenerator.
The summarized COE costs for the three scenarios are shown in
Table 13:
Table 14 shows the COE and investment costs for the three
scenarios considered to facilitate the analysis on the eﬀect of solar
thermal power cost (in the range between 1500 €/kWth and 3500
€/kWth). It includes the cost of the heat storage system. Regarding the
cost of electricity with a CCS system, electric eﬃciency depends on
power consumption for the diﬀerent scenarios. Table 15 shows the
variation of COE for diﬀerent estimations of solar thermal power costs.
The costs of the other components and reactors are estimated in the
range between 20 and 40 M€, estimated and extrapolated from the
layouts presented in [6102]. Finally, maintenance and operation costs
are assumed as 10% of the total investment cost. The total cost of the
CCS system is given by Eq. (35):
E E E E= + +TOT SOLAR DRYCARBONATE O M& (35)
where ETOT is the total investment cost, ESOLAR is the solar plant
installation cost, EDRYCARBONATE is the carbon capture system installa-
tion cost and EO&M represents the cost due to operation and main-
Table 9
Main properties of materials to store energy in the form of sensible heat [97,98].
Temperature (°C) Cold
Hot
Average density
(kg/m³)
Average heat
conductivity (W/ (mK))
Average heat
capacity (kJ/(kgK))
Thermal diffusivity
(m2/s)
Volume specific heat
capacity (kWht/m3)
Volume (m3)
Solid storage media
Sand-rock-mineral
oil
200 300 1700 1.0 1.30 4.5 × 10–7 60 22,460.1
Reinforced
concrete
200 400 2200 1.5 0.85 8.0 × 10–7 100 13,271.9
Cast iron 200 400 7200 37.0 0.56 9.2 × 10–6 160 6155.4
Liquid storage media
Mineral oil 200 300 770 0.12 2.6 6.0 × 10–8 55 24,793.6
Synthetic oil 250 350 900 0.11 2.3 5.3 × 10–8 57 23,979.1
Silicone oil 300 400 900 0.10 2.1 5.3 × 10–8 52 Out of range
Nitrite salts 250 450 1825 0.57 1.5 2.1 × 10–7 152 Out of range
Table 10
Properties of different typologies of wood chips.
Wood chips Hi[MJ/kg] ρ[kg/m
3] Hi[MJ/ m
3]
Chestnut 10.53 580 6106.24
Beech 13,45 750 10084.95
Spruce 7.90 450 3556.98
Larch 11.60 660 7654.88
Average 10.87 610 6630.29
Table 11
CO2 emission data for diﬀerent scenarios.
Reference plant Dry carbonate (P) Dry carbonate (BE) Dry carbonate (O)
Power (MWe) 150 150 150 150
CCS Power consumption (MWe) – 25 13.63 13
Regenerator Heat requirement (MWth) – 119 114.9 111
Net power (MWe) 150 125 136.37 137
CO2 Emissions (ton/h) 136 10.7 10.7 10.7
CO2 Emissions (kmol/h) 3080 243.2 243.2 243.2
CO2 Avoided Emissions (kton/year) 1089 1089 1089
CO2 Emissions (tons/ MW he/h) 0.9 0.085 0.078 0.078
Table 12
SPECCA analysis for different scenarios.
Item Scen. P Scen. BE Scen. O
Net Power Production (MWe) 125 136.37 137
CO2 CCS (ton/h) 10.7 10.7 10.7
ECCS (kgCO2/kW hel) 85.60 78.46 78.10
ηCCS 0.232 0.242 0.244
SPECCA (MJ/kgCO2) 5.86 5.03 4.90
ηCCS_ECO 0.279 0.305 0.306
SPECCA_ECO(MJ/kgCO2) 2.65 1.29 1.24
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tenance including contingencies. Total CFPP retroﬁtting investment
cost are shown in Table 16 as a function of investment costs for the
three scenarios and solar ﬁeld prices considered.
After the economic evaluation of electricity costs and avoided CO2
emissions with the DCP assisted by medium temperature solar thermal
power, net present value (NPV) and Simple Pay Back (SPB) are
analyzed with the goal of assessing the eﬀects of carbon taxes and
installation funds for renewables technologies. To carry out these
analyses, carbon taxes are assumed as ﬁxed through the next years in
the worst scenario (Scenario P) while they are assumed to increase in
future years for the optimistic scenario (Scenario O). Additionally to
these assumptions, for further viability analyses European or National
funds could be considered because of the integration of solar thermal
power to reduce CO2 emissions. The net gain from avoided CO2
emissions is given by Eq. (36):
E ton ton c= ( − ) ∙CO AVOIDED CO ref CO CCS CO2, 2, 2, 2 (36)
where ECO2 AVOIDED is the avoided cost due to the avoided emission of
CO2, tonCO2, ref and tonCO2, CCS are the CO2 emissions without and with
the DCP integrated, respectively, while cCO2 is the carbon tax expressed
in €/tonCO2. The energy simple payback period, SPB, is the time to
recover the initial investment in energy savings. SPB is calculated as
the ratio of capital costs to the annual energy cost savings (Eq. (37)):
SPB E
E
= TOT
NET year,GAIN, (37)
where ETOT is the total investment of the plant while ENET, GAIN, year
represents the annual economic gain due to the avoided emissions.
Fig. 10 illustrates the SPB curves for the three scenarios as function of
total CFPP retroﬁtting capital cost.
The net present value (NPV) is calculated as the discounted cash
ﬂow minus the capital cost (Eq. (38)):
∑NPV E i E= ( +1) −n
n
NET GAIN year
n TOT
=0
, ,
(38)
where n represents the year number and i is the discount rate. Fig. 11
illustrates the variation of NPV as a function of the carbon taxes value
for ﬁxed discount rate (i = 0.1) and diﬀerent values of investment cost.
It shows the high dependence of NPV under diﬀerent situations of
carbon taxes. If the economic proﬁt for the avoided CO2 emissions is
not enough to balance the additional investment cost an increase of
electricity price ( PRICE∆ EL) is required. The annual revenues due to
this incremental cost is given by Eq. (39):
E PRICE
kwh
P MWh
year
= ∆ € ∙INCR EL NET year,
⎛
⎝⎜
⎞
⎠⎟
⎛
⎝⎜
⎞
⎠⎟ (39)
where EINCR, expressed in M€/year, represents the revenues due to the
incremented cost of selling electricity while PNET, year is the total
electric energy per year produced by the plant. Thus, the total yearly
revenue (ETOT, REV) would be (Eq. (40)):
E E E= +TOT REV NET GAIN year INCR, , , (40)
The required rise of electricity price associated to each case is
shown in Table 17:
Table 13
COE for different scenarios.
Item Item Units Scen. P Scen. BE Scen. O
Fuel cost [101] FC €/kW h 0.03 0.023 0.02
Capital cost TCR €/kWe 1200 1100 1000
Fixed charge factor [101] FCF year−1 0.15 0.1 0.075
Variable cost VOM €/kWe 0.006 0.006 0.006
COEref €/kW h 0.116 0.087 0.074
Table 14
COE for CCS system (as function of Solar Capital Costs).
Item Item Units Scen. PE Scen. BE Scen. O
Net power production MWe 125 136.37 137
ηel 27.9 29.9 30.2
ηsystem % 22.1 24.2 24.37
Dry Carb. Capital cost
[6,102]
TCR M€/ MWe 0.32 0.223 0.148
Solar capital cost [103] TCR M€/MWth 1.5
COECCS €/kW h 0.165 0.115 0.095
AC €/tonCO2 60.416 34.245 25.421
Solar capital cost [103] TCR M€/ MWth 2
COECCS €/kW h 0.174 0.121 0.099
AC €/tonCO2 64.223 41.188 30.629
Solar capital cost [103] TCR M€/ MWth 2.5
COECCS €/kWh 0.182 0.127 0.103
AC €/tonCO2 73.736 48.132 35.837
Solar capital cost [103] TCR M€/ MWth 3
COECCS €/kW h 0.191 0.132 0.108
AC €/tonCO2 83.249 55.076 41.045
Solar capital cost [103] TCR M€/ MWth 3.5
COECCS €/kW h 0.199 0.138 0.112
AC €/tonCO2 92.762 62.020 46.253
Table 15
ΔCOE (€/kWhel) for diﬀerent costs of solar thermal ﬁeld.
Solar thermal cost ( €/kWth) Scen. P Scen. BE Scen. O
1500 0.0492 0.0281 0.0209
2000 0.0578 0.0339 0.0252
2500 0.0664 0.0396 0.0295
3000 0.0749 0.0453 0.0337
3500 0.0835 0.0510 0.0380
Table 16
Total CFPP retrofitting cost calculated by considering several CSP plant prices.
Solar thermal cost 1.5 M€/ MWth
Units Scen. P Scen. BE Scen. O
ESOLAR M€ 179.25 172.35 166.5
EDRY M€ 40 30 20
EO&M M€ 21.92 20.23 18.65
ETOT M€ 241.17 222.58 205.15
Solar Thermal Cost 2 M€/ MWth
Units Scen. P Scen. BE Scen. O
ESOLAR M€ 239 229.8 222
EDRY M€ 40 30 20
EO&M M€ 27.9 25.98 24.2
ETOT M€ 306.9 285.78 266.2
Solar Thermal Cost 2.5 M€/ MWth
Units Scen. P Scen. BE Scen. O
ESOLAR M€ 298.75 287.25 277.5
EDRY M€ 40 30 20
EO&M M€ 33.87 31.725 29.75
ETOT M€ 372.62 348.975 327.25
Solar Thermal Cost 3 M€/ MWth
Units Scen. P Scen. BE Scen. O
ESOLAR M€ 358.5 344.7 333
EDRY M€ 40 30 20
EO&M M€ 39.85 37.47 35.3
ETOT M€ 438.35 412.17 388.3
Solar Thermal Cost 3.5 M€/ MWth
Units Scen. P Scen. BE Scen. O
ESOLAR M€ 418.25 402.15 388.5
EDRY M€ 40 30 20
EO&M M€ 45.82 43.21 40.85
ETOT M€ 504.07 475.36 449.35
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5.5. Heat storage for near zero CO2 emissions
The use of heat storage for solar has been considered in the
previous analyses by taking into account solar equipment costs. If
biomass is alternatively employed, operating costs derive from the
various stages of the supply chain (cutting, chipping, transportation).
On average, a total cost of 50 €/ton [104] for M40 (M40 = 40% of
humidity) wood chip can be estimated whereas the total cost would be
85 €/ton [105] for M20 wood chip. In the case study the LHV is near a
M40 wood chip class. If a wood chip price of 60 €/ton is assumed, it
would result a biomass annual cost of 31.18 M€. Under a scenario of
60 €/ton CO2 for carbon taxes a yearly revenue of 32.31 M€ could be
achieved. For these calculations, a total investment cost within the
range of 80–110 €/kW [106] is considered for the biomass system,
where O &M costs are estimated as a 40% of the capital costs.
5.6. Discussion
The above results suggest a potential interest of the DCP for CO2
capture. The energy penalty that results from retroﬁtting a CFPP with this
CCS technology (9%) is similar to that estimated for other technologies
such as pre-combustion CO2 capture (16%), amines scrubbing (8–12%),
membranes (5–8.5%) and Calcium Looping (4–9%). However, because of
the low temperature needed to regenerate the sorbent, a CO2 neutral solar
facility could be eﬃciently integrated to supply the heat required, which
would reduce coal consumption and operation costs signiﬁcantly. Solar
energy integration would serve to decrease the energy penalty just to CO2
compression and auxiliaries consumption, which leads to a near to zero
CO2 emissions power plant. The solar-CCS system penalty is estimated as
just 3–4% points, with a SPECCA of only around 2 MJ/kg. Previous works
based on thermodynamic analysis of the DCP report an energy consump-
tion of about 3 MJ/kg [8]. For a 120 MWth CSP plant, as presented in this
analysis, if parabolic through technology were considered the solar
installation would require an area in the range of 60–70 ha [94].
Therefore applicability of the concept will be constrained by area
availability in the surroundings of power plant for the development of
solar ﬁeld and energy storage integration.
The results obtained from the economic analysis strongly suggest
the economic viability of using the DCP to retroﬁt a CFPP. Since the
DCP is an emerging CCS technology, cost estimations are based on
assumptions based on diverse scenarios. Thus, for a 150 MWe CFPP,
the most optimistic scenario leads the total investment cost of 205 M€
whereas for the pessimistic scenario the calculated investment is 449 M
€. Thus, estimated costs are in the range between 25 and 46 €/tonCO2
(avoided CO2) and from 0.095 to 0.112 € per kWhe. Considering the
results obtained for the Best Estimated Scenario case, the total
investment cost of the proposed solar assisted DCP is estimated in
the range of 1500–3200 $/kWe as function of solar facility cost. These
values are higher than those estimated for other CO2 capture technol-
ogies (the cost of a CFPP with a MEA system for post-combustion CO2
capture would be about 700$/kWe [8]). According to Zhao et al. [8],
the total capital cost of an Integrated Gasiﬁcation Combined Cycle
(IGCC) plant with a pre-combustion CO2 capture system is about
1775–2567$/kWe, the cost of a CFPP with a MEA system for post-
combustion CO2 capture would be about 1798$/kWe, that of an oxy-
combustion plant would be about 1810 $/kWe whereas that of a
membrane/catalytic plant would be 2082 $/kWe. However, OPEX will
be notably reduced by replacing fuel by solar energy, with a SPECCA of
2 MJ/kgCO2, meanwhile the SPECCA for MEA based systems is
estimated in the double, around 4 MJ/kgCO2 and similar values are
obtained for other CCS technologies [42]. This very reduced value of
SPECCA compensates the higher investment costs.
In this sense it is important to point out that the above analysis is
based on diﬀerent assumptions for a novel integration scheme and
references to other applications. Solar ﬁeld cost is estimated on the
basis of solar power plants costs. For this CCS application, with a
clearly lower temperature than in CSP parabolic trough power plants,
and without an integrated power block, cheaper materials in the
receiver and for heat transfer can be used. For instance, for the
temperature range of CCS application, pressurized water perfectly
could be used instead of the thermal oil system in CSP. Therefore,
lower investment costs should be expected. In any case, the preliminary
results obtained show an interesting potential to be further explored by
a deeper analysis in future works. Future works should address in
further depth a comparison between diﬀerent CFPP-DCP-solar inte-
gration schemes to minimize energy penalty and investment costs.
Since the carbonation reaction is exothermic, a proper use of the
released energy is fundamental. Moreover, further work on the multi-
cycle sorbent behavior at realistic process conditions is needed.
Fig. 10. SPB curves according to the three scenarios as function of CFPP retroﬁtting
capital costs.
Fig. 11. NPV for diﬀerent carbon tax values and diﬀerent investment costs.
Table 17
Required increment of electricity sale price for maintaining a fixed value of IRR = 0.1.
Total investment
cost (M€)
Eincr (M
€/year)
Δ Electricity price (c
€/kW h)
Without carbon
tax
200 23.5 1.967
300 35.2 2.947
400 47 3.934
500 58.8 4.922
Carbon tax 20
€/tonCO2
200 0 0
300 11.6 0.971
400 23.4 1.959
500 35.2 2.947
Carbon tax 40€/
tonCO2
200 0 0
300 0 0
400 0 0
500 11.5 0.963
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6. Conclusions
This paper is devoted in its ﬁrst part to provide an overview of the
currently most studied CO2 capture systems. The performance of CCS
technologies is assessed, highlighting advantages, drawbacks and
challenges. In a second part a novel analysis is carried out for the
integration of medium temperature solar thermal energy into the Dry
Carbonate Process to assist sorbent regeneration. The Dry Carbonate
Process to capture CO2 is based on the use of a cheap, abundant and
non-toxic material (Na2CO3) as dry sorbent at relatively low tempera-
tures for both carbonation and sorbent regeneration. Our work shows
that, when coupled with a medium temperature solar thermal power
technology including thermal storage, the integration yields a nearly
zero CO2 emissions with a reduced global penalty in the power plant
and avoiding also the generation of hazardous waste. The eﬃciency of
the power plant coupled to the Dry Carbonate Process to capture CO2 is
decreased from 33.5% to 24.2% if fossil fuel is used to supply the heat
for regeneration of the sorbent. This penalty is due to the amount of
heat required for sorbent regeneration plus the power spent for CO2
compression and solid conveying. If solar thermal power is used for
sorbent regeneration, the penalty drops remarkably and the global
eﬃciency, deﬁned in terms of operational expenditures, is just
decreased from 33.5% to 30%. Since additional fossil fuel would not
be needed for sorbent regeneration most of this penalty is due to
compression of the captured CO2. A cost estimation of CO2 capture by
means of the Dry Carbonation Process coupled to solar thermal power
(for the optimistic scenario) ranges from 25 to 46 €/tonCO2 (avoided
CO2) and from 0.095 to 0.112 € per kWhe produced (compared to
0.087 €/kWhe for the reference plant) as depending on the cost of the
solar thermal technology. Thus, the highest costs are associated to the
solar energy system. Although there is room for technology improve-
ment and additional cost reductions could be expectedly achieved,
especially in the solar ﬁeld, the proposed integration based on solar
thermal power and the Dry Carbonation Process can be considered as a
promising technology as compared to other carbon capture technolo-
gies and renewable energy integrations recently proposed in the
literature.
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ABSTRACT: Thermochemical energy storage (TCES) is considered as a
promising technology to accomplish high energy storage eﬃciency in concen-
trating solar power (CSP) plants. Among the various possibilities, the calcium-
looping (CaL) process, based on the reversible calcination−carbonation of CaCO3
stands as a main candidate due to the high energy density achievable and the
extremely low price, nontoxicity, and wide availability of natural CaO precursors
such as limestone. The CaL process is already widely studied for CO2 capture in
fossil fuel power plants or to enhance H2 production from methane reforming.
Either one of these applications requires particular reaction conditions to which the
sorbent performance (reaction kinetics and multicycle conversion) is extremely
sensitive. Therefore, speciﬁc models based on the conditions of any particular
application are needed. To get a grip on the optimum conditions for the carbon-
ation of limestone derived CaO in the CaL-CSP integration, in the present work is
pursued a multidisciplinary approach that combines theoretical modeling on reac-
tion kinetics, lab-scale experimental tests at relevant CaL conditions for TCES, process modeling, and simulations. A new analytic
equation to estimate the carbonation reaction rate as a function of CO2 partial pressure and temperature is proposed and
validated with experimental data. Using the kinetics analysis, a carbonator model is proposed to assess the average carbonation
degree of the solids. After that, the carbonator model is incorporated into an overall process integration scheme to address the
optimum operation conditions from thermodynamic and kinetics considerations. Results from process simulations show that the
highest eﬃciencies for the CaL-CSP integration are achieved at carbonator absolute pressures of ∼3.5−4 bar, which leads to an
overall plant eﬃciency (net electric power to net solar thermal power) around 41% when carbonation is carried out at 950 °C
under pure CO2.
KEYWORDS: Calcium looping, Carbonation kinetics, CSP, Energy storage, Limestone
■ INTRODUCTION
The main challenge to increase the share of renewable energy
in the global energy mix is dispatchability. Regarding this issue,
concentrating solar power (CSP) shows several advantages
over solar photovoltaic (PV) and wind due to the relatively
low cost and feasible integration of thermal energy storage
technologies in large-scale facilities compared to battery
storage.1−3 Thus, thermal energy storage (TES) in CSP plants
has gained attention in the last years as demonstrated by the
current data on commercial CSP facilities. A 42% of commer-
cial CSP plants in operation incorporate TES systems while
this percentage rises up to 83% for those planned and under
development.4
Most commercial TES systems are based on sensible heat
storage by means of molten salts, which allows plant operation
for up to 15 h in the absence of direct solar irradiation. How-
ever, molten salt based systems have several drawbacks that
penalize the performance of CSP plants. On one hand, the
maximum working temperature is limited to ∼560 °C to avoid
salt degradation, which reduces the power cycle eﬃciency.5
On the other, there is a minimum working temperature of
∼200 °C to avoid salt solidiﬁcation,6 which demands a signiﬁ-
cant amount of energy to keep the molten salts from solidifying
when the plant is out of operation. Thus, annual eﬃciencies for
CSP plants with tower technology are currently found in the
range 14−18%7 with a power cycle eﬃciency usually lower than
38%.4 Salt corrosiveness is also a serious issue that requires the
use of expensive highly resistant materials for transport and
storage.8,9
Thermochemical energy storage (TCES) is a promising alter-
native to TES to overcome these drawbacks in addition to pro-
viding other advantages such as the possibility to store energy
in the long term and a relatively higher energy density.10,11
Among the diverse TCES systems proposed, the CaCO3/CaO
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system based on the cyclic calcination/carbonation of CaCO3
(calcium-looping)
⇄ + Δ =HCaCO CaO CO 178 kJ
mol3(s) (s) 2(g) r
0
(1)
stands as a promising alternative for its high energy density and
the extremely low price, nontoxicity, and wide availability of
natural CaO precursors such as limestone or dolomite.12 Thus,
the calcium-looping (CaL) process shows a theoretical energy
density around 3−4 GJ/m313−16 depending on storage tem-
peratures and pressure and the multicycle performance of the
Ca-based materials employed. In the case of commercial CSP
plants with tower technology based on a two tank molten salts
system, the energy density is just around 0.4 GJ/m3.17
The CaL process is initiated by CaCO3 decomposition in the
calciner to produce CaO and CO2, which are stored separately.
When energy is needed, CaO and CO2 are brought together in
a separate reactor to release the stored energy by means of the
exothermic carbonation reaction. Before being considered as a
potential TCES system in the late 1970s,18−20 the use of CaO-
based materials was already used for CO2 capture to enhance H2
production from methane reforming as early as 1933.21 More
recently, the CaL process has been widely studied for postcom-
bustion CO2 capture (PCC) in fossil power plants where it has
been successfully demonstrated at the 1−2 MWth pilot scale.22−26
Importantly, the optimum conditions to carry out the CaL
process depend on the particular application. They may vary
notably from one case to another, which aﬀects critically the
CaO multicycle performance.27 Thus, process conditions for
postcombustion CO2 capture involve decomposition of CaCO3
at high temperature (around 950 °C) under high CO2 partial
pressure and carbonation at ∼650 °C under low CO2 partial
pressure (∼0.15 bar).28−30 On the other hand, CaL conditions
to achieve high overall eﬃciency for TCES and electricity gen-
eration in CSP plants are radically diﬀerent.31 In this appli-
cation, carbonation would be carried out at high CO2 partial
pressure and high temperature (around or above 850 °C)
whereas calcination could be performed at relatively low tem-
perature (∼700 °C) using a gas easily separable from CO2 under
which the reaction kinetics is enhanced such as superheated
steam or helium.32−34 The diverse CaL conditions used for
PCC and TCES lead also to diﬀerent multicycle CaO perfor-
mances35,36 and reaction kinetics behavior.33,37 In this regard,
there are a wide number of carbonation kinetics studies focused
on CO2 capture conditions,
38−40 but those considering the spe-
ciﬁc conditions for TCES application are scarce.41
This manuscript presents a novel carbonation kinetics model
focused on the conditions that lead to an eﬃcient energy inte-
gration of CSP-CaL plants for TCES. A new analytic expression
is proposed to estimate the carbonation reaction rate as a func-
tion of temperature and pressure. The new reaction kinetics
expression shows a good agreement with experimental data and
previous works.41 Using the equation derived from this study
together with thermogravimetric analysis results on the multi-
cycle CaO conversion at relevant CaL conditions for TCES, a
carbonator model is developed to analyze the carbonation
behavior after a long number of cycles in the industrial process.
Next, a CSP-CaL plant has been modeled to analyze the overall
eﬃciency of the plant (deﬁned as the ratio between net electric
power production and net solar thermal power entering the
calciner) and to envisage the conditions that maximize energy
eﬃciency. Thus, our multidisciplinary approach combines
reaction kinetics theory and lab-scale tests at relevant CaL
conditions with process modeling and simulations in order to
further explore the optimum process conditions for the inte-
gration of the CaL process into CSP plants.
The manuscript is structured as follows: A ﬁrst section on
carbonation kinetics describes in detail the kinetics model
developed starting from the analysis of carbonation mechanism.
Thermogravimetric analysis (TGA) experimental results on the
carbonation kinetics are also presented and compared with the-
oretical predictions. The next section develops a carbonator model,
which is built upon TGA and kinetics theory developed in
previous sections. Later on, a section focused on the CSP-CaL
integration describes a conceptual engineering process to incor-
porate TCES into CSP plants.
■ CARBONATION KINETICS
Let us consider an ideally ﬂat surface of a CaO solid where car-
bonation proceeds in a gas environment at a given temperature
and CO2 partial pressure P. Arguably, the overall carbonation
mechanism consists of two stages as usually observed in hetero-
geneous gas/solid reactions.42 In the ﬁrst stage, CO2 molecules
become physically adsorbed on the CaO surface after which a
chemical reaction stage yields CaCO3:
Stage I CO2 adsorption
+ + ⇄ +
θ θ−
CaO L CO CaO L(CO )
P k
k
2 2
1d
a
Stage II Chemical reaction
+ ⇄ +
θ θ−
CaO L(CO ) CaCO L
k
k
2
1
3
1
2
Here L represents the active site wherein physical adsorption of
a CO2 molecule takes place before the chemical reaction occurs,
ki are the reaction rate constants, θ is the fraction of active
empty sites, and 1 − θ is the fraction of active sites ﬁlled with
adsorbed CO2 molecules.
According to the pseudosteady state hypothesis,43 the rate of
increase of the fraction of active sites ﬁlled with CO2 by adsorp-
tion must balance the rate of decrease of ﬁlled active sites by
chemical reaction in order not to have a net accumulation of
reactive intermediates. Thus, the rates of adsorption ra and
chemical reaction r2:
θ θ= − −r k P k (1 )a a d (2)
θ θ= − −r k k(1 )2 2 1 (3)
must balance out (ra = r2), which yields
θ = +
+ + +
k k
k P k k k
2 d
a d 1 2 (4)
The microscopic reversibility principle determines that for
the overall reaction to reach equilibrium (θ = θeq, P = Peq), the
rate of any process in each elementary step must be equal to the
rate of its reverse process (ra = r2 = 0).
44 The microscopic
reversibility principle has been successfully applied to the kinet-
ics description of a number of reversible processes such as the
dehydrogenation/hydrogenation of MgH2.
45 This principle
leads to
θ θ
θ θ
= −
− =
→ =⎪
⎪⎫⎬
⎭
k P k
k k
P
k
k
k
k
(1 )
(1 )
(atm)
a eq eq d eq
2 eq 1 eq
eq
1
2
d
a (5)
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Assuming, as in most gas−solid heterogeneous reactions,42 that
the rate-limiting step is the chemical reaction stage (k1, k2 ≪
kaP, kd) it is
θ ≈
+
k
k P k
d
a d
θ θ≈ = − −r r k k(1 )2 2 1
Rearranging, we arrive at
≈ −
+
−
Δ −Δ
⎛
⎝
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where E2 is the carbonation activation energy, a2 is a pre-
exponential factor, and R the gas constant (k2 = a2 e
−E2/RT). The
Van’t Hoﬀ equation42 has been used for the equilibrium con-
stant K2 = k2/k1 = e
−ΔG2
0/RT being ΔG20 = ΔH20 − TΔS20 the stan-
dard free energy change of carbonation.
By using eq 5, we obtain
= = − Δ +Δ Δ +ΔP
K K
e e(atm)
1 S S R H H RT
eq
2 a
( )/ ( )/2
0
a
0
2
0
a
0
(7)
where the Van’t Hoﬀ equation has been used for the equilib-
rium constant Ka = ka/kd = e
−ΔGa
0/RT, with ΔGa0 = ΔHa0 − TΔSa0
the standard free energy change of adsorption. On the other
hand, from thermochemical data,46−48 the following is inferred:
= α−P Ae Teq / (8)
where A = 4.083 × 107 atm, α = 20474 K, which from
eq 7 yields ΔS20 + ΔSa0 = −146 J/mol·K and ΔH20 + ΔHa0 =
−170 kJ/mol. On the other hand, the sum of the standard
enthalpy change of adsorption ΔHa0 and carbonation ΔH20 is the
standard enthalpy change of the overall reaction: ΔHr0 = ΔHa0 +
ΔH20 = −178 kJ/mol as independently determined from the
diﬀerence between the standard enthalpies of formation of the
ﬁnal product (CaCO3(s)) and initial reactants (CO2(g) and
CaO(s)). Likewise, it is ΔSr0 = ΔSa0 + ΔS20 = −160 J/mol·K.
As should be expected, these independently determined values
are similar to those derived from comparison of eqs 7 and 8.
The standard entropy change of adsorption ΔSa0 may be
obtained from the diﬀerence between the standard entropy of
adsorbed CO2 (Sad
0 ) and the standard entropy of CO2 in the gas
phase (Sgas
0 = 238 J/mol·K for CO2). According to Campbell
and Sellers,49 the standard entropy of adsorbed molecules on
single crystal surfaces can be well ﬁtted (up to Sgas
0 ≈ 60R) to
the universal law Sad
0 = 0.7Sgas
0 − 3.3R. Thus, it is ΔSa0 = Sad0 −
SCO2
0 ≅ − 92 J/mol·K. On the other hand, using ΔHa0 ≅
−20 kJ/mol as a typical value50 in eq 7, it is
+
= +
≈
Δ −Δ
Δ −Δ Δ −Δ
Δ −Δ
P
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(9)
for the typical range of carbonation temperatures and CO2
partial pressures (PeΔSa
0/R e−ΔHa
0/RT ≪ 1), which leads to (eq 6):
≈ −−Δ −
⎛
⎝
⎜⎜
⎞
⎠
⎟⎟r a e e PP 1
S R E RT
2
/ /
eq
2
0
1
(10)
where it has been used ΔH20 = E2 − E1, with E1 the activation
energy for chemical decomposition. Using, as estimated above,
ΔSa0 = −92 J/mol·K and ΔSr0 = ΔSa0 + ΔS20 = −160 J/mol·K, the
standard entropy change of carbonation is ΔS20 = −68 J/mol·K
whereas the activation energy for chemical decomposition is
similar to the overall reaction enthalpy change as measured
experimentally:51 E1 ≅ 180 kJ/mol.
Note that for ≫ 1P
Peq
and using eq 7:
≈ Δ − −r a e e PS R E E RT2 / ( ( )/ )a
0
2 d (11)
where ΔHa0 = Ea − Ed, being Ed the activation energy for
desorption and the activation energy for adsorption Ea is
assumed to be negligible.
■ EXPERIMENTAL RESULTS ON THE CARBONATION
KINETICS
In this work, thermogravimetric analysis (TGA) tests have been
carried out to analyze experimentally the carbonation reaction kinetics
depending on the reaction temperatures under pure CO2 and high
temperature as relevant conditions in the CaL-CSP integration for
TCES. Natural limestone of high purity (99.6 wt % CaCO3) was used
in the tests, which were carried out by employing two diﬀerent
thermogravimetric analyzers (TA Q600 and Setaram LABSYS evo).
In all the tests, a small sample mass (10 mg) was employed to mini-
mize mass/heat transfer undesired eﬀects. The limestone samples
were calcined at 750 °C under pure N2 for 5 min after which the
temperature was increased to the target carbonation temperature and
pure CO2 at atmospheric pressure was introduced for carbonation to
proceed.
Results for the time evolution of CaO conversion during car-
bonation at diﬀerent temperatures are shown in Figure 1. As can be
seen, CaO conversion is hindered as the carbonation temperature
approaches the equilibrium temperature (T ∼ 895 °C under pure CO2
at atmospheric pressure). As the reaction evolves, the carbonation
rate is determined as a function of conversion degree X, and reaction
temperature T and pressure P (eq 12). Note that the conversion
degree X, which is usually employed to note the conversion of CaO
during carbonation, is equivalent to the term α usually employed in
kinetics studies.
Figure 1. Time evolution of CaO conversion measured experimentally
and best ﬁt curves from eq 13. Values of the best ﬁtting parameters
(t0, XK, and r) are shown in Table 1. Best ﬁtting parameters are plotted
in Figure 2 (reaction rate r) and Figure 3 (conversion at the end of the
reaction controlled stage XK).
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f X r T Pd
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(12)
where f(X) is a mechanistic-rate function that takes into account solids’
heterogeneities.52 Our experimental results on the time evolution of
conversion (Figure 1) show the typical sigmoidal shape of autoca-
talytic processes and are well ﬁtted by a Prout−Tompkins model
function f(X) = X(1 − X)53 modiﬁed by introducing a conversion limit
XK, which is the CaO conversion at the end of the reaction controlled
phase (after which carbonation becomes controlled by solid-state
diﬀusion of CO2 across de CaCO3 layer built up on the CaO surface).
Thus
= − ↔ =
+ − −
⎛
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X
t
X
X
X
r T P X t
Xd
d
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1 ek
k
r t t( )0 (13)
Equation 13 ﬁts quite satisfactorily to our experimental data on CaO
conversion (Figure 1), which allows us deriving experimental values
for the reaction rate at diﬀerent temperatures r(T, P). Best ﬁtting
parameters are shown in Table 1. Reaction rates obtained in this way
are compared to the theoretically predicted values (eq 6) in Figure 2.
It should be noted that while the modiﬁed Prout−Tompkins model
used here provides a good ﬁtting to experimental data, it has been
shown in the literature that the kinetics parameters, i.e. activation
energy, obtained from the analysis of isothermal data, is independent
of the assumed kinetic model, and in any case, it leads to the real value
of the activation energy.54
As may be seen in Figure 2a, a rather good agreement can be found
between experiments and theory (eq 6) by only adjusting the prefactor
a2 as a free parameter in the theoretical curve. Interestingly, data
obtained using diﬀerent commercial thermal analysis instruments with
quite diﬀerent experimental setups could be nicely ﬁtted by eq 6. In
view of these results, and even though technical limitations prevented
us from carrying out carbonation experiments at pressures greater than
atmospheric, we will use eq 6 and its approximate limit (eq 10) to
estimate the reaction rate under CO2 at pressurized conditions
(predicted curves are shown in Figure 2b).
Table 2 summarizes the values used for the reaction enthalpies,
entropies, and activation energies, as discussed in the previous section,
that will be employed for the theoretical reaction rate in the modeling
analysis ahead.
As seen in Figure 2b, there is a temperature at which the carbon-
ation rate reaches a maximum and above which it rapidly decreases
as the equilibrium temperature is approached. This same trend was
already predicted by Kyaw et al.41 The temperature at which the
reaction rate is maximum is a relevant input for the CaL-CSP appli-
cation. Plant eﬃciency will be higher the higher the carbonation tem-
perature, but considering that temperatures nearby equilibrium aﬀects
negatively to kinetics. The plot in Figure 3 shows the equilibrium
temperature and temperature at which the reaction rate is maximum
for carbonation under pure CO2 as a function of the absolute car-
bonator pressure calculated from the carbonation kinetics model
developed above.
A further interesting parameter derived from the best ﬁt of eq 13 to
experimental data on conversion is XK, namely the value of CaO con-
version at the boundary between the fast reaction and solid-state diﬀu-
sion stages. Values for the conversion at the end of the reaction-controlled
stage XK obtained in this way are shown in Figure 4.
■ CARBONATOR MODEL
TGA Data Analysis. The behavior of CaO conversion X
along multiple calcination/carbonation cycles is a critical input
for the CaL cycle assessment. The CaL process applied to
postcombustion CO2 capture involves carbonation under low
CO2 partial pressure (around 0.15 bar for coal ﬁred power
plants) whereas calcination is carried out under high CO2
concentration at temperatures around 950 °C. These harsh
calcination conditions lead to a severe decay of CaO conversion
in short residence times with the number of cycles due to
progressive sintering of the regenerated CaO and the con-
sequent drop of available surface area for carbonation in the fast
reaction controlled stage.55 Thus, conversion of limestone
derived CaO in short residence times (of a few minutes) decays
signiﬁcantly after just a few cycles at CaL conditions for CO2
Table 1. Best Fitting Parameters of Equation 13 to Experimental Data on CaO Conversion for Carbonation under CO2 at
Atmospheric Pressure and Several Carbonation Temperatures
carbonation temperature
=
+ − −
X t( ) X
e1
k
r t t0( )
T = 865 °C T = 869 °C T = 873 °C T = 878 °C T = 883 °C
XK 0.691 0.640 0.617 0.650 0.611
r (1/min) 0.798 0.9081 0.868 0.491 0.292
t0 (min) 34.330 34.974 37.790 44.040 53.576
Figure 2. (top) Reaction rate obtained from experimental tests (using
diﬀerent TG analyzers as indicated) and theoretically predicted (eq. 6,
with a2 = 1160 1/s) for carbonation under pure CO2 at atmospheric
pressure as a function of the temperature. (bottom) Reaction rate as
a function of temperature theoretically predicted by varying the
carbonator absolute pressure (eq 6).
ACS Sustainable Chemistry & Engineering Research Article
DOI: 10.1021/acssuschemeng.8b00199
ACS Sustainable Chem. Eng. 2018, 6, 6404−6417
6407
capture and converges toward a residual value of just around
0.07−0.08.26,55 Moreover, part of the CaO is irreversibly sulfated
or deactivated by ashes. A number of methods to enhance the
multicycle CaO conversion have been reported in the last
years,27 such as the formulation of synthetic sorbents,56,57
thermal pretreatment,58,59 mechanical pretreatment,60 and
using steam or helium in either the calcination or carbonation
reactors.32,61
However, CaL conditions for TCES in CSP do not need to
be identical to those employed for CO2 capture. In previously
proposed CaL-CSP integration schemes12,31,62 carbonation is
carried out under a pure CO2 atmosphere whereas calcination
can be carried out under low CO2 partial pressure, which leads
to a diﬀerent multicycle behavior.37 Moreover, SO2 and ashes
are not present in the reactors. Thus, the residual conversion of
limestone derived CaO can be as large as 0.5 for carbonation
under 100% CO2 atmosphere and calcination at 725 °C in
absence of CO2 for residence times in both stages of 5 min and
using limestone particles smaller than 45 μm.35 Carbonation
under these conditions is limited by pore plugging, which leads
to a signiﬁcant loss of activity for typical particle sizes to be
employed in circulating ﬂuidized beds (>100 μm).37 Thus, pore
plugging causes a drop of the residual conversion of limestone
derived CaO to just about X = 0.2 for particles larger than
about 45 μm. Nevertheless, it has been reported that pore
plugging does not limit carbonation for large enough dolomite
particles (>∼100 μm) reaching a residual eﬀective conversion
of about 0.4.37
Figure 5 shows thermogravimetric experimental data (see
refs 35 and 37 for further details) on the multicycle conversion
of limestone derived CaO for several carbonation/calcination
conditions. Testing conditions (particle size range used, type of
atmosphere, temperature, and residence time in both calci-
nation and carbonation stages) are detailed in Table 3. As can
be seen, the evolution of CaO conversion X with the number of
cycles N is well-ﬁtted by eq 14:63
κ
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− + −
−
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where X1 is CaO conversion in the ﬁrst cycle, k is the deacti-
vation rate constant, and Xr is the residual CaO conversion,
Figure 3. Values of temperature at which the carbonation reaction rate
is maximum calculated from the kinetics model and at which the
reaction is at equilibrium (carbonation under pure CO2) as a function
of the carbonator absolute pressure.
Figure 4. CaO conversion at the end of the reaction-controlled stage
(XK) for carbonation under pure CO2 (at atmospheric pressure) as a
function of temperature. Data are obtained from the best ﬁts of eq 13
to experimental data on the time evolution of conversion.
Figure 5. Thermogravimetric experimental data35,37,65 on the
multicycle conversion (X) of limestone derived CaO under typical
calcination/carbonation conditions for postcombustion CO2 capture
(PCC) and thermochemical energy storage of CSP. Testing conditions
are shown in Table 3. The lines are the best ﬁt curves from eq 14 to
data. Best ﬁtting parameters are shown in the legend.
Table 2. CO2 Values of Enthalpy−Entropy Changes in the
Chemical Decomposition and Desorption Stages and
Activation Energies
ΔHr0 180 kJ/mol
ΔH10 160 kJ/mol
ΔHd0 20 kJ/mol
Ed 20 kJ/mol
E1 180 kJ/mol
E2 20 kJ/mol
ΔSr0 0.16 kJ/(mol·K)
ΔS10 0.068 kJ/(mol·K)
ΔSd0 0.092 kJ/(mol·K)
a2 1160 (1/s)
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which would be reached asymptotically after a very large
number of cycles (as would occur in commercial CaL plants).
As shown in Figure 5, a higher CaO deactivation occurs for
postcombustion CO2 capture (PCC) conditions compared to
CaL-CSP conditions. Thus, after 20 cycles, CaO conversion drops
to 0.1 whereas under CaL-CSP3 conditions (calcination at 950 °C
and carbonation at 850 °C, both under pure CO2) conversion
after 20 cycles remains at 0.18. A similar value of the residual
conversion for CaO derived limestone is reported by Obermeier
et al.,64 who performed calcination at 800 °C in an air atmosphere
and carbonation at 600 °C under a pure CO2 atmosphere.
Carbonator Model. A carbonator model, previously
employed to analyze the CaL process for CO2 capture,
66 has
been adapted in this work to study the CaL process for its
integration in CSP plants. The model conforms to the ﬂow
diagram shown in Figure 6. The ﬂow rate of CaO solids enter-
ing the carbonator (FR) as well as the CaO present in the reac-
tor bed (NCa) react with the pure CO2 stream (ﬂow rate FCO2)
to produce CaCO3. As discussed above in the kinetics study,
CaO conversion for a single particle in a certain residence time
is dependent on carbonation temperature (Figure 1). More-
over, CaO conversion after several cycles decays close to a
residual value, which is also dependent on process conditions.
Thus, since carbonation is not completely achieved in short
residence times, only a fraction of the total CaO ﬂow rate
(given by CaO conversion X) reacts to produce CaCO3, the
rest (1 − X) remaining as unreacted CaO (FCaO,unr). The model
assumes a perfect mixing of solids in the reactor bed with a CO2
stream passing in plug ﬂow through it. At the carbonator exit,
the CO2 mass ﬂow rate is decreased according to the CO2
captured in the process (with an eﬃciency ECO2).
By means of a mass balance, the maximum average conver-
sion of the CaO particles in the carbonator can be expressed as
∑ ϕ=
=
=∞
X X
N
N
N Nmax,ave
1 (15)
Here XN is the average CaO conversion at cycle N and ϕN is the
fraction of solids that are cycled N times:67
ϕ =
+
−F F
F F( )N
N
N
0 R
1
0 R (16)
where F0 is the ﬂow rate of makeup fresh limestone introduced
to the system in order to mitigate CaO deactivation. If this
fresh material is not introduced into the system, the maximum
conversion after many cycles would be just the residual CaO
conversion (Xmax,ave ≈ Xr).
As is well-known from previous works,38,67−69 carbonation
takes place through two diﬀerentiated stages, a ﬁrst fast stage in
which the reaction occurs on the free surface of CaO particles
(see reaction mechanism in the Carbonation Kinetics section)
and a second stage, that takes place once a carbonate layer has
been formed on the particles’ surface, controlled by counter-
current diﬀusion of CO3
2− and O2− across the CaCO3 product
layer and characterized by a much lower reaction rate.
According to previous TGA studies, after calcination at 725 °C,
most of the carbonation in short residence times on the regen-
erated CaO skeleton occurs in the fast stage due to the high
CO2 concentration and carbonation temperature, which promote
the reaction kinetics.37 Thus, carbonation in the diﬀusion-
controlled phase is neglected in this model,35 and therefore,
Xr = XK.
Accordingly, the present carbonator model assumes that
carbonation occurs at a given rate until it reaches the maximum
carbonation allowed in the fast carbonation stage, after which
the particles remain inactive. Thus, only a fraction of particles,
fa, are active in the carbonator with the capacity to react in the
fast reaction controlled stage:
= − τ−f e(1 )ta
/K
(17)
where tK is the fast carbonation stage time and τ is the average
residence time of CaO solids in the carbonator:
τ = N
F
Ca
R (18)
Figure 6. Carbonator model ﬂow diagram.
Table 3. TGA Test Conditions Corresponding to Measured
Multicycle CaO Conversion Data Plotted in Figure 5
reference
particle
size gas calciner−carbonator
temperature calciner−
carbonator
CSP 1 >45 μm He−CO2 725−850 °C
CSP 2 <45 μm He−CO2 725−850 °C
CSP 3 >45 μm CO2−CO2 950−850 °C
PCC >45 μm CO2−N2/CO2 (15% v/v) 950−650 °C
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Considering a perfect mixing model, the average conversion
of the particles leaving the carbonator (X) can be calculated
using the followed equations:66
∫
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where fcarb is the average carbonation level in the carbonator
and rave is the average reaction rate in the fast carbonation
stage, which is calculated from the kinetics model theoretical
prediction (eq 10).
The carbonator model allows us to carry out a sensitivity
analysis to assess the eﬀect of pressure, temperature and solids
inventory in the carbonator on the average carbonation level
( fcarb). Results are shown in Figure 7.
As can be seen in Figure 7, the average carbonation level
( fcarb) is enhanced by increasing the carbonator pressure due to
faster reaction kinetics (Figure 2b). After a few of seconds in
the carbonator, most of the CaO reaches the maximum conver-
sion (according to eq 13) due to the very fast kinetics achieved
in these CaL conditions. This is basically because of the high
amount of CO2 entering the carbonator (which exceeds the
stoichiometric amount in order to use the eﬄuent excess as
heat carrier). According to the kinetics model, by increasing the
carbonator temperature, the average carbonation level is slightly
enhanced up to the temperature T(rmax)Figure 3is reached
from which kinetics is penalized with the consequent curtailment
of the average carbonation level. As shown in Figure 7, this
eﬀect is mitigated when the carbonator pressure is increased,
which is beneﬁcial in practice since working at higher carbonator
temperatures will promote the power cycle eﬃciency. Next
section analyses the CSP-CaL integration eﬃciency as a func-
tion of carbonator temperature and pressure in order to select
the best conditions based on both experimental data and the
theoretical reaction kinetics study.
CSP-CaL Plant. This section is devoted to a detailed anal-
ysis on the CSP-CaL integrated plant for TCES. As main novelties
regarding previous works,12,70 new CaL conditions, TGA exper-
imental data and the carbonator model above-described will be
introduced in the analysis. Calculations have been performed
using the commercial software Aspen PlusTM.
The CSP-CaL plant (see Figure 8) works as follows: Direct
solar irradiation is used to preheat the streams entering the
calciner up to the reaction temperature to carry out the calci-
nation reaction. Calcination occurs under helium atmosphere
which allows reducing the calcination temperature to 725 °C33
in short residence times to simulate conditions as tested in the
Carbonation Kinetics section using limestone as a CaO pre-
cursor. Note that the proposed scheme (Figure 8) is a closed
cycle in which any stream must be fed continuously to the
plant. This is relevant for the recycling of helium in the system,
which is a rare and expensive gas. Several solar calciner reactors
have been already proposed in the literature.71−74 By calci-
nation under an He atmosphere, a reduction of the calcination
temperature would lead to an increase in the solar receiver
eﬃciency as a consequence of the lower radiative losses. Full
calcination is assumed in our model.64,75 After calcination, the
CaO stream (c1 in Figure 8) is separated from the He-CO2 stream
(g1) by means of a cyclone. The He−CO2 stream is passed
through a separation system based on membranes. A detailed
study on the membrane system is out of the scope of this work
and an ideal separation is assumed. However, it may be noted
that commercial H2/CO2 separation membranes are available,
and since He molecule is similar to H2, the He/CO2 separation
system could take advantage of H2/CO2 currently commercial
technologies. The He stream (g1-2) is recirculated into the
calciner while the pure CO2 stream (g1-1) is passed through a
heat recovery steam generator (HRSG) to use its high temper-
ature as a previous step to be stored or used in the power cycle.
Since heat input to the steam power cycle is moderate, a simple
superheated steam cycle without reheat stages and moderate
live steam conditions are assumed. Thus, the steam cycle is
modeled by considering a condensing pressure of 0.075 bar, an
evaporation pressure of 45 bar and a superheated steam tem-
perature of 400 °C.
On the carbonator side of the plant, a CaO stream from the
storage vessel (c2) reacts with the CO2 stream coming either
from storage (g7b) or the calciner side (g3) according to the
carbonation reaction at atmospheric pressure (carbonation at
higher pressure will be also considered ahead). The CO2 enter-
ing the carbonator (g9-2) exceeds the stoichiometric amount
Figure 7. Carbonator model results. Average carbonation level ( fcarb)
for several carbonation conditions (P, T). T(rmax) is the temperature
at which the reaction rate reaches a maximum (Figure 3).
ACS Sustainable Chemistry & Engineering Research Article
DOI: 10.1021/acssuschemeng.8b00199
ACS Sustainable Chem. Eng. 2018, 6, 6404−6417
6410
needed for carbonation. The CO2 in excess that exits the
carbonator acts as heat carrier to produce electrical power by
means of a CO2 closed Brayton cycle wherein a heat exchanger
HXG is used as a recuperator.
Diﬀerent operations in “sun” and “night” modes are simu-
lated. A solar multiple (SM) equal to 3 is assumed for the sys-
tem design and, for simplicity, the day is considered as com-
posed by 8 sun h, which constantly provides 100 MWth to the
calciner, and of 16 night h. Thus, in the “sun” operating mode,
the CO2 mass ﬂow entering the carbonator side (g3 or g7b) is
1/3 the amount produced in the calciner (g1). Accordingly, the
plant eﬃciency is determined as a weighted average of the per-
formances in sun and night modes (eq 22). Although it is out of
the scope of the present work, an additional analysis to consider
real solar irradiance as well as oﬀ-design conditions would
be required for further assessing equipment sizing and costs.
Moreover, other plant operation modes could be considered
as a function of solar irradiation, electricity prices, ﬁlling level
of storage tanks, etc. On the other hand, a more detailed study
on the diﬀerent operation modes would be useful to estimate
the penalty associated with daily start-up/shut-down of the
plant. In this regard, lower start-up/shut-down penalties than
in commercial CSP plants are expected since the system is
designed to achieve a full working hours capacity. Note that
eﬃciency in this model considers the heat input to the cal-
ciner and disregards the thermal eﬃciency of the solar receiver
whose design and modeling is beyond the scope of this
work. Concerning solids transport, a power consumption of
20 MJ/ton is assumed.12 Thus, the global plant eﬃciency will
be given by
∫
∫
η =
̇
̇ =
̇ Δ + ̇ − Δ
̇ Δ
W t
Q t
W t W t
Q t
d
d
(24 )24h net
24h input
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where Ẇnet is the net electrical power produced by the system
and Q̇input is the solar power input in the calciner. The electric
power produced is computed for the sun mode (Ẇnet,sun) and
the night mode (Ẇnet,night).
Several assumptions have been made to model the CSP-CaL
plant, which are summarized in Table 4.
CSP-CaL Integration Model Results. The proposed CSP-
CaL integration model has been simulated considering in the
base case that the carbonator works at 850 °C/1 bar and with a
solids inventory of 105 kmol, which allows to achieve a 95% of
average carbonation level ( fcarb) in the carbonator (Figure 7).
An important beneﬁt of working at atmospheric pressure in the
carbonator is that high temperature lock hoppers for solids
pressurization are not necessary. On the other hand, hermetic
machines and heat exchangers must be employed. Tables 5 and
6 show the main streams and energy balance results.
The energy balance for the CSP-CaL integration shows an
overall daily eﬃciency of 38% (Table 6). Since the main turbine
(M-TURB) has been selected to work at constant power pro-
duction, a higher net power output is achieved during the night
mode compared to the sun mode. This is because the high-
pressure CO2 storage compressor (HPS-COMP) and auxiliaries’
consumptions are not fully compensated by the steam turbine
production in the sun mode. As shown in Table 6, main heat
rejections to the ambient occur in the steam condenser (COND)
and in the CO2 cycle precooler (COOLER-3) while the main
power consumption is caused by the CO2 compressor in the
carbonator side (M-COMP).
The CSP-CaL integration performance has been analyzed as
a function of the pressure ratio (PR) deﬁned as the ration of
the carbonator pressure (1 bar) to the turbine outlet pressure.
On one hand, by increasing the pressure ratio the power produc-
tion in the CO2 power cycle is enhanced, which increases the
global cycle eﬃciency. On the other hand, by increasing PR, the
temperature of the CO2 exiting the turbine is lowered and a
Figure 8. CSP-CaL plant scheme.
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higher amount of energy is recovered in the recuperator (HXG),
which translates into a higher amount of carbonation energy
needed to bring the reactants to carbonation conditions. The
eﬀect of increasing the PR on the overall plant eﬃciency is illus-
trated in Figure 9.
As can be seen in Figure 9, a higher overall eﬃciency is calcu-
lated as the carbonation temperature is increased at a given
value of PR. Thus, the beneﬁts of increasing the carbonation
temperature above Tcarb ∼ 728 °C (at which the reaction rate is
maximum for atmospheric carbonation as shown in Figure 2b)
compensates the penalty caused by the reduction of the reac-
tion speed which yields a lower carbonation level and therefore
a lower CaO conversion (X).
The temperature limit imposed by the thermodynamic equi-
librium (eq 8) for carbonation under pure CO2 at atmospheric
pressure is 895 °C (Figure 3). Thus, the carbonator pressure
must be increased over atmospheric pressure to further increase
the carbonator temperature above 895 °C. This would enhance
the power plant eﬃciency (higher temperature at turbine inlet)
as well as the carbonation kinetics (as shown in Figure 2a and
Figure 7). The CSP-CaL integration (Figure 8) is also valid
when the carbonator is operated under over atmospheric pres-
sure. For that purpose, the only modiﬁcation needed is that the
Table 5. Main Stream Data for the CSP-CaL Integration (Base Case)
ID P (bar) T (°C) ṁ (kg/s) ID P (bar) T (°C) ṁ (kg/s)
s1 1.00 850 29.13 g4 1.14 44.43 14.69
s1-1 0.97 703.17 29.13 g5 75.75 123.63 14.69
s1-2 0.94 588.83 29.13 g5-2 75 25 14.69
s2 0.94 588.83 87.37 g6 74.25 130 7.34
c1 1.00 725 65.39 g7b 1.14 21.92 7.34
c2 1.00 725 21.79 g8 1.14 72.10 134.62
v1 0.074 40.13 5.27 g8-1 1.14 72.10 6.54
v2 45.00 40.53 5.27 g8-2 1.10 535.06 6.54
v3 40.00 400 5.27 g9 1.08 679.56 134.62
v4 0.075 40.31 5.27 g9-1 1.08 675.41 141.17
g1 1.00 725 440.58 g9-2 1.05 703.17 141.17
g1-1 1.00 725 22.03 g10 1.00 850 133.82
g1-2 1.00 725 418.55 g11 0.33 694.56 133.82
g2 0.97 58.99 22.03 g12 0.32 87.30 133.82
g3 1.14 44.43 7.34 g13 0.31 40 133.82
Table 6. Energy Balance for the CSP-CaL Integration
(Figure 8)
parameter sun mode night mode
solar thermal power (MWth) 100 0
Heat Exchanger Thermal Power (MWth)
HRSG 16.01
COOLER-1 −0.37
COND −11.68
HP-COMP (intercooler) 4.50
COOLER-2 −4.01
HEATER 2.07
TURB1 (interheater) - 0.97
COOLER-3 - −5.63
HXG 88.81 88.81
GS-HE2 3.602 3.602
GS-HE3 4.782 4.782
Power Inlet (MWe)
CO2 storage turbine (HPS-TURB) 1.32
main CO2 turbine (M-TURB) 25.35 25.35
steam turbine (ST) 4.27
Power Outlet (MWe)
steam cycle pump (P) −0.03
main CO2 compressor (M-COMP) −12.59 −12.50
CO2 storage compressor (HPS-COMP) −5.14
auxiliaries heat calciner −0.16
auxiliaries heat carbonator −0.11 −0.16
auxiliaries solids transport calciner −0.87
auxiliaries solids transport carbonator −0.29 −0.29
Wnet
Ẇnet,sun (MWe) 10.42
Ẇnet,night (MWe) 13.77
overall plant eﬃciency (η) 38%
Table 4. Main Assumptions in the CSP-CaL Model
group/component parameter
turbomachinery
isentropic
eﬃciency
mechanical-
electric
eﬃciencies
intercooling/
reheating stages and
temperatures
main CO2 turbine
(M-TURB)
0.9 0.98
main CO2 compressor
(M-COMP)
0.87 0.98 2/40 °C
high pressure storage turbine
(HPS-TURB)
0.8 0.96 2
65 °C/100 °C
high pressure storage
compressor (HPS-COMP)
0.8 0.96 5/40 °C
steam turbine (ST) 0.75 0.98
component parameter
heat exchangers
minimum
temperature
diﬀerence
pressure
drops
parasitic power
consumption
coolers 15 °C 1% 0.8% of heat
released76
HXG (both sides) 15 °C 5%
HRSG (hot side) 15 °C 3%
HRSG (cold side) 15 °C 11%
solid−gas HX
(both sides)
15 °C 3%
component parameter
various eﬃciency heat input heat losses
calciner 1 100 MWt
carbonator 1% of heat transferred
storage vessels 0%
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CO2 stream coming from the calciner (g3 stream in Figure 8)
in the day mode is passed through the main CO2 compressor
(M-COMP) up to reach the carbonator pressure (including the
pressure drop) as a previous step to enter the recuperator
(HXG). Note that the CO2 exiting the main turbine (M-TURB)
can be at atmospheric pressure working under pressurized car-
bonation conditions. Therefore, hermetic machines and heat
exchangers would not be necessary. Figure 10 shows the overall
CSP-CaL eﬃciency for the pressurized carbonator case. Except
for the carbonator conditions (P, T), the rest of the parameters
are the same as in the base case.
By comparing Figures 9 and 10 it is appreciated that the
overall plant eﬃciency is signiﬁcantly enhanced by increasing
the carbonator temperature, which is facilitated when the
carbonator works under pressurized conditions. In this way,
overall plant eﬃciencies above 41% are achievable. Note that in
the case of Tcarb = 1000 °C the carbonator pressure must be higher
than 4.21 bar due to thermodynamic equilibrium constraints.
Carbonator Presizing. At this point an important issue
regarding the carbonator size must be addressed. The carbonator
in the application of the CaL technology for post-combustion
CO2 capture (PCC) is characterized by a very large size (volume
∼ 18 m3/MWe; solids inventory ∼ 1300 kg/MWe77), which
signiﬁcantly increases capital and operating costs (CAPEX and
OPEX).78,79 Previous works80,81 have shown that the sizes of
the carbonator and calciner play an important role on increas-
ing the cost of the PCC technology. In contrast, the carbonator
size in the application of the CaL technology for TCES in CSP
would be remarkably reduced as evidenced by stream data
(Table 5). Table 7 shows the carbonator reactor presizing for
the case proposed in our study. Since gas and solids mass ﬂow
rates in the CSP-CaL case are relatively small, the cross-section
surface area of the carbonator reactor (A ∼ 21 m2 for the pres-
surized carbonator case) is small as compared to the typical size
of the carbonator in the PCC-CaL application (A ∼ 175 m277)
assuming the same superﬁcial velocity for the ﬂuidized bed to
be operated in a circulation regime. Likewise, the carbonator
height, which can be estimated from the ratio a H/D ∼ 377 is
much smaller in the CSP-CaL technology as compared to the
PCC-CaL application.
The minimum amount of solids inventory needed can be
estimated to achieve a 95% of average carbonation level in the
carbonator while carbonation kinetics can be inferred from the
Carbonation Kinetics section of this manuscript. As shown in
Table 7, a solids inventory of ∼128−234 kg/MWe is needed,
which is signiﬁcantly lower than in the case of the PCC-CaL
application (∼1300 kg/MWe). A direct consequence of a reduc-
tion in solids inventory in the carbonator, is a signiﬁcant reduc-
tion of fan power consumption to ensure ﬂuidization conditions.
As would be expected, the base case requires a larger carbonator
size as compared with the pressurized carbonator conﬁguration.
The atmospheric pressure carbonator in the base case involves
a larger amount of CO2 volume entering the reactor as well as a
lower reaction rate, which would be enhanced with the carbonator
pressure (Figure 2b).
■ CONCLUSIONS
This paper analyzes the carbonation of limestone derived CaO
in the CaL process as for thermochemical energy storage in
CSP plants. Since the carbonation behavior (kinetics and
Figure 9. Overall plant eﬃciency as a function of pressure ratio (PR).
Figure 10. Overall plant eﬃciency as a function of the pressure ratio
(PR) for carbonation at over atmospheric pressure (Pcarb). The CO2
exiting the turbine (M-TURB) is at atmospheric pressure, and
therefore Pcarb = PR.
Table 7. Carbonator Reactor Properties in the CSP-CaL
Integration (Base Case)
parameter
base case
(Pcarb = 1 bar)
pressurized carbonation
(Pcarb = 3 bar)
power plant size
(MWth)
100 100
Carbonator Operating Conditions
Pcarb (bar) 1 1
Tcarb (°C) 850 950
FR,crb (kmol/h) 1399 1499
FCO2crb,in (kmol/h) 11547 10533
FR/FCO2 0.12 0.14
V̇CO2 (m
3/s) 248.5 85.44
Ws (kg) 8000 5000
Carbonator Preliminary Sizing
reactor type CFB CFB
μ0 (m/s) 4 4
particle size (μm) 100 100
A (m2) 62.12 21.36
D (m) 8.89 5.21
Ws/A (kg/m
2) 128.78 234.08
H (m) 36.67 15.64
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multicyclic CaO conversion) is highly dependent on the CaL
conditions, which vary according to the type of application, a
theoretical reaction kinetics study has been carried out to ana-
lyze the eﬀect of the particular CaL carbonation conditions to
be used in the CSP-CaL integration, which involve carbonation
under high CO2 partial pressure at high temperature. The
reaction kinetics study is supported by TGA tests performed
under these speciﬁc conditions. As a result, a new expression to
estimate the carbonation conversion rate as a function of the
carbonator pressure and temperature has been derived. A car-
bonator model based on the kinetics study is used to estimate
the average carbonation level after a long number of cycles as
would occur at industrial scale. Accordingly, the carbonation
rate is enhanced with the carbonator temperature up to reach a
maximum, from which a further increase of temperature is
detrimental as the thermodynamic equilibrium temperature is
approached. On the other hand, an increase in the carbonator
pressure promotes signiﬁcantly the conversion rate and there-
fore the average carbonation level in short residence times.
Thus, an increase of the carbonator pressure yields an improved
performance not only from a reaction kinetics perspective but
also because a higher carbonator pressure allows for a higher
carbonator temperature, which enhances the power cycle eﬃ-
ciency when stored energy is released. The CSP-CaL integra-
tion model explored in this work, which is based on power
production by means of a closed CO2 Brayton cycle, shows that
the overall plant eﬃciency is signiﬁcantly promoted as the
carbonator temperature is increased. Thus, optimum carbo-
nator pressures are in the range of ∼3.5−4 bar, which allow
carbonator operation temperatures of 950 °C to yield global
eﬃciencies of about 41%. As a ﬁnal comment, it is remarkable
that a fundamental understanding of physicochemical processes
at the molecular level helped us tackle the industrial process
with an extra degree of conﬁdence.
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■ NOTATION
A = carbonator cross-section, m2
D = carbonator diameter, m
E1 = activation energy for chemical decomposition, kJ/mol
fa = fraction of CaO that reacts in the carbonator in the fast
stage
fcarb = average carbonation level
Fi = molar ﬂow rate of component i, kmol/s
FCaCO3 = CaCO3 molar ﬂow rate
FCaCO3,crb = CaCO3 molar ﬂow rate (calciner side)
FCaO,unr = molar ﬂow rate of unreacted CaO (calciner side)
FCO2,clc = CO2 molar ﬂow rate at calciner outlet
FCO2,crb,in = CO2 molar ﬂow rate at carbonator inlet
FCO2,crb,out = CO2 molar ﬂow rate at carbonator outlet
FO = mole ﬂow rate of fresh makeup limestone, kmol/h
FR = mole ﬂow rate of CO2 in ﬂue gas entering the
carbonator, kmol/h
FR,crb = recirculating molar ﬂow rate (carbonator side)
FR,clc = recirculating molar ﬂow rate (calciner side)
hi = enthalpy, kJ/kmol
H = carbonator height, m
ṁ = mass ﬂow rate, kg/s
N = cycle number
NCa = mol of Ca in the carbonator, mol
P = pressure, bar
Pcarb = absolute carbonator pressure, bar
Peq = CO2 partial pressure at equilibrium, bar
PR = pressure ratio
Q̇input = solar power input
r = reaction rate, s−1
rave = average reaction rate, s
−1
SM = solar multiple
t = time, s
T = temperature, °C
Tcalciner = calciner temperature, °C
Tcarb = carbonator temperature, °C
Teq = equilibrium temperature, °C
tk = fast carbonation stage time, s
μ0 = mean superﬁcial velocity in the CFB riser, m/s
V̇CO2 = CO2 volume ﬂow rate, m
3/s
Ws = solid inventory in the carbonator per MW of a typical
power plant, kg
Ẇnet = average electrical power, MWe
Ẇnet,night = net electrical power for the night mode, MWe
Ẇnet,sun = net electrical power for the sun mode, MWe
ẆM‑TURB = power produced by the main CO2 turbine, MWe
ẆM‑COMP = power consumed by the main CO2 compressor,
MWe
ẆHPS‑TURB = power produced by the high-pressure CO2
turbine, MWe
ẆHPS‑COMP = power consumption of high pressure
intercooled CO2 compressor for the storage system, MWe
ẆST = power produced in the steam turbine cycle, MWe
ẆP = power consumed in the steam turbine cycle, MWe
ẆPSOLCAL = power consumptions for solids transport in the
calciner side, MWe
ẆPSOLCAR = power consumptions for solids transport in the
carbonator side, MWe
ẆAUXPOWCA = auxiliary power consumptions in the calciner
side, MWe
ẆAUXPOWCR = auxiliary power consumptions in the
carbonator side, MWe
X = average CaO conversion
Xave = average conversion of the sorbent
Xmax,ave = maximum average conversion of the sorbent
XK = CaO conversion in the fast carbonation stage
XN = CaO conversion at the N cycle
Xr = residual CaO conversion
ΔP = pressure drop at carbonator, bar
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ΔS20 = carbonation entropy change, J/(mol·K)
Δtsun = average daytime period, h
ΔHr(Treact) = reaction enthalpy at the reactor temperature,
kJ/mol
ΔP = pressure drop at carbonator, bar
ΔS20 = carbonation entropy change, J/(mol·K)
Δtsun = average daytime period, h
ΔHr(Treact) = reaction enthalpy at the reactor temperature,
kJ/mol
ΔHr0 = standard enthalpy of reaction, kJ/mol
η = overall net eﬃciency
κ = deactivation constant rate
τ = average residence time in the carbonator, s
ϕN = fraction of solids cycled N times
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The Calcium-Looping process is a promising thermochemical energy storage method based on the
multicycle calcination-carbonation of CaCO3-CaO to be used in concentrated solar power plants. When
solar energy is available, the CaCO3 solids are calcined at high temperature to produce CaO and CO2,
which are stored for subsequent utilization. When power is needed, these reaction by-products are fed
into a carbonator reactor where energy is released from the exothermic carbonation reaction. In com-
parison with currently commercial energy storage systems, such as solar salts, the Calcium-Looping
process presents several beneﬁts such as the feasibility to work at signiﬁcantly higher power cycle
temperatures, a higher energy storage density and the possibility to store energy in the medium-long
term. The present manuscript analyzes a number of novel Calcium-Looping conﬁgurations for energy
storage combined with CO2 cycles in a solar tower plant. The high overall efﬁciencies achieved (32e44%,
deﬁned as the ratio of net electric power production to net solar thermal power entering the calciner)
indicate a potential interest for the integration of the Calcium-Looping process in Concentrating Solar
Power Plants, although major technological challenges related to the design of the solar receiver and of
the high temperature solids handling devices remain to be faced.
© 2018 Elsevier Ltd. All rights reserved.1. Introduction
Dispatchability is a main challenge for the commercial deploy-
ment of intrinsically variable major renewable energies such as
wind and solar. Thus, efﬁcient, cheap and non-toxic thermal energy
storage (TES) is a key issue for Concentrating Solar Power (CSP)
plants to provide a signiﬁcant share of electricity generation.
Currently, over 40% of commercial CSP plants around the world
incorporate TES systems typically based on a two-tank TES system
to use the sensible heat stored in molten salts, which allows CSP
plants to operate up to 15 h in the absence of solar radiation [1].
In the last years, research on Thermochemical Energy Storage
(TCES) systems as an alternative to molten salts has gained a
considerable momentum [2]. TCES applied to CSP uses the heat
available in the solar receiver to drive an endothermic reaction.
When energy is needed, the by-products of the reaction are
brought together at the necessary conditions for the reverseexothermic reaction to occur, which releases the previously stored
chemical energy for power production. Main advantages of TCES
over TES and PCMs are the possibility of storing energy in the long
term [3] and the high energy density potentially achievable [4].
Many TCES systems are being analyzed as candidates for energy
storage in CSP plants [5], among which we ﬁnd systems based on
hydroxides (e.g. CaðOHÞ2 [6]), metal redox (e.g. Co3O4 [7]), car-
bonates (e.g. CaCO3 [8], SrCO3 [9,10]), hydrides (e.g.MgH2 [11]),
ammonia [12], sulfur [13] or organic compounds (e.g. CH4 [14]). A
proper selection of the TCES system is crucial. In order to compare
the different TCES systems, a general criterion was proposed by
Wentworth and Chen [15].
Among the diverse thermochemical systems for energy storage,
the cyclic calcination-carbonation of CaCO3-CaO (Eq. (1)) stands as
a promising method for CSP applications [16e20].
CaCO3ðsÞ%CaOðsÞ þ CO2ðgÞ DH0r ¼ 178 kJ=mol (1)
The Calcium-Looping (CaL) process shows a number of impor-
tant beneﬁts for TCES in CSP such as: i) high turning temperature,
which allows using high efﬁciency power cycles [21] thus
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salts at temperatures near ~600 C, ii) high energy density [19], iii)
the use of a well-known process and already mature technology
originally developed for the cement and lime industry [22e24], iv)
the low price, wide availability and non toxicity of natural lime-
stone (near 100% CaCO3) that may be employed as CaO precursor
[25e27].
The CSP-CaL integrated process starts with the decomposition of
CaCO3 in a solar calcination reactor (calciner) where heat is sup-
plied by concentrated solar radiation. In this regard, the CaL process
is especially suited for CSP plants with tower technology where the
attainable temperatures ﬁt in the necessary range to achieve fast
CaCO3 decomposition (above 700 C depending on the CO2 partial
pressure in the calciner environment [28]). The calcination by-
products (CaO and CO2) are sent to storage vessels and, when
needed, circulated into a carbonator reactor wherein energy is
recovered from the exothermic carbonation reaction.
The CSP-CaL integration, although already proposed as a
concept in the late 1970s [29], has not been analyzed in detail until
quite recently. Several solar calcination reactors have been pro-
posed and tested [30e33]. Moreover, a number of studies have
been reported regarding Ca-based materials behavior for TCES
[20,34,35]. Edwards et al. [36] developed a CSP-CaL integration
scheme in which the carbonator heat is transferred to a CO2/air
stream used as working ﬂuid in a Joule-Brayton open cycle. Cha-
cartegui et al. [8] have more recently proposed a higher efﬁciency
(up to 45%) CSP-CaL scheme optimized by a pinch analysis [37]
wherein the TCES system is coupled to a closed CO2 power cycle
[21]. Another possibility would be integrating a supercritical CO2
cycle (s-CO2) [38e40] in an indirect way, as was analyzed in a
previous work [21]. Previous schemes [38,41] take advantage of the
energy storage capacity of CaL process within a post-combustion
CO2 system. Other works [42,43] have presented diverse schemes
in which CSP is used to aid calcination when the CaL process is
employed for CO2 capture in a coal ﬁred power plant.
The present manuscript goes beyond previous analyses on the
CSP-CaL integration by investigating the performance of new pro-
cess schemes. Regarding to previous works, the novel schemes
analyzed in the present work consider high temperature solids
storage, which simpliﬁes the heat integration process while
maintaining a high-energy storage potential. In this regard, a new
expression to estimate the energy density of a thermochemical
system based on gas-solid reactions is proposed, which considers
not just the reaction enthalpy but also the size of the vessels needed
for solids storage and material properties such as the bulk porosity
of the granular solids. A simpler heat integration allows to use novel
integration schemes with a design similar to state-of-the-art
equipment. Starting from a simpliﬁed base case each modiﬁed
layout seeks to increase the overall plant efﬁciency at the expense
of introducing an additional degree of complexity and therefore a
higher investment cost.
The manuscript is structured as follows: ﬁrst a CSP-CaL plant is
generally described. Main concepts, possibilities and limitations of
the cycle, as well as the assumptions made along the analisys are
addressed. In section 3, four novel CSP-CaL integration schemes are
analyzed from mass and energy balances. Afterwards, a sensitivity
analisys is carried out in order to assess the impact of the different
assumptions on cycle efﬁciency. Results show that overall plant
efﬁciencies, deﬁned as the ratio of net electrical production to net
thermal input entering the calciner (and therefore without
considering solar receiver efﬁciency) vary in a wide range of
32e44% depending on the system complexity and cycle
parameters.2. CSP-CaL plant
2.1. Overall description
Fig. 1 shows a ﬂow diagram of the CSP-CaL integrated system.
The process starts in the calciner, where solar energy is used to
carry out the calcination reaction that releases gaseous CO2 and
solid CaO as products. In the present work it is assumed that
calcination can be fully achieved in the calciner [17,22]. According
to chemical equilibrium [28], a temperature around 900 C is suf-
ﬁciently high to drive calcination at atmospheric pressure in short
residence times. Such temperature can be attained, for example, in
a solar particle receiver [44,45]. Several solar calciner reactors have
been already proposed in literature [30e32,46] and experimentally
tested up to 50 kW scale [47].
CaO generated in the solar calciner is stored in a CaO storage
vessel, while hot CO2 is cooled down in a heat exchanger network
consisting in a heat recovery steam generator for a bottoming
steam cycle and in possible solids preheater. Cooled CO2 is stored in
a pressurized CO2 vessel or used as working ﬂuid in the power
cycle.
On the carbonator side, preheated CO2 reacts with CaO by
exothermic carbonation, which produces CaCO3. The CO2mass ﬂow
rate entering in the carbonator (FCO2;crb;in) is well above the stoi-
chiometric need and the excess CO2 (FCO2;crb;out) is used as ﬂuid
carrier to evacuate the heat released by carbonation. Hot CO2
efﬂuent from the carbonator is expanded in the main CO2 turbine
(M-TURB) driving the CO2 compressors and producing electric
power. Expanded CO2 stream is cooled in a heat exchanger
network, which consists of a CO2 cycle regenerator andmay include
solids preheaters. The cooled CO2 is mixed with the cooled CO2
generated in the calciner or from the CO2 storage vessel and then
compressed up to the carbonator pressure.
One of the main drawbacks of the CaL process is the progressive
loss of activity toward carbonation in short residence times of the
regenerated CaO as the number of cycles increases depending on
the carbonation/calcination conditions employed [48]. Thus, only a
fraction X of the total ﬂow of CaO entering the carbonator (FR;crb;in)
reacts to produce CaCO3 (FCaCO3;crb), while 1-X remains as unreacted
CaO (FCaO;unr). The average CaO conversion X is thus a critical ma-
terial property for the simulations. CaO conversion is highly
dependent on the carbonation-calcination conditions as well as on
the CaO precursor [49]. The CaL process applied to post-combustion
CO2 capture, which most of the CaL research focused on, involves
carbonation under low CO2 partial pressure whereas calcination is
carried out under high CO2 concentration at temperatures around
950 C. These conditions lead to a severe drop of the CaO conver-
sion with the number of cycles, reaching a residual value of just
around X¼ 0.07e0.08 [50]. However, CaL conditions for TCES in
CSP are not the same as those employed for CO2 capture. In the
proposed CaL-CSP integration scheme (Fig. 1) both carbonation and
calcination are carried out under a pure CO2 atmosphere. According
to previous works, CaO residual conversion is about X¼ 0.2 for
carbonation under 100%CO2 atmosphere and calcination at 725 C
(under low CO2 partial pressure) for CaCO3 particles larger than
45 mm [18]. A similar value of the residual conversion for CaO
derived limestone is reported by Obermeier et al. [17], who per-
formed calcination at 800 C in air atmosphere and carbonation at
600 C under pure CO2 atmosphere. In the present work, a baseline
value of X¼ 0.15 is assumed for the process simulations at sta-
tionary conditions, which means that about 85% by weight of the
CaO entering into the carbonator exits it as unreacted CaO. Never-
theless, a sensitivity analysis on the average conversion will be
performed in Section 4 to assess the dependency of the plant per-
formance on the CaO conversion.
Fig. 1. CSP-CaL conceptual scheme.
C. Ortiz et al. / Energy 155 (2018) 535e551 537Energy density values found in the literature for the CaL system
vary widely. Some authors [4,38,51e53] report values around of
3e4 GJ/m3 from the reaction enthalpy while other works [38,54,55]
give values in the range of 0.9e2 GJ/m3 by considering gas and
solids vessels and/or that carbonation is not complete. Rhodes et al.
[10] use an expression to calculate the energy density in each cycle
as a function of the mass change observed in thermogravimetric
experiments. However, it is interesting for practical purposes to
address the size of the vessels needed for solids storage (i.e. taking
into account the particles porosity and the packing density of
solids), which is more closely connected with the capital costs of
the energy storage system. To this end we propose Eq. (2), which
can be applied to gas-solid TCES systems with the structure ABðsÞ%
AðsÞ þ BðgÞ (for the CaL case: AB ¼ CaCO3; A¼ CaO; B¼CO2):Eden

GJ
m3

¼
X$
0
B@DHR þ
Z Treactor
TB; vessel
cp; B dT þ
Z TA; vessel
TAB; vessel
cp;ABdT
1
CAþ ð1 XÞ$
Z TA; vessel
TAB; vessel
cp;AdT

vAB
ð1εABÞ þ
vA
ð1εAÞ

1
∅þ X$vB
(2)where DHR is the reaction enthalpy (GJ/kmol), cp; i is the speciﬁc
heat of the component i (MJ/kmol$K), Treactor is the decomposition
reaction temperature (K),Ti; vessel is the storage temperature for of
the component i (K), ni is the speciﬁc volume (m
3/kmol) of the
component i at storage conditions, εi is the internal porosity of the
component i and ∅ is the particle packing density, whose value is
set to 0.6 as a typical value for the random loose packing fraction of
irregularly shaped particles under gravity [56]. For the CaL speciﬁc
case, it is assumed that particle size does not change by reversible
reaction (which would affect mainly to its internal porosity) and
therefore vAB ¼ vA.
The CO2 tank volume is a critical factor depending on the gas
temperature and pressure. In the CSP-CaL integration scheme
proposed elsewhere [8] CO2 is stored at high pressure (75 bar) and
atmospheric temperature (25 C) to guarantee supercritical condi-
tions and therefore minimize vessel size. The solids vessels capacity
is highly inﬂuenced by the CaO conversion, since a high CaO reac-
tivity reduces storage volume needs. Thus, the volumetric energydensity of the entire CaL system is mainly dependent on the CO2
storage conditions (pressure and temperature) and CaO conversion
as shown in Fig. 2.
As shown in Fig. 2, considering supercritical conditions for CO2
storage, the energy density of the entire system varies in a range of
 0.39e0.9 GJ/m3 depending on CaO conversion. Fig. 2 also shows
the energy storage density of a molten salt system by considering a
two-tank conﬁguration [57] and typical values of the temperature
change (DT) in CSP plants [1]. As can be seen, the energy storage
density of the entire CaL system is comparable to the molten salt
technology for CaO conversions of 0.15, whereas it can be well
above that of the molten salts system for higher CaO conversion.2.2. Model assumptions
The main assumptions made to model the CSP-CaL plant are
summarized in Table 1. All gas-gas heat exchangers are character-
ized by a minimum temperature difference ðDTminÞ of 15 C,
whereas gas-solids heat exchangers are assumed to achieve the
same outlet temperature in both streams, assuming ﬂuidized bed
or entrained ﬂow gas solid contactors. Auxiliaries power con-
sumption in the carbonator and calciner sides are calculated as 0.8%
of the heat rejected in coolers [58]. Solids transport is carried out by
means of pneumatic conveying, which is an already mature tech-
nology to transport high temperature granular solids [59]. For Ca
based particles and a typical transport length of 200m, the esti-
mated energy consumption is 20 MJ/ton [8]. Thermal loss in the
storage system is highly dependent on the type of insulation
employed. Thus, a thermal uncertainty parameter (including
receiver and storage efﬁciencies) will be considered in the calcu-
lation of the solar to electric power efﬁciency.
In regard to the turbomachinery efﬁciencies, different values
Fig. 2. Overall CaL energy storage density as a function of CO2 storage conditions (pressure and temperature) and CaO conversion X. Solids storage temperature is assumed at
600 C.
Table 1
Main assumptions in the CSP-CaL model.
Group Parameter Component Value
Turbomachinery Isentropic efﬁciency Main CO2 turbine (M-TURB) 0.9
Main CO2 compressor (M-COMP) 0.87
High pressure storage turbine (HPS-TURB) 0.8
High pressure storage compressor (HPS-COMP) 0.8
Mechanical-electric efﬁciencies Main CO2 turbine (M-TURB) 0.98
Main CO2 compressor (M-COMP) 0.98
CO2 turbine (HPS-TURB) 0.96
High pressure storage compressor (HPS-COMP) 0.96
number of intercooling/reheating stages High pressure storage compressor (HPS-COMP) 5
Main CO2 compressor (M-COMP) 0
CO2 turbine (HPS-TURB) 2
Intercooling/reheating temperature High pressure storage compressor (HPS-COMP) 40 C
High pressure storage turbine (HPS-TURB) 65 C/100 C
Heat exchangers minimum temperature difference gas-gas HX 15 C
CO2-cooler 15 C
Pressure drops coolers 1%
HXG (both sides) 5%
HRSG (hot side) 3%
HRSG (cold side) 11%
solid-gas HX (both sides) 3%
Reactors Efﬁciency Calciner 1
Heat input Calciner 100MW
Heat losses Carbonator 1% of heat transferred
Storage vessels Temperature losses All 0 C
CO2 storage conditions CO2 vessel 75 bar
25 C
Steam cycle isentropic efﬁciency Steam turbine (ST) 0.75
Mechanical-electric efﬁciencies Steam turbine (ST) 0.98
condensing pressure COND 0.075 bar
evaporation pressure HRSG 45 bar
Super-heated steam temperature HRSG 400 C
Heat rejection Auxiliaries electric power consumption All coolers 0.8% of heat released
C. Ortiz et al. / Energy 155 (2018) 535e551538have been considered as a function of turbomachinery size and
type (Table 1). Thus, higher isentropic and mechanical efﬁciencies
are assumed for turbomachines with larger volume ﬂow rate (M-
TURB and M-COMP). The moderate heat input does not justify the
adoption of complex conﬁgurations with high steam parameters
for the heat recovery steam cycle. Thus, a simple superheated steam
cycle with no reheat and moderate pressure and temperatures has
been assumed.
Different operations in “sun” and “night”modes are simulated in
this work. As previously stated, a Solar Multiple (SM) equal to 3 is
assumed for the system design and for simplicity the day isconsidered composed by 8 h of sun, constantly providing
100MWth to the calciner, and of 16 h of night. In the “sun” oper-
ating mode the CO2 mass ﬂow entering the carbonator side
(FCO2;crb;in) is thus 1/3 the amount produced in the calciner (FCO2;clc)
whereas the remaining 2/3 are sent to a CO2 storage vessel that is
discharged during the “night” mode operations (2/3 of the day). In
this simpliﬁed approach, the plant efﬁciency is therefore deter-
mined as a weighted average of the performances in “sun” mode
and “night” mode (Eq. (3)). A more detailed hour-by-hour calcu-
lation with real solar radiation data and off-design plant analysis
should be pursued for a rigorous yearly analysis.
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24h
_Wnet dt
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24h
_Qinput dt
¼
_Wnet;sunDtsun þ _Wnet;night ð24 DtsunÞ
_Qinput Dtsun
(3)
In Eq. (4), _Wnet is the net electrical power produced by the
system and _Qinput is the solar power input in the calciner (100MW
for Dtsun of 8 h). The electric power produced is computed for the
“sun mode” ð _Wnet;sunÞ and the “night mode”ð _Wnet;nightÞ, (Eqs. (4) and
(5)):
_Wnet;sun ¼ _WMTURB þ _WST  _WP  _WMCOMP  _WHPSCOMP
 _WPSOLCAL  _WPSOLCAR  _WAUXPOWCA  _WAUXPOWCR
(4)
_Wnet;night ¼ _WMTURB þ _WHPSTURB  _WMCOMP  _WPSOLCAR
 _WAUXPOWCR
(5)
where _WMTURB is the power produced by the main CO2 turbine;
_WST and _WP are the power produced and consumed by the steam
turbine and the pump of the steam cycle, respectively; _WMCOMP is
the power consumed by the main CO2 compressor; _WHPSCOMP is
the power consumption by the high pressure intercooled CO2
compressor for the storage system; _WPSOLCAL and _WPSOLCAR are the
power consumptions due to solids transport in the calciner and
carbonator sides, respectively; _WAUXPOWCA and _WAUXPOWCR are the
auxiliary power consumptions in the calciner and carbonator sides,
respectively; _WHPSTURB is the power produced by the high pres-
sure CO2 turbine for expanding CO2 from the storage to the car-
bonator pressure.
It is important to note that efﬁciency in our work strictly refers
to the heat input to the calciner and therefore it does not take into
account the thermal efﬁciency of the solar receiver, whose design
and modelling is beyond the scope of this work.
3. CSP-CaL schemes
In order to analyze the most beneﬁcial conﬁguration as a
tradeoff between efﬁciency and complexity 4 layouts have been
analyzed. Case 1 is the base case, gas-solid heat exchangers are
introduced in Case 2, an intercooled compression is added to Case 3
and, in Case 4, an ambient pressure carbonator is also employed.
Calculations have been performed using the commercial software
Aspen Plus™.
3.1. Base case
The proposed conﬁguration for the base case is shown in Fig. 3.
In the “sun” operation mode, solar energy is used in the calciner to
bring the CaCO3-rich solids stream up to reaction temperature
(900 C) for the calcination reaction to be achieved. The CO2 pro-
duced in the calcination (g1 in Fig. 3) is sent to a heat recovery
steam generator (HRSG) in order to use its sensible heat for power
production by means of a simple superheated steam Rankine cycle.
The cooled CO2 stream (g3) is then compressed up to 3 bar in the
main CO2 compressor (M-COMP) and is split in two streams. A
fraction of the CO2 (1/3 of total) is sent directly to the carbonator
(g7a), whereas the rest (g4) is further compressed up to 75 bar
(HPS-COMP) and stored (CO2 storage) for its use during the “night”
operation mode. The CaO produced in the calciner (c1) is directlystored in the high temperature CaO storage vessel. Solids are stored
at ambient pressure and therefore lock hoppers are needed for
decoupling the pressure of the atmospheric solar receiver and of
the storage vessel from the pressurized carbonator.
On the carbonator side, electric power is produced bymeans of a
CO2 closed Brayton cycle wherein a heat exchanger HXG is used as
recuperator. For this base case, CO2 is expanded from carbonator
pressure to atmospheric pressure in the turbine with a pressure
ratio of 3 (PR ¼ Pcarbonator=Pout; MTURB). The CO2 mass ﬂow rate
entering the carbonator (g9) is well above the stoichiometric need
for CaO carbonation and is controlled to achieve the target turbine
inlet temperature. Thus, the CO2 ﬂow rate that does not react (g10)
takes the heat released by the carbonation reaction. Carbonation
has been modelled in the base case by considering a residual value
of CaO conversion X¼ 0.15. Then, with the aim of analyzing the
effect of CaO conversion on the plant performance a sensitivity
analysis has been carried out. After the recuperator, the CO2 stream
is cooled by heat rejection to ambient and then compressed again
in the low-pressure compressor (M-COMP) to close the Brayton
power cycle.
As can be seen in Fig. 3, only gas-gas heat exchangers (HRSG,
HXG) and coolers are considered in this base case, which simpliﬁes
the plant as compared to previously proposed CSP-CaL integrations
[8], which made use of counter-ﬂow gas-solid and solid-solid heat
exchangers. This new conﬁguration is therefore advantageous from
the point of view of plant engineering, construction and operation.
Main stream data for the base case is given in Appendix.
The energy balance resulting from the simulation of the base
case is summarized in Table 2. This conﬁguration shows an overall
plant efﬁciency of 32.1%. As a consequence of the design criteria to
keep a constant power production by the main turbine (M-TURB), a
higher net power output is obtained in the “night mode” compared
to the “sun mode”. This is because the power consumed by the
high-pressure CO2 storage compressor (HPS-COMP) and by the
auxiliaries for solids transport is not fully compensated by the
power generated by the steam turbine. On the other hand, part of
the CO2 compression power is recovered in the “night mode” by the
high-pressure CO2 storage turbine (HPS-TURB). As a result, net
power output in the “night mode” operation is 44% higher than in
“sun mode” operation.
The third column in Table 2 (“sun mode w/o storage”) shows the
energy balance of the plant when operated without storage. This
case can be representative of i) the same plant designed with
SM¼ 3 when operating with a solar radiation absorbed by the
calciner equal to 1/3 of the design heat input or of ii) a plant
designed with the same gross turbine power (M-TURB), SM¼ 1 and
no TES. In this case, heat input to the calciner is 1/3 of the design
power and the ﬂow rate of CO2 produced in the calciner matches
the ﬂow rate sent to the CO2 cycle to compensate the CO2 captured
in the carbonator. In this operating mode, the power related to the
turbomachines linked to the storage system (HPS-COMP and HPS-
TURB) is zero. The overall plant efﬁciency obtained for this case is
33.9%. Thus, the efﬁciency penalty associated to the storage system
sized with a solar multiple of 3 is 1.8% points.
As shown in Table 2, main heat rejections to ambient occur in
the CO2 cycle precooler (COOLER-3 in Fig. 3) and in the steam
condenser (COND). In the case of COOLER-3, the CO2 stream exiting
the recuperator HXG (g12) is cooled from 154 C down to 40 C and
part of this heat is used to heat up the CO2 coming from the storage
(HEATER). A non-negligible thermal power is also rejected to
ambient by the high-pressure CO2 cooler (COOLER-2), which is used
to cool the compressed CO2 (g5 stream) from the HP compressor
(HPS-COMP) to a storage temperature of 25 C and by the HPS-
COMP intercoolers.
Fig. 3. Proposed conﬁguration in this work for the CSP-CaL base case.
Table 2
Energy balance resulting from the simulations of the base case.
Parameter Base case (Fig. 3)
“sun mode” “night mode” “sun mode w/o storage”
Solar thermal power to the calciner (MWth) 100 0 33.33
Heat exchangers Thermal Power(MWth) HRSG 21.73 e 7.24
COOLER-1 0.24 e 0.08
COND 15.85 e 5.28
HP-COMP (intercooler) 4.66 e e
COOLER-2 4.15 e e
HEATER e 2.14 e
TURB1 (interheater) e 0.77 e
COOLER-3 13.24 13.24 13.24
HXG 75.91 75.91 75.91
Power production (MWe) CO2 storage turbine (HPS-TURB) e 1.05 e
Main CO2 turbine (M-TURB) 23.92 23.92 23.92
Steam Turbine (ST) 5.80 e 1.93
Power consumptions(MWe) Steam cycle pump (P) 0.04 e 0.01
Main CO2 compressor (M-COMP) 12.94 12.22 12.94
CO2 storage compressor (HPS-COMP) 5.33 e e
Auxiliaries for heat rejection (calciner side) 0.20 e 0.04
Auxiliaries for heat rejection (carbonator side) 0.11 0.11 0.11
Auxiliaries for solids transport calciner 2.17 e 0.72
Auxiliaries for solids transport carbonator 0.72 0.72 0.72
Net power (MWe) _Wnet;sun 8.27 - 11.31
_Wnet;night - 11.93 0
Overall plant efﬁciency h 0.321 0.339
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Compared to the base case, case 2 (Fig. 4) incorporates the use of
solid-gas heat exchangers on both calciner and carbonator sides. In
this way, it is possible to make a more proﬁtable use of the high
temperature heat stored in the streams exiting the reactors, which
leads to an improved thermal integration. Solids heating could be
performed in a suspension preheater where gas and solids aresequentially contacted in risers and separated by cyclones, as
usually performed in rawmeal preheaters of cement plants [60]. All
solid-gas heat exchangers have been modelled by assuming a co-
ﬂow arrangement and a same exit temperature of the gas and
solids streams (as shown in Fig. 5).
GS-HE1 is used to exchange heat between the CO2 stream
exiting the calciner at 900 C and the solids stream entering it,
which must be brought to the calcination temperature, while heat
Fig. 4. CSP-CaL modiﬁed integration scheme (case 2).
Fig. 5. TQ diagrams for calciner/carbonator sides in both the base case and case 2 conﬁgurations.
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Table 3
Energy balance for the cases 2,3 and 4.
Parameter Case 2 Case 3 Case 4
Including: solids heat exchangers Including: solids heat exchangers
Intercooled compression
Including: solids heat exchangers
Intercooled compression P¼Patm
carbonation
“sun
mode”
“night
mode”
“sun mode w/o
storage”
“sun
mode”
“night
mode”
“sun mode w/o
storage”
“sun
mode”
“night
mode”
“sun mode w/o
storage”
Solar thermal power (MWth) 100 0 33.33 100 0 33.33 100 0 33.33
Heat exchangers thermal
Power (MWth)
HRSG 11.63 e 3.88 11.37 e 3.80 11.51 e 3.84
GS-HE1 4.39 e 1.46 4.45 e 1.48 4.42 e 1.47
COOLER-1 0.25 e 0.08 0.32 e 0.11 0.28 e 0.09
COND 8.49 e 2.830 8.23 e 2.78 8.40 e 2.80
HP-COMP (intercooler) 3.47 e e 3.45 e e 3.46 e e
COOLER-2 3.08 e e 3.06 e e 3.07 e e
HEATER e 1.58 e e 1.57 e e 1.58 e
TURB1 (interheater) e 0.57 e e 0.56 e e 0.74 e
COOLER-3 15.54 15.54 15.54 6.02 6.02 6.02 6.04 6.04 6.04
HXG 84.60 84.60 84.60 93.27 93.27 93.27 93.68 93.68 93.68
GS-HE2 2.91 2.91 2.91 3.17 3.17 3.17 3.04 3.04 3.04
GS-HE3 7.19 7.19 7.19 7.15 7.15 7.15 7.17 7.17 7.17
Power inlet (MWe) CO2 storage turbine (HPS-
TURB)
e 0.77 e e 0.76 e e 1.01 e
Main CO2 turbine (M-
TURB)
26.87 26.87 26.87 26.64 26.64 26.64 26.77 26.77 26.77
Steam Turbine (ST) 3.10 e 1.03 3.03 e 1.01 3.07 e 1.02
Power outlet (MWe) Steam cycle pump (P) 0.02 e 0.01 0.02 e 0.01 0.02 e 0.01
Main CO2 compressor (M-
COMP)
14.67 14.11 14.67 13.26 12.75 13.26 13.28 13.20 13.28
CO2 storage compressor
(HPS-COMP)
3.98 e 0.00 3.95 e 0.00 3.96 e 0.00
Auxiliaries heat calciner 0.12 e 0.02 0.12 e 0.02 0.12 e 0.02
Auxiliaries heat carbonator 0.12 0.12 0.12 0.12 0.12 0.12 0.12 0.12 0.12
Auxiliaries solids transport
calciner
1.60 e 0.53 1.59 e 0.53 1.60 e 0.53
Auxiliaries solids transport
carbonator
0.53 0.53 0.53 0.53 0.53 0.53 0.53 0.53 0.53
Wnet _Wnet;sun 8.94  12.01 10.09  13.18 10.21  13.30
_Wnet;night  12.88   14.01   13.92 -
Overall plant efﬁciency h 0.347 0.360 0.381 0.395 0.381 0.399
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entering the carbonator. As a consequence, solids are stored in the
vessels at lower temperature and lock hoppers also operate at
lower temperatures. Streams properties is reported in Appendix
while the energy balance for this case is shown in Table 3.
Because of the preheating of the gas in GS-HE2 and GS-HE3, this
enter the carbonator at higher temperature compared to the base
case (719 C instead 654 C) and a higher CO2 ﬂow rate can pass
across this reactor to carry the heat released by the carbonation
reaction. As a result, the power produced by the main CO2 turbine
increases by a 12%. Fig. 5 shows the temperature-heat (TQ) dia-
grams for both the base case and case 2.
As shown in Fig. 5, a better heat integration is achieved in the
calciner side for the case 2. An enhanced utilization of high-
temperature stream temperature is achieved, with the conse-
quent reduction in exergy loses. The lower storage temperature in
the CaCO3/CaO storage vessel also causes a reduction of the solids
temperature at the inlet of the calciner (stream s3). Therefore, in
the “sun mode”, a higher portion of the heat provided to the
calciner is taken as sensible heat of the solids stream and less power
is available for the calcination reaction, which lowers the produc-
tion of CaO and CO2. The reduced ﬂow rate of CO2 combined with
the lower temperature at the HRSG inlet (stream g1-1) after the
solids preheater GS-HE1 causes a reduction of the steam generated
and of the steam turbine power (47% compared to the base case).
The reduction of the solids ﬂow rate and of the CO2 ﬂow rate
generated in the calciner also lead to a reduction of consumption ofthe HP CO2 storage compressor and the auxiliaries for calciner
solids transport (26%).
Regarding the energy balance, an overall plant efﬁciency of
34.7% has been obtained, i.e. 2.6% points higher than the base case
efﬁciency. The calculated net efﬁciency without energy storage also
increases to 36.0%. Due to the reduced consumption for CO2 storage
compression, the differences between these two calculated efﬁ-
ciencies and between the net power produced in “sun” and “night”
modes are also reduced.3.3. Case 3: introduction of solid-gas heat exchangers and
intercooled compression
Compared with case 2, case 3 contemplates the use of an
intercooled main CO2 compressor, which allows reducing the
consumption for CO2 compression and achieving a higher cycle
efﬁciency thanks to the presence of the regenerator. The low-
pressure intercooled compressor is used to compress around
140 kg/s of CO2 from atmospheric pressure to the carbonator
pressure. In this case, two intercoolers are assumed with an inter-
cooled temperature of 40 C, leading to compressor outlet tem-
peratures of 73 C from each stage. This leads to a reduction of the
CO2 stream temperature at compressor outlet (g8) compared to
case 2 (73 C instead 143 C), which allows for a higher heat ex-
change in HXG and therefore a reduced need for cooling in cooler-3.
Results for this conﬁguration can be seen in Table 3. By using a 2
intercooled-stages main compressor (M-comp), electric
C. Ortiz et al. / Energy 155 (2018) 535e551 543consumption is reduced by 6.8% and 8.8% in the “sun” and “night”
modes, respectively, which implies an overall plant efﬁciency in-
crease of 3.4%.3.4. Case 4: carbonator at ambient pressure
Case 4 allows operating the carbonator at ambient pressure. As a
beneﬁt, high temperature lock hoppers for solids pressurization
would not be necessary. On the other hand, hermetic machines and
heat exchangers to avoid air in-leakages as well as larger turbo-
machines (to handle the higher volume ﬂow rate), larger carbo-
nator and larger heat exchangers (to compensate the decrease of
heat transfer coefﬁcient with gas density) must be employed.
Moreover, it is expected to achieve a lower reaction rate in the
carbonator, which is favored by high CO2 pressure [61].
Fig. 6 shows the case 4 scheme. M-comp compresses the CO2
stream coming from the carbonator (g13) up to atmospheric pres-
sure (plus about 0.1 bar to overcome pressure drops). Unlike in
previous layouts in which g3 and g13 compressions were made
completely in theM-compressor, in case 4 the CO2 coming from the
calciner (g3) is simply blown by a fan and is directly sent to the
carbonator side, without passing through the M-comp.
As shown in Table 3, there are no big differences in terms of
efﬁciency between cases 3 and 4. Therefore, themost advantageous
conﬁguration between pressurized and atmospheric pressure car-
bonator must be chosen based on techno-economic considerations
depending on the technical challenge and cost of a high tempera-
ture lock hopper system or the sealed components for a speciﬁc
facility. The techno-economic analysis is being carried out by
considering a quasi-stationary simulation to better assess theFig. 6. CSP-CaL modiﬁed inteequipment sizes and costs and will be reported in a future publi-
cation. Note that all conﬁgurations have beenmodelledwith PR¼ 3.
A higher temperature is achieved at the carbonator inlet in all
cases where solid-gas heat exchangers are integrated (as shown in
Appendix), which leads to a higher temperature of heat introduced
in the thermodynamic cycle and therefore to a higher cycle efﬁ-
ciency. As a consequence, a larger mass ﬂow rate of CO2 can be
heated up to 850 C for power production. Thus, 133.5 kg/s of CO2
enter in the main turbine for the base case whereas in case 4 this
value is increased up to 151 kg/s.
Compared to the base case (where the global efﬁciency is 32.1%),
the overall plant efﬁciency increases for all the modiﬁed conﬁgu-
rations. As mentioned in the base case, also in these schemes an
efﬁciency increase is achieved when no storage and SM¼ 1 are
considered as the high-pressure compressor is not used. Thus, it is
important to point out that the base operation mode selected for
the simulations (“sun mode”, SM¼ 3) represents the worst scenario
since throughout the day the solar power hitting the solar receiver
will vary and therefore most of the time less than 100 MWth will be
produced in the solar ﬁeld. In practical operation conditions, the
net global efﬁciency achieved in each case will be comprised be-
tween the weighed efﬁciency (1/3e2/3) and the efﬁciency in “sun
mode w/o storage” depending on the characteristics of solar radia-
tion for the selected site and on the solar ﬁeld off-design
performance.4. Sensitivity analysis and discussion
This section is devoted to compare the performance of the four
conﬁgurations proposed for different gas cycle pressure ratio andgration scheme (case 4).
Fig. 7. Sensitivity analysis on pressure ratio (PR).
Fig. 8. Maximum carbonator temperature as a function of CO2 partial pressure in the
carbonator atmosphere according to thermodynamic equilibrium (Eq. (6)).
C. Ortiz et al. / Energy 155 (2018) 535e551544number of main compressor intercoolers from the overall efﬁciency
perspective. Moreover, to further explore the CSP-CaL integration, a
sensitivity analysis has been carried out on case 3 about the effect of
the turbine inlet temperature, CaO conversion, steam cycle condi-
tions, turbomachinery efﬁciency, minimum DT in the main CO2
heat exchanger, and CaO-CO2 storage conditions.
4.1. Effect of pressure ratio
In this section, all previous schemes are compared to analyze the
most advantageous conﬁguration. To this end, the pressure ratio
ðPRÞ; deﬁned as the ratio of the carbonator pressure to the turbine
outlet pressure, has been chosen as dependent variable. Note that
in the previous section all conﬁgurations are analyzed at PR¼ 3.
Fig. 7 shows the resulting overall plant efﬁciency as a function of
the pressure ratio for the different cases and assuming a different
number of intercooling stages in the main CO2 compressor (for
cases 3 and 4 only). As can be seen, cases 3 and 4 clearly show a
higher efﬁciency than cases 1 and 2, particularly for higher pressure
ratios. This illustrates the beneﬁts of using the multi-stage inter-
cooled compression combined with the gas cycle regenerator HXG.
The simplest conﬁguration (base case) reaches the maximum
efﬁciency with PR of about 2.8, whereas in case 2 (where gas-solids
heat exchangers are considered) efﬁciency is enhanced to near 35%
at PR¼ 3.2. Gas-solids preheating allows increasing the tempera-
ture of solids stream entering the carbonator and a higher CO2 ﬂow
rate can be expanded in the main turbine (M-TURB). Thanks to the
inter-cooled compression, the overall efﬁciency is further increased
in case 3, reaching a value near 40% at PR between 4 and 5.
Compared to previously reported CSP-CaL schemes [8,21], this
relatively high efﬁciency is achieved in case 3 with a conﬁguration
of lower technical complexity and based on equipment already
used in the cement industry, which would imply also a lower sys-
tem cost.
4.2. Effect of turbine inlet temperature (TIT), CaO average
conversion (X) and pressure ratio
As it was shown in Fig. 7, there is a carbonator pressure for
which the integration efﬁciency reaches a maximum, whichjustiﬁes the relevance of an analysis on the pressure and temper-
ature conditions in the carbonator to determine the optimal CaL-
power cycle integration.
Since the carbonator is directly connected to the turbine inlet,
increasing the carbonator temperature leads to a higher power
cycle efﬁciency. However, the maximum temperature in the car-
bonator is limited by the thermodynamic equilibrium of the
calcination-carbonation reaction (Eq. (1)). According to thermo-
chemical data, the equilibrium temperature Teq is related to the CO2
partial pressure in the carbonator environment P by means of Eq.
(6) [28]:
Teq ¼  20474
ln

P
4:137$107
 (6)
where P is measured in bar and Teq in K. Thus, for a given value of P
there is a maximum carbonator temperature (Tmax¼Teq) above
which the CO2 partial pressure is not sufﬁciently high for the re-
action to be shifted toward carbonation (Fig. 8). Since in all
considered cases carbonation is carried out under a pure CO2 at-
mosphere, CO2 partial pressure coincides with the carbonator ab-
solute pressure.
In order to get a grip on the role of turbine inlet temperature and
pressure ratio, case 3 was simulated by considering the cycle
without storage, thus all the CO2 and CaO exiting the calciner side is
sent to power production (SM¼ 1). The analysis also contemplates
several values of the average CaO conversion (X). This analysis is
important because of the high uncertainty on the CO2 carrying
capacity of CaO under the carbonation and calcination conditions
assumed in this work. Moreover, as discussed in section 2, CaO
conversion is highly dependent on the carbonator-calciner condi-
tions as well as on the CaO precursor.
Table 4 shows the energy balance obtained by varying the car-
bonator temperature (and therefore the TIT) and the CaO average
conversion. Note that for a better understanding, these balances are
referred to the conditions without storage and therefore con-
sumption of CO2 storage compressor and power generated by the
CO2 storage turbine are zero.
As expected, an increase in either CaO conversion or TIT leads to
a higher overall plant efﬁciency. If TIT is raised from 850 C to
950 C the overall efﬁciency is enhanced by about 1.2% and 2.7%
points for X¼ 0.1 and X¼ 0.4, respectively. As shown in Table 4,
Table 4
Energy balance for the case 3 as a function of TIT and X (SM¼ 1, PR¼ 3.5).
Parameter X¼ 0.1 X¼ 0.4
TIT¼ 850 C TIT¼ 950 C TIT¼ 850 C TIT¼ 950 C
Solar thermal power (MWth) 33.33 33.33 33.33 33.33
Heat exchangers (MWth) HRSG 3.368 4.796 4.138 4.859
GS-HE1 1.279 0.868 2.072 1.693
COOLER-1 0.097 0.111 0.128 0.137
COND 2.457 3.499 3.019 3.545
COOLER-3 5.943 5.157 5.719 5.104
HXG 80.923 83.050 78.760 82.764
GS-HE2 2.891 4.299 3.261 4.077
GS-HE3 9.108 10.804 4.975 5.601
Power inlet (MWe) Main CO2 turbine (M-TURB) 27.226 26.044 26.479 25.943
Steam Turbine (ST) 0.899 1.280 1.105 1.297
Power outlet (MWe) Steam cycle pump (P) 0.006 0.009 0.008 0.009
Main CO2 compressor (M-COMP) 13.523 12.030 13.335 12.083
Auxiliaries heat calciner 0.020 0.029 0.025 0.029
Auxiliaries heat carbonator 0.120 0.105 0.117 0.105
Auxiliaries solids transport calciner 0.677 0.824 0.275 0.291
Auxiliaries solids transport carbonator 0.677 0.824 0.275 0.291
Carbonator heat (MWth) carbonation heat 19.253 23.442 25.717 27.137
reactants preheating (sensible heat) 2.217 4.698 0.320 2.573
losses 0.194 0.234 0.252 0.274
carbonator heat to power cycle 21.276 18.510 25.145 24.290
Power output CO2 cycle (MWe) 13.704 14.014 13.144 13.860
Power output steam cycle (MWe) 0.893 1.271 1.097 1.288
Overall plant efﬁciency ðhÞ 0.393 0.405 0.406 0.433
Table 5
Trends in selected streams by varying X and TIT.
X TIT¼ 850 C TIT¼ 950 C
g10 (kg/s) g1 (kg/s) s2 (TºC) s3 (TºC) g10 (kg/s) g1 (kg/s) s2 (TºC) s3 (TºC)
0.1 127.43 4.93 673.17 692.25 111.75 6.00 769.82 780.31
0.15 126.18 5.49 647.71 676.88 111.73 6.28 736.96 755.71
0.2 125.39 5.86 627.67 666.43 111.59 6.48 712.35 738.90
0.25 124.87 6.11 611.42 659.11 111.51 6.64 692.97 726.95
0.3 124.48 6.31 597.72 653.70 111.42 6.76 676.86 717.88
0.35 124.19 6.46 586.25 649.83 111.37 6.86 663.22 710.84
0.4 123.95 6.58 576.19 646.81 111.32 6.94 651.52 705.28
C. Ortiz et al. / Energy 155 (2018) 535e551 545power consumptions due to solids conveying are the same in the
calciner and carbonator sides since storage is not considered in this
analysis.
As can be seen, the steam cycle production is enhanced with the
carbonator temperature. As the carbonator temperature is raised,
the temperature of the solids entering the calciner (s2) increases as
well, reducing the sensible heat required to heat them up to 900 C
or, equivalently, increasing the CaCO3 ﬂow rate to achieve full
calcination. Thus, a higher amount of CO2 can be produced in the
calciner (see g1 stream in Table 5). Furthermore, the net power
produced by the CO2 closed cycle is also enhanced with the car-
bonator temperature. An increase in CaO conversion enhances the
steam cycle production albeit it does not lead to a higher net power
output in the CO2 closed cycle. This is mainly due to the reduction of
CO2 temperature at the carbonator inlet (Table 5) because of the
lower solids to gas ratio in the CO2 preheaters, which leads to a
lower temperature of heat introduction into the gas cycle and
therefore to a decrease of the cycle efﬁciency. A reduction of the
CO2 temperature at the carbonator inlet causes that a higher
amount of carbonation heat is used to bring the reactants to the
carbonation temperature and therefore, a lower amount of CO2 can
be recirculated (g10). Table 4 shows the carbonator heat used topreheat the reactants to the carbonator temperature. By consid-
ering TIT¼ 850 C and X¼ 0.1, a high amount of solids (compared
with the X¼ 0.4 case) is circulated from the calciner (at 900 C) to
the carbonator, whose temperature is reduced. Therefore, this
solids stream carries additional heat from the calciner to be used in
the power cycle (as can be seen by the positive sign of the reactants
pre-heating thermal power in Table 4).
Fig. 9 shows the global CSP-CaL efﬁciency as a function of X and
TIT.
The different trends followed by the overall efﬁciency with X in
the cases of TIT¼ 850 C and 950 C may be explained by an anal-
ysis of the CaO temperature entering the carbonator from the
calciner at 900 C. In the case of TIT¼ 950 C, a part of the energy
released in the carbonatormust be used to bring the solids up to the
carbonator temperature, being this effect more important when X
is reduced (see reactants preheating power in Table 4). In the case
of TIT¼ 850 C, it is not necessary to heat up the solids since these
come from the calciner at higher temperature, and therefore the
loss of efﬁciency by reducing the CaO conversion is mitigated. Fig. 9
shows also efﬁciency results obtained by including or not auxil-
iaries' consumption. In regard to increasing the CaO conversion, the
energy consumption linked to solids conveying is decreased, which
Fig. 9. Overall plant efﬁciency as a function of X for two different TIT (no storage is considered: SM¼ 1).
Fig. 10. Storage vessels and energy density as a function of CaO conversion. CO2 is
stored at 25 C; 75 bar.
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appreciated when overall average daily performance is considered.
As showed in section 2, the energy density of the storage system
is highly inﬂuenced by the CaO conversion, as shown in Fig. 10. CO2
vessel volume is not affected by X, but is only dependent on pres-
sure and temperature conditions. Note that the energy density is
calculated by using Equation (2), and therefore considers not only
the CaCO3 as solid material, but also the CO2 and CaO vessels, the
bulk porosity and packing density of the granular solids. Thus,
energy density of the storage system infrastructure varies between
0.27 and 0.77 GJ/m3.
In Table 6 three more cases, in which temperature and pressure
in the carbonator are varied taking into account thermodynamic
equilibrium restrictions (Fig. 8), are analyzed.
As can be seen in Table 6, an increase of the carbonator tem-
perature (and therefore of TIT) from 950 C up to 1050 C serves to
enhance the overall plant efﬁciency by 0.8% points due to theincrease of net power output in both the CO2 and steam power
cycles. As expected, an increase of the carbonator pressure (keeping
ﬁxed temperature) does not improve the cycle efﬁciency (as seen in
Fig. 7 for other conditions). According to these results, the increase
of the carbonator temperature improves the overall efﬁciency,
albeit it would also add a higher degree of complexity for the tur-
bine and the solid ﬁltration system. On the other hand, varying the
PR from 3 to 9 has an important effect on the heat exchanged in
HXG (Table 6). This effect is caused by the reduction of the CO2
temperature at the carbonator inlet, which decreases from 820 C
(at PR¼ 3) to 749 C (at PR¼ 9) as a consequence of the isentropic
CO2 expansion process. A higher CO2 temperature inlet allows a
higher CO2 mass ﬂow rate to enter the power cycle since less car-
bonator heat is used to preheat the reactants to the carbonator
temperature. Thus, the CO2 mass ﬂow rate decreases from 395 kg/s
(at PR¼ 3) to 231.3 kg/s (at PR¼ 9).
As a summary, case 3 simulation results indicate that increasing
the temperature in the carbonator, and therefore the TIT, system-
atically leads to a higher overall plant efﬁciency. However, the
maximum temperature in the carbonator is limited by the ther-
modynamic reaction equilibrium, which depends on the carbo-
nator pressure. The process efﬁciency is also enhanced as the PR is
increased up to a certain value of around 3e3.5 from which a
further increase of the PR does not improve efﬁciency. Moreover,
increasing the CaO conversion enhances the overall efﬁciency
(reaching values about 43% at X¼ 0.4) mainly because of the sig-
niﬁcant reduction of auxiliaries power consumption for solids
transport.
4.3. Effect of steam cycle conditions, auxiliaries consumption and
turbomachinery-heat exchangers efﬁciencies
Followingwith the sensitivity analysis, this section assesses how
the overall efﬁciency is affected by important parameters whose
values were ﬁxed in previous calculations (Table 1). Reference case
conditions as well as the range of variation of these parameters are
shown in Table 7. The values of those parameters not speciﬁed in
Table 7 are left unchanged. Results of the sensitivity analysis on
overall CSP-CaL efﬁciency are shown in Fig. 11.
Compared to CSP-CaL schemes reported in previous papers
[8,21,37] a main novelty of the present work is the introduction of a
steam power cycle to take advantage of the high temperature CO2
Table 6
Energy balance for case 3 as a function of TIT and PR (without energy storage).
Parameter X¼ 0.15
Tcarb¼ 950 C Pcarb¼ 3 bar Tcarb¼ 950 C Pcarb¼ 9 bar Tcarb¼ 1050 C Pcarb¼ 9 bar
Solar thermal power (MWth) 33.33 33.33 33.33
Heat exchangers (MWth) HRSG 4.951 4.032 5.482
GS-HE1 1.082 1.401 0.885
COOLER-1 0.128 0.110 0.128
COND 3.613 2.941 3.999
COOLER-3 5.283 4.914 4.232
HXG 96.221 40.601 41.844
GS-HE2 4.388 3.794 5.241
GS-HE3 8.329 11.420 12.917
Power inlet (MWe) Main CO2 turbine (M-TURB) 25.702 27.245 25.974
Steam Turbine (ST) 1.322 1.076 1.463
Power outlet (MWel) Steam cycle pump (P) 0.009 0.008 0.010
Main CO2 compressor (M-COMP) 11.860 13.503 12.167
Auxiliaries heat calciner 0.030 0.024 0.033
Auxiliaries heat carbonator 0.105 0.112 0.100
Auxiliaries solids transport calciner 0.607 0.546 0.640
Auxiliaries solids transport carbonator 0.607 0.546 0.640
Carbonator heat (MWth) carbonation heat 25.010 22.496 26.361
reactants preheating (sensible heat) 3.714 3.893 10.062
losses 0.250 0.226 0.258
carbonator heat to power cycle 21.046 18.376 16.041
Power output CO2 cycle (MWe) 13.842 13.741 13.807
Power output steam cycle (MWe) 1.313 1.069 1.453
Overall plant efﬁciency ðhÞ 0.414 0.407 0.415
Table 7
Parameters variation throughout the sensitivity analysis on the overall CSP-CaL efﬁciency.
Selected scheme case 3 (section 3.3)
Main ﬁxed parameters TIT 950 C
PR 3.5
X 0.15
SM 3
Sensitivity analysis Parameter Ref. value Variation ID-Fig. 11
lower limit upper limit
Rankine cycle live steam 400 C;40 bar 360 C; 40 bar 540 C; 40 bar Rankine 1
360 C;100 bar 540 C; 100 bar Rankine 2
Turbomachinery
isentropic efﬁciency
M-TURB 0.9 5% þ5% Isentropic 1
HPS-TURB 0.8 5% þ5% Isentropic 2
M-COMP 0.87 5% þ5% Isentropic 3
HPS-COMP 0.8 5% þ5% Isentropic 4
Turbomachinery
mechanical efﬁciency
M-TURB 0.98 2% þ2% Mechanical 1
HPS-TURB 0.96 2% þ2% Mechanical 2
M-COMP 0.98 2% þ2% Mechanical 3
HPS-COMP 0.96 2% þ2% Mechanical 4
Turbomachinery
intercooled stages
HPS-COMP 5 3 7 HP-ic-stage
M-COMP 2 0 4 LP-ic-stage
Heat exchangers minimum DT HXG (regenerator) 15 C 10 C 20 C HXG
Cooling temperature Intercoolers
Cooler-2
Cooler-3
40 C 30 C 50 C T-cooling
Heat exchangers pressure drops Coolers
HXG
solid-gas HX
1%
5%
3%
10% þ10% P-drops
Auxiliaries Heat rejection 0.8% of heat released 0.4% 1.2% Heat-rejec
Solids conveying consumption 10 MJ/ton 5 MJ/ton 15 MJ/ton Solids
C. Ortiz et al. / Energy 155 (2018) 535e551 547stream exiting the calciner for power production. For this purpose,
a simple Rankine cycle with moderate live steam conditions
(400 C/40 bar) has been considered from the small power output
of this cycle (around 3 MWe at plant design point). Consideringthese conditions, the net electric efﬁciency remains at 26.5%
whereas for 540 C/100 bar live steam conditions the efﬁciency
increases by 5% points. By computing the overall efﬁciency after
this live steam conditions change, the new efﬁciency value is 0.6%
Fig. 11. Sensitivity analysis on overall CSP-CaL efﬁciency results (see ID deﬁnition in Table 7). For an easier understanding, bars are presented in the same order than legend and a
colour code is used. The reader is referred to the web version of this article. (For interpretation of the references to colour in this ﬁgure legend, the reader is referred to the Web
version of this article.)
C. Ortiz et al. / Energy 155 (2018) 535e551548higher than for the reference case.
As shown in Fig. 11, the most critical parameters on the overall
efﬁciency are those related to turbomachinery efﬁciency. Thus,
increasing by 5% the reference isentropic efﬁciency value for the
main CO2 compressor (M-COMP) the overall efﬁciency rises up to
44%. Regarding the number of intercooled stages, variations in low-
pressure compressor have a stronger effect on the overall efﬁciency
compared to the high-pressure compressor since the penalty over
the cycle caused by the former is higher. Fig. 11 shows also that
variations in energy consumption linked to solids transport plays a
signiﬁcant role in the plant efﬁciency, as was also seen in Fig. 9.
Regarding heat exchangers, a reduction by 5 C of the minimum
temperature difference in the regenerator (HXG) leads to an
enhancement of efﬁciency by 1%.5. Conclusions
The present work is focused on an energy integration analysis of
a CSP-CaL plant. Four novel integration schemes have been devel-
oped by progressively increasing the level of complexity. Plant
operation considering solar multiples (SM) of 3 (design-point for a
constant power production throughout the day) and SM¼ 1
(avoiding the energy storage equipment consumptions since lower
solar radiation is assumed) were tested. As no high-pressure
compressor is needed in the second case, the overall efﬁciency is
increased by 1.8% points and therefore showing the penalty asso-
ciated to the proposed high-pressure CO2 storage system.
The base case presents an overall efﬁciency of 32.1%. By adding
gas-solid heat exchangers on both the calciner and carbonator sides
(case 2) the overall plant efﬁciency reaches a 34.7%. Furthermore, if
a 2-intercooled stage compression is used in the low-pressure
compressor (which is the equipment with greater energy con-
sumption in the plant) efﬁciency is enhanced up to 38.1%. Cases 3
and 4 present similar efﬁciencies. The optimum conﬁguration for a
speciﬁc plant will depend on techno-economic considerations.Results from a sensitivity analysis on the pressure ratio (PR) in the
Brayton cycle shows that the highest efﬁciency is achieved for PR
around 3e4.5 in all cases.
A sensitivity analysis on the effect of CaO conversion and car-
bonator pressure/temperature shows that increasing the TIT under
the limits posed by thermodynamic equilibrium enhances the
overall plant efﬁciency. The overall efﬁciency is also enhanced as
CaO conversion is increased (reaching values about 43% at X¼ 0.4),
mainly because of the signiﬁcant reduction of auxiliaries power
consumption. A new expression for the energy density is proposed
in this paper, which takes into account the size of the infrastructure
(including all vessels and the packing density of solids). For the
proposed cases, the energy storage density, mainly dependent on
CO2 pressure, CO2 temperature and CaO conversion, varies between
0.2 and 0.9 GJ/m3.
Our study gives support to the potential beneﬁts of using the
Calcium-Looping process for thermochemical energy storage in CSP
plants. Major technological challenges are yet to be faced for the
plant assessed in this work, especially related to the design of the
solar receiver/calciner and to the high temperature solids pres-
surization and depressurization system. In future works, a design
study of the solar receiver, hour-by-hour simulations of the plant
considering variable heat input in the solar calciner and techno-
economic analysis need to be undertaken to further assess the
feasibility and competiveness of the CSPe CaL integration.Acknowledgments
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Table 8 shows the main stream data for all simulated cases.Table 8
Main stream data for the CSP-CaL integration
ID Base case
P ðbarÞ T ðºCÞ _m ðkg=sÞ P ðbarÞ T ðºCÞ _m ðkg=sÞ
s1 1.10 850 72.19 1.20 850 53.47
s1-1 e e e 1.17 718.92 53.47
s1-2 e e e 1.14 665.03 53.47
s2 1.10 850 216.56 1.14 665.03 160.40
s3 e e e 1.11 692.17 160.40
c1 1.00 900 193.75 1.00 900 143.51
c2 1.00 900 64.58 1.00 900 47.84
v1 0.074 40.13 7.14 0.074 40.13 3.82
v2 45 40.53 7.14 45.00 40.53 3.82
v3 40 400 7.14 40.00 400 3.82
v4 0.075 40.32 7.14 0.075 40.32 3.82
g1 1.00 900 22.81 1.00 900 16.89
g1-1 e e e 0.97 692.17 16.89
g2 0.97 52.03 22.81 0.94 56.92 16.89
g3 0.96 40 22.81 0.93 40 16.89
g4 3.21 142.69 15.21 3.31 148.29 11.26
g5 75.75 123.66 15.21 75.75 124.27 11.26
g6 74.25 130 7.60 75.00 130 5.64
g7a 3.21 142.69 126.25 3.31 148.29 141.8
g7b 3.21 38.57 7.60 3.31 39.08 5.64
g8 3.21 138.83 133.72 3.31 143.44 142.38
g8-1 e e e 3.31 143.44 5.05
g8-2 e e e 3.21 665.03 5.05
g9 3.05 654.1 133.72 3.14 679.55 142.38
g9-1 e e e 3.14 679.05 147.43
g9-2 e e e 3.05 718.93 147.43
g10 3.00 850 126.25 3.00 850 141.8
g11 1.00 694.53 126.25 1.00 694.54 141.8
g12 0.95 153.83 126.25 0.95 158.65 141.8
g13 0.94 40 126.25 0.94 40 141.8
Notation
A carbonator cross-section, m2 Ti; vessel
cp;i speciﬁc heat, kJ/(kmol$K) TIT
Eden energy density, GJ/m
3 ni
εi porosity of the i-component Vi
Fi molar ﬂow rate of component i, kmol/s _VCO2
FCaCO3 CaCO3 molar ﬂow rate _Wnet
FCaCO3;crb CaCO3 molar ﬂow rate (calciner side) _Wnet;night
FCaO;unr molar ﬂow rate of unreacted CaO (calciner side) _Wnet;sun
FCO2 ;clc CO2 molar ﬂow rate at calciner outlet _WMTURB
FCO2 ;crb;in CO2 molar ﬂow rate at carbonator inlet _WMCOMP
FCO2 ;crb; out CO2 molar ﬂow rate at carbonator outlet _WHPSTUR
FR;crb recirculating molar ﬂow rate (carbonator side) _WHPSCOM
FR;clc recirculating molar ﬂow rate (calciner side) _WST
hi Enthalpy, kJ/kmol _WP
_m mass ﬂow rate, kg/s _WPSOLCAL
N cycle number _WPSOLCAR
P pressure, bar _WAUXPOW
Pcarb absolute carbonator pressure, bar _WAUXPOW
Peq CO2 partial pressure at equilibrium, bar X
PR pressure ratio Xr
_Qinput solar power input DP
SM solar multiple Dtsun
T temperature, C DHRðTreac
Tcalciner calciner temperature, C DH0R
Tcarb carbonator temperature, C h
Teq equilibrium temperature, ºC fCase 2 Case 3 Case 4
P ðbarÞ T ðºCÞ _m
ðkg=sÞ
P ðbarÞ T ðºCÞ _m ðkg=sÞ
1.20 850 53.06 1.00 850 53.27
1.17 718.81 53.06 0.97 718.90 53.27
1.14 659.62 53.06 0.94 662.40 53.27
1.14 659.62 159.17 0.94 662.40 159.80
1.11 687.39 159.17 0.91 689.84 159.80
1.00 900 142.41 1.00 900 142.97
1.00 900 47.47 1.00 900 47.66
0.074 40.32 3.74 0.074 40.32 3.78
45.00 40.72 3.74 45.00 40.72 3.78
40.00 400 3.74 40.00 400 3.78
0.075 40.32 3.74 0.075 40.32 3.78
1.00 900 16.76 1.00 900 16.83
0.97 687.39 16.76 0.97 689.84 16.83
0.94 62.03 16.76 0.94 58.95 16.83
0.93 40 16.76 0.93 40 16.83
3.31 74.36 11.18 1.14 40 11.22
75.75 124.27 11.18 75.75 124.27 11.22
75.00 130 5.59 75.00 130 5.61
3.31 74.36 140.58 1.14 45.28 141.30
3.31 39.08 5.59 1.14 21.92 5.61
3.31 72.78 141.19 1.14 72.81 142.14
3.31 72.78 4.98 1.14 72.81 4.77
3.21 659.52 4.98 1.10 662.39 4.77
3.14 679.54 141.19 1.08 679.56 142.14
3.14 678.87 146.17 1.08 679.00 146.91
3.05 718.81 146.17 1.05 718.94 146.91
3.00 850 140.58 1.00 850 141.30
1.00 694.54 140.58 0.33 694.56 141.30
0.95 87.98 140.58 0.32 88.01 141.30
0.94 40 140.58 0.31 40 141.30
storage temperature for of the i-component, C
turbine temperature inlet, ºC
speciﬁc volume for the i-component, m3/kmol
storage vessel volume for the i-component, m3
CO2 volume ﬂow rate, m3/s
average electrical power, MWe
net electrical power for the night mode, MWe
net electrical power for the sun mode, MWe
power produced by the main CO2 turbine, MWe
power consumed by the main CO2 compressor, MWe
B power produced by the high-pressure CO2 turbine, MWe
P power consumption of high pressure intercooled CO2
compressor for the storage system, MWe
power produced in the steam turbine cycle, MWe
power consumed in the steam turbine cycle, MWe
Power consumptions for solids transport in the calciner side, MWe
Power consumptions for solids transport in the carbonator side, MWe
CA auxiliary power consumptions in the calciner side, MWe
CR auxiliary power consumptions in the carbonator side, MWe
average CaO conversion
residual CaO conversion
pressure drop at carbonator, bar
average daytime period (h)
tÞ reaction enthalpy at the reactor temperature, kJ/mol
standard enthalpy of reaction, kJ/mol
global net efﬁciency
packing density
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